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STUDY, COST, AND SYSTEM ANALYSIS OF 
LIQUID HYDROGEN PRODUCTION 

by N. C. Hallett 

Air Products and Chemicals, Inc. 


ABSTRACT 


This report contains information related to contemplated large-scale liquid hydrogen systems. 
Descriptions of feasible processes and equipment are presented. Information concerning availability 
and cost of required raw materials and energy are projected. Composite system analyses based on pre- 
liminary NASA hypersonic transport (HST) liquid hydrogen requirements indicate estimated average 
product cost of 7.7 to 8.8 cents per pound. 
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Air Products and Chemicals, Inc. 

INTRODUCTION 

Air Products and Chemicals, Inc. was retained by the National Aeronautics and Space Adminis- 
traion (NASA) to perform a study related to systems that produce liquid hydrogen as propulsion fuel 
in aircraft. The study objective was that of developing information to project hydrogen fuel costs in 
the post-1980 period. These costs were to reflect production and distribution technology, plus costs 
of raw materials and process energy. Further, consideration of integrating hydrogen fuel production 
with other industrial activities was to be considered. NASA proposed a hydrogen fuel requirement 
schedule based on preliminary projections for hypersonic transport (HST) systems in the post-1980 
period. 
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Section 1 


STUDY DESCRIPTION 
1.1 HYDROGEN MARKET DEMAND 


Gaseous and liquid hydrogen have been marketable commodities for less than two decades. De- 
mand for hydrogen prior to 1955 was small compared with present standards. These small require- 
ments were satisfied generally by small-scale generation equipment. 

Since 1955, however, major developments in two specific areas have resulted in a substantial 
demand for hydrogen. Development of rocket propulsion by burning liquid hydrogen has resulted in 
the present demand for liquid hydrogen. Secondly, developments within the process industry in gen- 
eral have established substantial demands for gaseous hydrogen. Agricultural chemical production, 
for example, utilizes gaseous hydrogen as a basic synthesis component. 

Current world production of liquid hydrogen is estimated to be between 200 and 400 tons per 
day, with most of the liquid being used in rocket propulsion. By comparison, aggregate production 
requirements for a proposed hypersonic transport system approaches 8000 tons per day. Individual 
proposed area requirements vary between 200 and 2500 tons per day per facility. 

Therefore, this report is directed at satisfying the liquid hydrogen requirement of the proposed 
HST system. Other liquid hydrogen requirements will exist but probably will be incrementally small 
when compared to possible HST needs. 


1.2 LARGE-SCALE LIQUID HYDROGEN SYSTEMS 


Basic questions of raw material supply and process energy source must be considered for the 
large-scale facilities. Raw material sources for hydrogen can be classified as aqueous solutions or hy- 
drocarbon materials. To date, natural gas and petroleum products have been primary raw materials 
used for product hydrogen. Raw material for hydrogen production in the quantities studied in this 
project would be equivalent to slightly more than 1 percent of the world’s annual natural gas produc- 
tion. Reserves of natural gas and petroleum products would deplete at accelerated rates with the un- 
dertaking of this HST system. To alleviate the raw material problem, aqueous solution processing 
(water electrolysis for example) may be a hydrogen generation process. Also, carbonaceous materials, 
namely, coal in coal-water processes, will be developed for use. In any event, the supply of required 
amounts of raw material will be a major problem for large-scale hydrogen production. 


Process energy, likewise, will be required at high rates compared to current process industry 
standards. Electrical energy will be needed in vast amounts for electrolysis systems. 



It is projected that the product hydrogen for the proposed HST system would require as much as 8 
percent of all electrical energy now produced in the United States. 

In addition to the raw material and process energy problems, there will be radically new appli- 
cations of technology. The largest currently operating liquid hydrogen facility has a production rate 
of approximately 50 tons per day. By comparison, proposed production requirements for the HST 
system will range from 200 to 2500 tons per day. The required scale-up and extension of technology 
is apparent. 


1.3 STUDY PROGRAM DESCRIPTION 


In accordance with the stated objectives, the study program was organized into three specific 


task activities: 


Section 3, Parametric Study 

Section 4, Logistics 

Section 5, Composite System Analyses 


The parametric study incorporates extensive detail description of anticipated liquid hydrogen 
systems. Information was developed with respect to the following four specific operations in a liquid 
hydrogen system: 


( 1 ) Hydrogen gas production and purification 

(2) Hydrogen gas liquefaction and conversion 

(3) Storage and transfer of liquid hydrogen 

(4) Distribution of liquid hydrogen 


For each of the four basic operations or subsystems, several techniques, equipment types, or 
operating modes are possible. The basic objective of the parametric study, then, was to develop 
“parametric information” for each of the four subsystems. After development of the parametric or 
“building block” data, liquid hydrogen systems could be constructed in accord with postulated geo- 
graphic liquid hydrogen requirements. 

Data and information developed in the parametric study can be termed “descriptive”. That 
is, information related to process and equipment description was required. Based on the descriptive 
information, unit requirements, or other characteristics of the respective subsystems, were quantita- 
tively developed. Amounts of raw material, process energy, capital investment, etc., required for 
unit production from the given subsystem alternates were developed. Cost of the required commodi- 
ties was not developed. Estimates of the required quantities of respective commodities were genera- 
ted. Capital investment, for example, was based on Washington, D.C., costs and 1967 United States 
dollars. In addition, the unit requirements were developed so that the effect of plant size could be 
reflected. 


The descriptive and quantitative information developed is contained in Section 3. From the in- 
formation developed, it is possible to determine the liquid hydrogen facility requirements as depen- 
dent upon chosen “building blocks” and plant production requirements. This information provides 
the basis for making comparisons between various systems conceived for the same production require- 
ments. 
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The logistics activity was primarily the development of projected availability and costs of 
commodities required in liquid hydrogen production. Data was assembled in relation to types and 
amounts of commodities for various systems at respective geographic locations. Generation of in- 
formation detailing prospective electrical energy systems was another major part of the logistics 
activity. Study of current and projected electrical energy supply and demand patterns was completed 
with detailed analysis concerning liquid hydrogen plant locations. The data developed in the logistics 
work is described in Section 4. 

Composite system analyses, the third major portion of the study program, incorporated exten- 
sive numerical analysis of the parametric and logistic information. The analyses were based upon a 
possible fuel-requirement schedule for HST service. This schedule is presented in table 1-1 . 


TABLE 1-1. HST FUEL SCHEDULE 


Location 

Nominal Daily 
Requirement T/D LH 2 

Bangkok, Thailand 

200 

Honolulu, Hawaii, U.S.A. 

200 

Johannesburg, Union of South Africa 

200 

Beirut, Lebanon 

300 

Sao Paulo, Brazil 

400 

Sydney, Australia 

400 

Tokyo, Japan 

500 

Los Angeles, California, U.S.A. 

1300 

Paris, France 

2000 

New York City, New York, U.S.A. 

2500 


Various liquid hydrogen plants were “built up” from the parametric study information. Based 
on the types and amounts of commodities required for respective plants, comparative sets of produc- 
tion costs were drawn. From this, the projected unit production cost of liquid hydrogen fuel was de- 
veloped at the respective locations. 

A second set of unit production costs was developed to reflect effects of combining liquid hy- 
drogen production with other industrial activities in the respective areas. This incorporated prelimin- 
ary projection of the general industrial patterns to be expected in specific areas. Based on this infor- 
mation, reductions in production cost were projected for certain of the areas considered. 

Detailed information and calculational results of the composite analyses are presented as Sec- 
tion 5. A sample of calculational detail is appended to the report to document the actual mathemati- 
cal procedure. 

A final activity within the study program was that of defining areas where advancement may 
reduce the production cost of liquid hydrogen. Information and results of this activity are presented 
as Section 6. 
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Section 2 


CONCLUSIONS 


2.1 PROJECTED PRODUCTION COSTS 


The result of production-cost estimates are shown in table 2-1. Calculation results are pre- 
sented in Section 5 of this report. 


TABLE 2-1. PROJECTED PRODUCT COSTS 


Plant 

Location 

Nominal 

Production 

Rate 

(Tons LH 2 /Day) 

Stand Alone 
Facility 
Product Cost 3 
(S/lb LH 2 ) 

Integrated 
Facility 
Product Cost 3 
(S/lb LH 2 ) 

Bangkok, Thailand 

200 

0.113 

0.093 

Honolulu, Hawaii 

200 

0.132 

0.124 

Johannesburg, Union of 




South Africa 

200 

0.108 

0.100 

Beirut, Lebanon 

300 

0.106 

0.087 

Sao Paulo, Brazil 

400 

0.104 

0.095 

Sydney, Australia 

400 

0.098 

0.083 

Tokyo, Japan 

500 

0.099 

0.084 

Los Angeles, U.S.A. 

1300 

0.081 

0.071 

Paris, France 

2000 

0.085 

0.077 

New York City, U.S.A. 

2500 

0.079 

0.073 

Total Weighted Average 
Cost 

8000 

0.088 

0.079 


Byproduct credit incorporated where applicable. 


2.2 GENERAL OBSERVATIONS AND CONCLUSIONS 

Contemplated liquid hydrogen systems will be characterized by their respective gaseous hy- 
drogen generation and purification process. Hydrocarbon processing will be employed in most situa- 
tions. Projected economics and raw material availability favor the steam reforming or partial oxida- 
tion type processes. Electrolysis processes, although not presently projected as being economically 
attractive will likely become somewhat more competitive in the future. Advances in process techno- 
logy and materials of construction will be more beneficial to the electrolysis processes than to the 
hydrocarbon processes. Other process types could be further considered for large-scale systems. For 
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example, hydrogen halide systems, presently undesirable because of poor economics, could prove 
worthy of consideration as technology changes. 

In view of current concern regarding urban environments, hydrocarbon processing may not be 
desirable in larger, well-developed communities. In those cases, electrolysis processing could be a 
feasible process, but with approximately 30 percent additional product costs. In view of this, it is 
suggested that effort be expended in the near future to more fully develop the electrolysis process 
technology in order to reduce costs for this process in line with competing processes. 

The analysis technique developed in this report can be utilized in future evaluations. Incorpor- 
ation of updated numerical data will yield different results, but the evaluation technique will be valid. 
For example, an 1 1 percent annual capital charge rate was used for this report. Government participa- 
tion in financing could affect a different capital charge rate (6 percent, for example), which would re- 
sult in a changed set of calculations based on this analysis technique. 

Location of the production facilities affects liquid hydrogen production costs. New sets of cal- 
culations could be developed for alternate liquid hydrogen use-points. It is expected that significant 
cost reductions could result from such an analysis. 


Integrated facilities, as herein discussed, should result in projected production cost savings of 
10 to 20 percent of the stand-alone operations. The cost savings are based on current experience with 
other integrated facilities. Upon achieving clearer understanding of the projected hydrogen program, 
a more detailed evaluation of the integrated facility could be made for specific locations. It is pro- 
jected, however, that detailed integrated-facility studies would show production cost savings ranging 
from 10 to 30 percent of the stand-alone costs. 


SECTION 3 


PARAMETRIC STUDY 


3.1 OBJECTIVES 

The primary objective of the parametric study is to establish unit quantities required for or pro- 
duced by large-scale liquid hydrogen systems. A secondary objective of this study is to provide a 
technical description of various components of which, when combined, constitute the total hydrogen 
supply system. 

This report is organized so that technical evaluation of all liquid hydrogen systems is based on 
four primary subsystem functions: 

( 1 ) Hydrogen gas generation and purification 

(2) Hydrogen gas liquefaction and conversion 

(3) Liquid hydrogen storage 

(4) Liquid hydrogen distribution 

Several processes and different types of equipment are available for each of the subsystems. The 
following presentation develops unit consumption and production data for the processes and equip- 
ment. 


3.2 HYDROGEN GAS GENERATION AND PURIFICATION 

An important part of any liquid hydrogen system is the process equipment and related hardware 
that generate relatively pure hydrogen gas. Gaseous hydrogen is not as readily available as certain 
other industrial gases; e.g. oxygen or nitrogen. Hydrogen gas must be generated in a combustion or 
reformer reaction, or it must be produced by the dissociation of water or an aqueous solution. 

In addition to producing hydrogen gas, this process must also remove contaminating material. 

If the generated gas is contaminated, liquefaction and conversion equipment must be designed to re- 
move the contamination. Unchecked contamination generally causes plugging and fouling of cryo- 
genic equipment. 

The following paragraphs provide process descriptions of the process that can be employed in 
large scale hydrogen systems. Unit consumption data is classified as process elements or cost elements. 
Process elements detail amounts of raw material, process energy, and byproducts related to net unit 
production of hydrogen. Similarly, cost elements detail typical amounts of capital investment and 
operating costs associated with the referenced net unit production. This information is presented in 
a manner so that computer programming can be utilized later for initiating systems and related unit 
requirements. 
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3.2.1 STEAM REFORMING 


On a volume basis, steam reforming is currently the most widely used process for hydrogen gas 
generation. In recent years, plants have been built or are being designed with hydrogen gas generation 
capacity approaching several hundred tons per day. It is probable that steam-reforming will be a 
major process in the 1 980 period. 


3. 2. 1.1 Process Description 

Steam reforming includes several reactions involving hydrocarbon compounds and steam. A light 
hydrocarbon feedstock, which has been desulfurized, is combined with steam in a reformer furnace. 
The furnace supplies endothermic heat reaction which supports the conversion of steam and hydro- 
carbons to hydrogen, carbon monoxide, and carbon dioxide. Products from the furnace, combined 
with additional steam, pass through a catalyst bed which promotes a conversion of carbon monoxide 
and steam to additional hydrogen and carbon dioxide. 


Product gas (hydrogen and carbon dioxide) then passes through an absorber tower with a mono- 
ethanolamine (MEA) scrubbing fluid. The product gas is purified by removal of carbon dioxide. At 
this point, the product gas is 96 percent hydrogen, and the remaining impurities are removed subse- 
quently by cryogenic adsorption as shown in figure 3-1. 

Natural gas, refinery gas, propane, butane, and naptha are among the common raw feedstocks 
that may be utilized in a steam-reforming process. However, all these terms are generic; (i.e., the 
hydrocarbon content varies greatly within each group). Ultimately, the unit consumption of feedstock 
material per unit of hydrogen produced is a function of the amount of hydrogen contained in that 
feedstock. 

3.2. i.i.i Natural Gas Stream .— Natural gas, well gas, or liquefied gas will likely be used for the large- 
scale systems of the future. Table 3-1 presents the composition of a typical natural gas stream avail- 
able in the northeast United States. 


TABLE 3-1. TYPICAL NATURAL GAS COMPOSITION 
(U.S. NORTHEAST PIPELINE) 


Gas Composition 


% Volume 


Methane 

Carbon dioxide 

Nitrogen 

Ethane 

Propane 

Isobutane 

Isopentane 

Hexane 


ch 4 

C0 2 

n 2 

C 2 H 6 

c 3 h 8 

c 4 h 10 
c 5 H 1 2 
C 6 H 14 


94.60 

0.65 

0.46 

3.44 

0.53 

0.17 

0.10 

0,05 

100.00 


As referenced in table 3-1 , methane represents a substantial portion of the natural gas stream. 
Therefore, the unit data following is based upon a pure methane feed. This provides a common basis 
for analysis of feed streams of varying hydrocarbon composition throughout the world. 
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FIGURE 3-1. STEAM REFORMING PROCESS BLOCK DIAGRAM 





3.2. 1 . 1 .2 Production of Carbon Dioxide . — The results of a carbon dioxide marketability study are 
presented in Section 5. The potential problem of CC>2 disposal and possible objections to atmospher- 
ic venting of the gas have been investigated. It has been found that quantities of CC>2 in excess of the 
largest quantity contemplated in this study are presently being vented in major metropolitan areas 
such as New York, Chicago, and Los Angeles from large coal- and gas-fired power plants. Carbon 
dioxide, which is a combustion product of these plants, is issued at a rate of up to 25,000 tons per 
day. The hydrogen facility is expected to produce less than 15,000 tons per day at maximum pro- 
duction rates. 

The venting of carbon dioxide presently is considered tolerable if concentration at ground level 
is less than 1 percent. The disposal methods now employed incorporating proper vent-stack design 
and height are assumed to be suitable for the proposed facilities. Thus, carbon dioxide disposal rep- 
resents no great difficulty. 

3. 2. 1.1. 3 Reactions With Steam - Hydrocarbons react catalytically with steam as follows: 

C n H 2n+2 + nH 2° >nC0 + (2n+l)H 2 

(steam-hydrocarbon reaction) 

followed by 

co + h 2 o > co 2 + h 2 

(shift reaction) 

resulting in an overall reaction of 

C„H 2n+ 2 + 2nli 2° + (3n + l)H 2 ^ 

This reaction is endothermic and takes place over a nickel catalyst. 

The removal of carbon dioxide is accomplished by absorption of the gas in an amine solution 
such as aqueous monoethanolamine (MEA) through the reactions 

C0 2 + 2HOCH 2 CH 2 NH 2 + H 2 0 > (HOCH 2 CH 2 NH3)2C03 

and 

C0 2 + HOCH 2 CH 2 NH 2 + H 2 0 > HOCH2CH2NH3HCO3 

The absorbed carbon dioxide is then separated from the amine solution by heating, which also 
regenerates the MEA for further carbon dioxide removal. 

3. 2. 1.2 Process Elements 

The following process studies show that certain relationships exist between the various process 
elements and plant capacities. 

3.2. 1 .2. 1 Raw Material Unit Consumption . - With proper reformer system design, the decomposition 
of hydrocarbons is substantially complete at temperatures of 1500°F and above. Thus, the hydrogen 
produced contains less than 0.1 percent of residual hydrocarbons. Since present reformer designs 
permit complete reaction, there should be no further reduction in the unit quantity of feed gas 
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required for production of a unit of hydrogen. Therefore, the relationship of feed-gas requirements 
to plant capacity is that of a constant. 


Furnace system operation at pressures above 300 to 350 psig reduces the high costs of compres- 
sing light hydrogen gas. The increased pressure required unfavorably affects steam-hydrocarbon reac- 
tion and has little effect on the shift reaction. 1 


Reduction in the unit quantity of fuel required per unit of hydrogen is probable in post- 1980. 
Extensive studies are in progress to develop catalysts which are physically more rugged, are less sus- 
ceptible to feedstock poisoning, and that will completely decompose the feedstock at lower operating 
temperatures. In addition, as plant size increases, use of multiple-cell reformer furnaces of advanced 
design will increase thermal efficiency. At least one large engineer-constructor of steam reformer sys- 
tems is researching this area. 2 Present estimates indicate a 5 to 10 percent decrease in fuel require- 
ments as the complete facility size approaches 2500 tons per day. This decrease will vary linearly in 
accord with plant size. 

Cooling-water makeup requirements are expected to remain constant on a unit basis as plant size 
increases. This increase will be accomplished by addition of parallel production units. Boiler-water 
makeup requirements will also remain constant on a unit basis, since the steam consumption is direct- 
ly tied to the constant feed-stock consumption. 

The relation of raw material requirements to plant capacity can be expressed as 
R i = R Bj + Mr. (C - C B ) 

where 

Rj = raw material requirement for material i at system capacity (C) 

R b . = raw material requirement for material i at base system capacity (C B ) 

M r . = raw material scale factor for material i 

l 

C = system capacity 

C B = base system capacity (250 T/D) 

The above equation when reduced to simplest form becomes 
R i = K Rj + M Rj C 

where 

K Rj = R Bj - M R i C B 

( 2 ) 

The units and estimated values for Krj and Mrj for the various raw materials consumed in the 
steam reforming process are tabulated in table 3-2. 
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TABLE 3-2. UNITS AND ESTIMATED VALUES 


Material 

k R| 


Feed gas (methane) 
Fuel gas (methane) 
Cooling-water makeup 
Boiler-water makeup 

1.90 lb/lb H 2 
1.44 lb/lb H 2 
22.4 lb/lb H 2 
16.6 lb/lb H 2 

0 

-4.4 x IO - 5 lb/lb T/D 
0 
0 


3. 2. 1.2.2 Process Energy Unit Consumption. — Process energy for the steam reforming process is 
required mainly for amines pumps, feedstock compression, and product compression to liquefier feed 
pressure. Use of multiple production trains enables pumping requirements to be optimized for each 
train by utilizing updated pump hardware. Thus, energy requirements remain constant per unit of 
hydrogen produced. Additionally, feedstock compression energy requirements remain constant per 
unit of production. Process energy unit consumption is estimated to be 0.47 kwh/lb of hydrogen. 


3.2. 1.3 Byproduct Unit Production 

Removal of CC > 2 generated during hydrogen production is accomplished by using an MEA solu- 
tion. From the reaction ; 

C n H 2n+2 + 2nH 2 0 > nC0 2 + (3n+l)H 2 

it is apparent that, if the feed were pure methane (CH 4 ), every four moles of 
hydrogen produced would be accompanied by one mole of carbon dioxide. Therefore, the byproduct 
production of carbon dioxide per unit of hydrogen produced will remain constant for any particular 
feed gas. The carbon dioxide byproduct production is 5.3 lb/lb H 2 , if CH 4 feed is utilized. 


3. 2. 1.4 Cost Elements 

Capital investment and operating costs, other than raw materials and energy, have been studied 
over the selected capacity range of 250 T/D to 2500 T/D of gaseous hydrogen production. Capital 
investment and operating costs, as described in the following paragraphs, were found to vary exponen- 
tially with plant size. 


3.2. 1.4.1 Capital Investment . - Capital investment data has been obtained from several steam-reform- 
er engineer-constructors for plants ranging from 125 T/D to 400 T/D of gaseous hydrogen. » 


It is common in the chemical process industries, to make use of “The Williams Exponential Fac- 
tor”. Correlating the cost of plant and equipment, Williams found that the cost varies as a power of 
the size parameter;^ that is: 
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where 


I = capital investment required for system capacity (C) 

Ig = capital investment required for base system capacity (Cg) 

C = required system capacity 
Cg = base system capacity 
Mj = exponential constant 

Williams’ law was studied in great detail and its usefulness has been verified for application to 
complete plant estimates. 7 

The exponential constant (Mi) often has been assigned a value of 0.6. However, as pointed out, 
discretion should be employed in its use beyond a ten-fold range of capacity. The factor is empirical, 
and a more exact value for a particular type of plant equipment can be established from available data.^ 

Information available in the industry indicates that a 0.7 factor applies to gaseous hydrogen pro- 
duction equipment. In addition, since the largest plants now operating are smaller than the lower 
limit of this study (250 T/D), more than a ten-fold range is needed to reach the required 2500 T/D 
plant size. For these reasons, an exponential factor of 0.7 has been used herein to ensure that the 
data adequately represents these large plant costs. 

The relationship of plant investment with plant size is shown in figure 3-2. The estimated capital 
investment for the base system (250 T/D) is $7.65 x 10^, which compares favorably with available 
investment figures. A reformer system capable of producing 130 T/D (50 MM/scf/day) of gaseous 
hydrogen at 96 percent purity and 250 psig has been estimated at 4.5 to 5 million dollars. The feed- 
stock and product hydrogen compression necessary for the plants considered in this study, plus other 
on-site utility costs, would add an additional 1.2 million dollars to the plant cost. 


3.2. 1.4.2 Operating Costs . - Operating costs include labor, chemicals and lubricants, catalysts, main- 
tenance costs, general and administrative costs, and home office allocations.^ >4»9>10 it should be noted 
that taxes and insurance are not included in the referenced cost analyses, but are calculated in the plant 
capital investment charge. 

The requirement of four men for a one man per shift twenty-four hour operation can be demon- 
strated as follows: 

1 operating month = 30.4 days x 24 hr. = 730 hr . 

day mo. 


and for one operator 


40 hours x 4,3 weeks 

week man month 


172 hours 
man month 


730 hours x man month - 4.25 men 

month 172 hours 
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Plant Capacity T/D 

FIGURE 3-2. CAPITAL INVESTMENT vs PLANT SIZE (STEAM REFORMING) 



Thus, with nominal overtime, four men are required to staff a one man per shift operation 
twenty-four hours per day. 

At the steam-reforming plant (250 T/D), it was determined that six men would be required. 

This is equivalent to one man per shift for plant operation and a maintenance pool of one electrical 
repairman and one maintenance utility man. The total monthly labor cost is based upon each man 
working an equivalent of 21 2 straight-time hours at a rate of $3. 90/hr. Fringe benefits are also inclu- 
ded at 21 percent of the total wage cost. As the plant capacity increases, the labor force will increase 
proportionately (at 2500 T/D level, 15 men will be required). 

Costs for chemicals, lubricants, and catalysts will increase directly with plant capacity. However, 
credit has been taken for bulk purchase of these items. Thus, chemicals costs are based on a rate of 
0.24 cents per pound of hydrogen produced at the 250 T/D level and 0. 1 9 cents per pound at the 
2500 T/D level. Maintenance costs will vary with plant investment rather than capacity, as is com- ' 
mon with industrial gas-production units. Maintenance costs for the steam-reforming system are cal- 
culated at 4 to 5 percent/year of plant investment. It should be noted that maintenance costs do not 
include costs associated with major improvement of equipment, which are considered as additional 
capital investment recoverable through depreciation. 

Operations allocations, including home and field office activities, may be either a function of 
plant labor costs or of plant-level operating costs with 1 5 year straight-line depreciation of plant 
equipment. Due to the relatively small cost of labor in the total system economics, the latter method 
was selected for calculations. Thus, operations allocations are included in the operating costs at 10 
percent of straight-line depreciation, labor, chemicals and lubrications, maintenance, and miscellaneous 
expenses. 

General and administration costs are commonly expressed as a percentage of all the costs (calcu- 
lated as 1 5 percent in this study) and covers corporate administration, research and development, and 
other overhead costs. The total for all these costs is $1 .28 x 10^ per year for a 250 T/D plant. When 
all the items are compared to plant capacity as a single group, it is found that the relationship is ex- 
ponential in nature, following the formula 



where 

O = Operating cost for system capacity (C) 

Og = Operating cost for base system (Cg) 

C = Capacity of production and purification system 
Cg = Capacity of base production and purification system 
M Q = Operating cost exponent 

The relationship of plant operating costs with plant size is shown in figure 3-3. It has been de- 
termined empirically that the operating cost exponent (M Q ) is 0.73. 
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3.2.2 PARTIAL OXIDATION 


The partial oxidation process at present is second only to steam reforming in the quantity of 
hydrogen produced. Feedstock to partial oxidation plants can range from natural gas to fuel oil. 
Steam reforming, however, generally proves to be more economical with light hydrocarbons. For 
this reason, partial oxidation units are usually located where natural gas or other light hydrocarbon 
feeds are either unavailable or too costly. 

There are two major commercial processes utilizing partial oxidation in hydrogen production. 
These are the Shell Gasification Process, licensed by the Shell Development Company, and the Texaco 
Process, licensed by the Texaco Development Corporation. It is highly probable that partial oxidation 
and steam reforming will be the major processes in the post-1 980’s. 


3.2.2. 1 Process Description 

In a typical partial oxidation process, a crude oil is mixed with steam and fed in carefully con- 
trolled quantities to a generator where the fuel reacts with preheated oxygen. This produces a syn- 
thesis gas consisting primarily of carbon monoxide and hydrogen. 

The reaction takes place in two steps. In the primary exothermic zone of the generator, oxygen 
reacts with part of the fuel oil to produce carbon dioxide and water vapor. In a secondary endother- 
mic zone, the carbon dioxide and water vapor react with the remainder of the fuel to produce carbon 
monoxide and hydrogen (synthesis gas). Since the reaction is controlled by limiting the supply of 
oxygen, up to 3 percent of the fuel may be converted to free-carbon. After combustion, the generated 
gas is quenched and scrubbed with water to remove the carbon from the system as a slun-y. The 
scrubbed gas then flows to a converter, where the carbon monoxide reacts with additional steam over 
an iron catalyst to produce additional hydrogen and carbon dioxide. The product gas, hydrogen and 
carbon dioxide, then passes through an adsorber system in which the carbon dioxide is effectively re- 
moved by adsorption on monoethanolamine (MEA). The product gas as shown in figure 3-4 at this 
point is primarily hydrogen containing only minor impurities, which are subsequently removed by 
cryogenic adsorption. 

The delivery pressure of the hydrogen in this process is 1700 psig. The high pressure operation 
of the plant eliminates hydrogen compression costs by permitting feed-gas injection at higher pres- 
sures. (Feed-gas and oxygen compression can be accomplished more economically than hydrogen 
compression.) 

The carbon removed in the water slurry, after drying, may be recovered as a byproduct or aux- 
iliary fuel. The carbon dioxide adsorbed by the MEA solution is liberated during the regeneration of 
the amine solution and can be recovered for sale as a byproduct. The quantity of gas emitted from the 
plant relating to byproduct CO 2 production is described in paragraph 3.2. 1.1. 

The reaction chemistry of a typical partial oxidation process is as presented: 

Primary reaction: 

2C n H m + n0 2 » 2 n CO + mH 2 


17 



PRODUCT 

HYDROGEN 



S UJ 

9 

«o£g 

UlZ<S 

J<oO 


o: * 

ui 

i-q; 
5 z < 
£ <t o 


u» 2 

3 Ct < 
U.OZ 


FIGURE 3-4. PARTIAL OXIDATION PROCESS BLOCK DIAGRAM 








Shift reaction: 


CO + h 2 o > co 2 + h 2 

The removal of carbon dioxide is accomplished by adsorption of the gas in an amine solution 
such as aqueous MEA through the reactions 

co 2 + 2HOCH 2 CH 2 NH 2 + h 2 o » (H0CH 2 CH 2 NH 3 ) 2 C0 3 

and 

co 2 + hoch 2 ch 2 nh 2 + h 2 o » hoch 2 ch 2 nh 3 hco 3 

The amine scrub solution is regenerated by heat addition, causing reactions to reverse and releas- 
ing the carbon dioxide. 


3. 2. 2. 2 Process Elements 

Process studies have been completed which show that linear relationships exist between the var- 
ious process elements and plant capacity. These relationships are discussed in the following para- 
graphs. 


3. 2. 2.2.1 Raw Material Unit Consumption . - The maximum output of a synthesis gas generator var- 
ies directly but not proportionally with the size of the combustion chamber. Since the reactor heat 
loss is nearly independent of throughput for a given vessel and increases less rapidly with generator 
size than with the number of vessels, it is advantageous to meet plant needs with only a few genera- 
tors operating at full capacity. Multiple units are also advantageous where large variations in produc- 
tion rates are expected and where high on-stream factors are of paramount importance. For this reas- 
on (i.e., several units operating at maximum capacity in parallel), little reduction in unit consumption 
of feedstock per unit of hydrogen produced is expected. 

The hot synthesis gas leaving the generator must be cooled before entering the shift converter. 
This cooling is accomplished in small plants by indirect heat transfer in a waste heat-boiler. In large- 
tonnage plants such as those contemplated in this study, direct quenching with hot water will effect 
a more economical recovery of the enthalpy of the synthesis gas while simultaneously increasing the 
steam content of the gas prior to entry into the shift converter. ** The entire plant efficiency increases 
with capacity and results in a decrease in fuel requirements for steam production. It is projected that 
a reduction in fuel requirements on a unit basis with hydrogen production of from 1 5 to 20 percent 
can be expected as the amount approaches 2500 T/D. 

Cooling water and boiler feed-water requirements will remain constant on a unit basis as plant 
size increases for reasons discussed. 

As discussed in paragraph 3.2. 1.2.1, the relation of raw material requirements to plant capacity 
can be expressed as 

R i - k r , + Mr.C 
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Estimated values for KRi and MRi for the various raw materials consumed in the partial oxidation 
process are listed in table 3-3. 

TABLE 3-3. VALUES OF RAW MATERIALS 


Material 

KR i 

M Rj 

Feed (Bunker “C” oil) 
Fuel (Bunker “C” oil) 
Cooling Water makeup 
Boiler Water makeup 

3.89 lb/lb H 2 
.40 lb/lb H 2 
12.5 lb/lb H 2 
12.5 lb/lb H 2 

0 

-3.1 x 10' 5 lb/lb T/D 
0 
0 


3.2.2.2.2 Process Energy Consumption. - Process energy for the partial oxidation process is required 
for feedstock compression and purification-train-pumping requirements (amines, pumps, etc.). By 
using multiple production trains, pumping requirements can be optimized for each train, ensuring 
high-efficiency pumping equipment. The energy requirements per unit of hydrogen produced, there- 
fore, will remain constant. Feedstock compression energy requirements will remain nearly constant 
per unit of production for the reasons presented in paragraph 3.2.2.2. 1 . The process energy unit 
consumption is 1 .3 kwh/lb of H 2 . 

3.2.2.2.3 Byproduct Unit Production . - The removal of C0 2 generated in the hydrogen production 
system is accomplished through the use of an MEA solution as described for the steam reformer pro- 
cess. Similar large quantities of C0 2 will be available either for resale or disposal. 

Unconverted carbon from the liquid-fed synthesis gas generator is scrubbed from the gas and 
discharged as a water slurry. This carbon may be pumped to disposal or may be converted to relative- 
ly dry pellets suitable for burning, and the water in the slurry can be returned to the system for reuse. 

The quantity of byproduct production for carbon dioxide is 6 lb/lb H 2 ; for export steam 
5 lb/lb H 2 ; and for carbon 0. 1 1 lb/lb H 2 . 

3. 2.2.3 Cost Elements 


Capital investment and operating costs, other than for raw materials and energy as previous- 
ly discussed, have been studied over for plants producing 250 T/D to 2500 T/D of gaseous hydrogen 
via the partial oxidation process. Capital investment and operating costs were found to vary exponen- 
tially with plant size, as described in the following paragraphs. 


3.2.2.3.1 Capital Investment . - Based upon vendor information about partial oxidation units ranging 
from 125 to 400 T/D capacity,^ capital investment projections have been developed for plants having 
a production capacity of up to 2500 T/D. Extensive use was made of the Williams equation. Here 
again, it was determined that the 0.7 scale best fits the available data. Relationship of capital invest- 
ment to plant size can be expressed as 


I 


IB 



Mj 
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A partial oxidation unit capable of producing 130 T/D (50 MM scf/day) of gaseous hydrogen at 
a purity of 98 percent or better, with a discharge pressure of 1 700 psig, has been estimated by an en- 
gineering construction firm as costing 7.85 million dollars. A similar unit capable of 390 T/D (150 
MM scf/day) was valued at 14.9 million dollars. The relationship of partial oxidation plant investment 
with plant size is shown in figure 3-5. The estimated capital investment for the base system (250 T/D) 
is $8.46 x lO^, which compares favorably with the data discussed above and included in figure 3-5. 


3. 2.2.3. 2 Operating Costs . — Operating costs described in the following paragraphs exclude those as- 
sociated with raw materials and process energy. Taxes and insurance are also excluded. 

The labor pool for a 250 T/D partial oxidation plant is estimated to be nine men. This is equiva- 
lent to one man per shift for plant operation (eight-hour shifts, continuous operation) and a mainten- 
ance pool of five men for electrical and mechanical repairs. 

Chemical, lubricant, and catalyst requirements will increase directly with plant capacity. Credit 
has been taken (as for the steam reforming process) for bulk purchase of these items as plant capacity 
increases. Chemical costs are based on a rate of 0.29 cents/lb of hydrogen produced at the 250 T/D 
level and 0.22 cents/lb at the 2500 T/D level. 

Maintenance, general and administrative, and operations costs are calculated in the same manner 
as described in paragraph 3.2. 1.4.2. 

Operating costs for the partial oxidation process can be expressed as a function of the plant capa- 
city as follows: 

The value for O 3 is $1.46 x 10 ^ per year for the 250 T/D plant and the operating cost exponent 
(M 0 ) is 0.73. The relationship of plant operating costs with plant size is shown in figure 3-6. 


3.2.3 WATER ELECTROLYSIS. 

Present commercial water-electrolytic processes are too expensive to be considered as sources of 
large quantities of gaseous hydrogen. Recent studies have resulted in modified processes that show 
promise of water electrolysis becoming economically competitive with steam reforming and partial 
oxidation within the next decade. One modified water-electrolytic process operates at elevated pres- 
sure and temperature (5000 psi and 250°F), resulting in significantly lower unit power consumption. 
Capital costs are correspondingly greater . A second modified process is currently being developed 
incorporating porous electrodes. This process requires the same amount of power as the high temper- 
ature-high pressure process. The porous electrode feature results in satisfactory operation at lower 
pressures (300 psia, 250°F) and offers the best potential for economic commercial application. The 
modified processes are described in the following paragraphs. 


3.2.3. 1 Process Description 

The water-electrolytic process is described in a generally technical matter. The modified processes 
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FIGURE 3-5. ESTIMATED INVESTMENT vs PLANT SIZE (PARTIAL OXIDATION) 







(high pressure-high temperature and low pressure-high temperature) are discussed in greater detail in 
paragraphs 3.2.3. 1 .2 and 3.2.3. 1 .3 respectively. Electrolysis of water flow diagram is shown in figure 
3-7. 


3.2.3. 1.1 General Technical Considerations. - Water electrolysis is the term associated with electro- 
lytic reactions in which water dissociates into hydrogen and oxygen. The reaction takes place in a 
pressure vessel known as an electrolytic cell, which physically contains electrodes. Fresh water feeds 
into the cell and surrounds the electrodes. By passing current through the electrodes, water is disso- 
ciated into hydrogen and oxygen. Direct current flow is such that gaseous hydrogen collects at the 
cathodic electrodes and gaseous oxygen collects at the anodic electrodes. Protruding into the cell are 
several sets of electrodes. The fluid in the cell is generally an aqueous solution of a suitable electro- 
lytic salt (potassium hydroxide, for example). The presence of the electrolytic salt greatly enhances 
the electrical characteristics of the fresh feed-water. Fresh feed-water constantly feeds to the cell and 
serves as “makeup” as the dissociated water is removed from the cell as gases. 

The theoretical energy requirement for electrolytic dissociation of water can be determined by 
reference to Faraday’s Laws. Considering the electrolytic cell, local electrolytic reactions occur in the 
proximity of the various electrodes. H + ions present in the electrolyte migrate toward the cathodes 
in the cell’s electric field. At the cathode, the H + ions combine with electrons and form molecular 
hydrogen. Symbolically, the local electrolytic reaction is 

2H+ + 2e MH 2 )gas 

Similarly, OH~ ions in the electrolyte tend toward the anodes. At the anodes, the OH - ions 
give up electrons and form water and molecular oxygen. This local electrolytic reaction is symbolized 
as 

20H — >2e + H 2 0 + (1/2 0 2 ) gas 

The energy requirement of 76.2 kwh/ 1000 cubic feet of hydrogen (60°F and 1 atm) can be ob- 
tained from the following equation: 

Q = Mv? 

A (1) 

where 

Q = unit energy requirement for liberation of the element 

M = the mass of the element liberated 

A = the atomic weight of the element 

v = the valence of the element 

& = Faraday’s constant ( 26.8 amp-hrs. ) 

gm-equiv. 

For hydrogen liberation, the above factors have the following value: 

M =5.26 lb (1000 cu. ft. H 2 @ 60°F and 1 atm) 

A = 1 .008 gm/gm equivalent 

v = 1 

jf = 26.8 amp-hrs/gm equivalent 



FIGURE 3-7. ELECTROLYSIS OF WATER PROCESS BLOCK DIAGRAM 







Therefore, the equation becomes 

Q = 5.26 lb x 26.8 amp-hrs x 454 gm 

gin equiv lb 

1,008 gm x 103cuft 
gm equiv 

= 63.500 amp-hrs 

gm equiv ^ 

Thus, for a cell potential of 1 .20 volts, the power requirement is 

63.500 amp-hrs x 1.20 volts = 76.2 kwh 

1000 cu ft 1000 cu ft (3) 

Water-electrolytic cell potential under thermodynamic equilibrium conditions of 25 °C and one 
atmosphere pressure is 1 .229 volts. This value of potential is calculated from the standard free energy 
change required for the formation of hydrogen and oxygen from liquid water. In general practice, 
cell voltage is taken as 1 .2 volts with the usual operating temperature range of 60 C to 80 C. This 
corresponds to a theoretical energy requirement of 76.2 kwh per thousand cubic feet (60 F in one 
atmosphere) with the cell operating at one atmosphere pressure. 

Operating cells function with electrical currents essentially at the predicted theoretical levels. 
Actual cell voltage, however, is higher than that predicted for thermodynamic equilibrium conditions. 
Voltage drops due to electrolyte resistance and polarization effects cause the overvoltages of operating 
cells. This excess cell potential, termed hydrogen and oxygen overvoltages, results in power efficien- 
cies being significantly below 100 percent based on thermodynamic equilibrium conditions. For ex- 
ample, a commercial production system requires cell voltages on the order of 2.3 volts to generate 
hydrogen at atmospheric pressure with a 60°C to 80°C operating temperature range. This, in turn, 
corresponds to an actual energy requirement of 147 kwh/ 1000 scf (60°F, 1 atm). Comparing this 
set of conditions with the theoretical requirement, a power efficiency of approximately 50 percent 
is noted. 

3 2 . 3 . 1.2 High Pressure-High Temperature Electrolysis. - With reference to the foregoing discussion 
it is noted that cell overvoltage decreases as the process temperature rises. Temperature rise is associa- 
ted with increasing vapor concentration of water in the product gas. Further, vapor bubbles rising in 
the electrolyte solution contribute to the solution resistance and tend to offset the reduced overvol- 
tage. As a result, 80°C is projected as an optimum temperature for electrolytic operation at one at- 
mosphere. 

Pressure variation affects the cell voltage characteristics. As the pressure of the water-electrolytic 
system is increased the theoretical cell voltage also increases, but actual operating cell voltages decrease 
The decrease in actual cell voltage requirements results from the decreasing gas bubble size related to 
increased pressure operation. At a cell pressure of 30 atmospheres, for example, theoretical cell vol- 
tage is 1.3 volts. This corresponds to a theoretical energy requirement of 82.5 kwh/1000 cu.ft. Com- 
mercial units operating with a 30-atmosphere pressure maintain a cell voltage of 2.0 volts, correspon- 
ding to an actual energy requirement of 128 kwh/ 1000 cu ft. By comparison, the conditions associa- 
ted with the 340-atmosphere operating pressure are 1.35 volts theoretical voltage, corresponding to 
1.78 volts actual operating voltage. Energy requirements correspondingly are 86 kwh/1000 cu ft and 
113 kwh/ 1000 scf. 
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Besides the lower energy requirements for electrolysis at high pressure, the elimination of com- 
pression equipment for product hydrogen provides an additional advantage. For a cell operating at 
atmospheric pressure, an additional 7.5 kwh/1000 cu ft is required for compression to 5000 psia. 
Similarly, for the three-atmosphere cell, an additional 3.1 kwh/ 1000 scf are needed. Data associated 
with the foregoing discussion is presented in figure 3-8 and table 3-4. 

As described, definite advantages exist for operating electrolytic cells at elevated pressures and 
temperatures. A major advantage is noted in that reduced energy requirements for the dissociation 
reactions are associated with the increased temperature and pressure level operation. Further, the high- 
pressure level of the product gases from the cell may prove advantageous in further processing of the 
product gases. Economic considerations will ultimately determine the most advantageous pressure 
level for cell operation. 


3.2.3. 1 .3 Low Pressure-High Temperature. — Recent research in fuel-cell technology has resulted in 
significant advancement in the general state of the art of electrolytic cells. Reduced electrical polari- 
zation, improved mechanical cell design, and lower electrical resistive losses are some accomplishments. 
Further, the use of porous electrodes has been investigated and actual applications developed for fuel- 
cell construction. Electrode porosity allows reactive gases to pass through the backside of the electrodes 
to the reaction zone. A similar utilization of porous electrodes in a water-electrolytic cell is possible. 

It is projected that application of the porous electrode to a water-electrolytic cell will permit operation 
at substantially lower pressures. Allis-Chalmers, General Electric, and the Allison Division of General 
Motors are typical of U. S. corporations presently involved in application of fuel-cell technology to 
water electrolytic systems. Information presented herein on the porous electrode cell has been ob- 
tained from reports and articles published by these firms as well as direct communications with Allis- 
Chalmers personnel. 1 4,1 5 

The general technical information related to the porous electrolytic cell is essentially the same as 
that presented for the high pressure-high temperature cell. The basic difference between the physical 
characteristics of the cells lies in electrode construction. Electrodes of the high pressure-high temper- 
ature cell are solid, that is, non-porous. Product gas is evolved as bubbles adjacent to the solid elec- 
trodes. The bubbles are non-conductive and, therefore, increase internal electrical resistance of the 
cell. High cell operating pressure is required to minimize the effect of this bubble formation and, 
consequently, reduce the cell power requirements. 

An alternate means of reducing the bubble effect without the use of high pressures is the appli- 
cation of porous electrodes. As the gases evolve, they may pass through the porous electrode and out 
the backside. This eliminates that part of the internal cell resistance attributed to the bubble forma- 
tion. The porous electrode thus has two main advantages: 

( 1 ) Cell power requirement is significantly reduced to the level associated with the high 
pressure-high temperature cell. 

(2) The cell can in fact be operated at relatively low pressures. 

The actual operating pressure must, however, be high enough to prevent the electrolyte from 
boiling . Cell pressure is not required for suppression of bubble size because of the porous electrode 
construction. 
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3.2.3. 1 .4 General Process Description . - Purified water serves as a feedstock to the electrolytic cell. 
Source of the water will determine the complexity of the purification process. The water purification, 
however, is taken as an auxiliary process and not considered a main operation within the electrolytic 
process. Following purification, the feedstock is pumped to a pressure level corresponding to the 
specific cell-operating pressure. Dissociation of the water into gases occurs in the areas of cathodes 
and anodes. In the solid-electrode cell, the separated gases are “collected” and removed for further 
processing. Porous electrodes, however, result in the cell products being two-phase mixtures of sep- 
arated gases and electrolyte. The two-phase mixtures subsequently are separated into vapor and li- 
quid, the liquid electrolyte being recycled to the cell. 

Ho gas product from the cells contains small amounts of impurities, primarily air and water vapor. 
Oxygen and water are removed from the H 2 gas as it passes through a catalytic deoxidation reactor 
and a water adsorption bed. At this point, the product H 2 gas contains only trace amounts of impur- 
ities (nitrogen, for example) that are removed in further processing (liquefaction system). 

Byproduct 0 2 gas is processed in a manner similar to the H 2 gas. The level of impurity removal 
required is dependent upon the end use of the byproduct. Schematic representation of the impurity 
removal and other process description is shown in figure 3-7. 

Information presented is generally applicable to the two modified water electrolytic processes 
considered in this report. Particular points related to these processes are as follows. 

Increased cell-operating temperature results in lower power requirements. However, the higher 
temperatures adversely affect certain other cell characteristics. Rates of metal corrosion and other 
types of general material deterioration are increased as temperature levels rise. In view of this, 250 F 
is projected as the maximum operating temperature level. 

Several acids and alkaline materials could be used in aqueous solution to form the electrolyte. 
Potassium hydroxide is considered a suitable electrolyte in this study, since it exhibits relatively low 
unit resistivity. Further, this electrolyte serves as a heat-transfer medium. 

As indicated, the high-pressure cell operates at 5000 psia, with the low-pressure unit operating 
at 300 psia. The 5000-psia level is chosen for the solid electrode cells to provide for low unit-power 
requirements. The porous electrode unit operates with essentially the same power consumption char- 
acteristics over a wide range of cell pressures, namely one to several hundred atmospheres. A practical 
pressure level of 300 psia has been chosen to prevent the electrolyte from evaporating and to maintain 
reasonable volume (density) of generated gas. Higher pressure levels for the porous electrode system 
could be chosen based on economic evaluation of cell design and gas compression requirements for 
subsequent processing. 

For this study, a cell-current density of 800 amperes per square foot (ASF) was selected. This 
current density has been attained with the porous electrodes but not with conventional electrodes. 
Present commercial cells employ maximum current densities of 200 ASF. However, Allis-Chalmers 
personnel have been able to attain current densities of 1600 ASF at 250°F for extended periods of 
time using the porous electrodes with laboratory scale equipment. Current densities as high as 4000 
ASF have been achieved for short periods of time. However, at these high current densities, heat 
removal from the cell becomes critical (i.e. , the electrolyte is not able to remove all the thermal energy 
generated as a result of the cell inefficiencies). The value of 800 ASF, assumed for both types of cells, 
represents a compromise choice. The effect of this choice is apparent in mechanical design of the cell. 
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Future development will have great effect on this mecahnical design, but significant projections of 
cell development cannot be made at this time. 


3. 2.3. 2 Process Elements 

A direct proportionality relationship exists between the process elements and plant capacity for 
the water-electrolytic process. 

The units and quantities required of the various process elements associated with the electrolysis 
of water are as follows: 


( 1 ) Raw materials (both processes) : 
Feed water 

Cooling water 
Potassium hydroxide 

(2) Process energy at 800 ASF : 
High pressure-high temperature 
Low pressure-high temperature 

(3) Byproduct oxygen: 

Both processes 


9 lb/lb H 2 
11.5 lb/lb 
neg. 


21.5 kwh/lb H 2 

21.6 kwh/lb H 2 


7.92 lb/lb H 2 


3.2. 3. 3 Cost Elements 

Capital investment and operating costs, other than raw materials and process energy, have been 
studied over the selected capacity range of 250 T/D to 2500 T/D of gaseous hydrogen production. 


3. 2. 3. 3.1 Capital Investment — The capital investment data (250 T/D plant) for the high pressure- 
high temperature process were developed as part of this study. The investment for the low pressure- 
high temperature (porous electrode) process was predicated on previous work by Allis-Chalmers. 

As plant capacity increases from 250 to 2500 T/D, the capital cost is expected to increase in an 
exponential manner as described by the Williams equation. ^ Thus, the relationship of capital invest- 
ment to plant size can be expressed as 

C_ ) Ml 

I = IbU B / 

The estimate prepared for this study indicates that a 250 T/D system utilizing the high pressure- 
high temperature process requires a $36.3 x 10^ investment. The investment consists of the following 
major cost areas: 
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(1) 

Electrical equipment 

$10,000,000 

(2) 

Electrolytic cells 

14,460,000 

(3) 

Process Equipment 

4,150,000 

(4) 

Construction 

7,690,000 

(5) 

Total investment 

$36,300,000 


The electrical equipment and electrolytic-cell costs, on a per pound of hydrogen basis, are fairly 
insensitive to cost reduction as plant capacity increases due to their modular nature. Construction 
costs are only slightly less insensitive to plant capacity increase. Due to the high-cost factor in these 
three areas, the value of the exponential constant (Mj) is estimated to be 0.89 for the high pressure- 
high temperature process. 

The capital investment (I B ) for the low pressure-high temperature process is estimated to be 
$28.5 x 10° and the exponential constant is 0.88. The relationship of plant investment to plant 
capacity is shown in figure 3-9. 


3.2.3. 3.2 Operating Costs - Operating costs described in this section exclude those associated with 
raw materials and process energy. Taxes and insurance are also excluded. 

The labor force requirements for the base case facility (250 T/D) indicate a need for a ten-man 
crew. This is equivalent to one man per shift for plant operation, one man per shift for electrical re- 
pairs and maintenance and two maintenance-utility men. The labor requirements will increase with 
plant capacity; at the 2500 T/D level sixteen men should be required. As in the previous processes 
studied, the relationship of labor to capacity exists because plant expansion will be accomplished 
through the parallel operating train concept. These men will also be part of a large labor pool be- 
cause the gaseous production plant is in combination with a liquefaction plant. 

With all processes considered thus far in this study, chemicals, lubricants, and catalysts require- 
ment will increase directly with plant capacity. Credit has been taken for bulk purchase of these items 
as plant capacity increases. Therefore, chemical costs range from 0.20 cents/lb at the 250 T/D level 
to 0.14 cents/lb at the 2500 T/D level. Maintenance costs for both processes were calculated at a rate 
of 3.5 to 5.5 percent/year of plant investment. 

Operations allocations and general and administrative costs were calculated in the same manner 
described in paragraph 3.1. 1.4.2. 

When all of the items are compared to plant capacity as a single group, it is found that the rela- 
tionship is exponential in nature, following the form 

O = 0 B (Q \ M o 
^C B ' 

where the value for 0 B is $3.26 x 10 6 per year for a 250 T/D high pressure-high temperature 
plant, and the operating cost exponent Mq is 0.73. 

The estimated operating costs associated with the low pressure process are $2.62 x 10 6 per year 
with a cost exponent of 0.73. 
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FIGURE 3-9. ESTIMATED INVESTMENT vs PLANT SIZE (WATER ELECTROLYSIS) 









Representations of the relationship of operating costs to plant capacity are shown in figures 
3-10 and 3-11. 


3.2.4 COAL GASIFICATION 

Coal must be considered a raw material for processing in future energy systems. Various coal 
gasification processes in recent years have been studied and definite feasibilities of large scale gaseous 
hydrogen production have been established. In general, the coal gasification processes have been 
based on reacting steam and coal at elevated temperatures. These reactions, being endothermic, re- 
quire large amounts of thermal energy input. This thermal energy is derived from an exothermic com- 
busion process (such as coal and oxygen, for example). The requirement for oxygen results in heavy 
economic burdens upon these coal gasification processes. 

More recently, emphasis has been placed upon development of alternate means of supplying the 
endothermic heat of reaction. Suitable thermal energy supplies have been sought to economically cir- 
cumvent the need for a high purity oxygen supply. This has led to a group of systems known as car- 
bon dioxide accepter processes. These processes basically involve an exothermic reaction between 
CC >2 and an accepter material. Reaction kinetics can be established so that accepter process exother- 
mic heat approximately equals endothermic heat of the coal gasification reaction. 


3.2.4.1 Process Description 

As indicated, much work has been done relating to the utilization of coal in energy sys- 
tems. 16 thru 24 In particular, two general types of processes have been considered for this study. 
Information pertaining to the respective processes is presented in the following paragraphs. 


3.2.4. 1 . 1 Steam-Oxygen Process Description - Generation of gaseous hydrogen from coal is based 
upon an endothermic reformer type reaction. The endothermic heat of reaction is typically supplied 
by a combustion process of coal and high purity gaseous oxygen. Two basic types of coal are utilized 
in these reactions, namely, lignite and bituminous. Qualitatively, lignite is a more “reactive material 
than bituminous. Further, the bituminous varieties contain volatile hydrocarbons. The volatile hy- 
drocarbons must be removed from the bituminous coal prior to processing for gaseous hydrogen gen- 
eration. This prevents agglomeration of the coal in the gasification reaction. Both lignite and bitum- 
inous coals are being considered in this study. Processing of these materials is described in the follow- 
ing paragraphs. 

Crude feedstock coal is pulverized to a prescribed mesh size prior to actual processing. Further 
drying and removing of volatile hydrocarbons, if necessary, is completed as the feedstock coal is pre- 
pared for processing. When the feedstock is properly conditioned, it feeds into a pressurized reactor 
vessel and forms a fluidized bed. Fluidization results from reactant and product gases flowing upward 
through the coal. Reaction occurs in the fluidized bed with waste coal solids (ash) falling out at the 
bed bottom. Reactant gases fed into the bed bottom are steam and oxygen. The steam and oxygen 
passing upwards through the bed result in two specific reactions. 

( 1 ) Carbon in the bed reacts with oxygen to produce carbon monoxide and carbon dioxide in 
an exothermic reaction: 
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FIGURE 3-10. ESTIMATED OPERATING COST vs PLANT SIZE 
(WATER ELECTROLYSIS PROCESS, HIGH PRESS-HIGH TEMP) 


























3C 


+ 


2 O 2 >COo + 2C0 + heat 


(2) The heat of reaction so produced supports the endothermic reaction between carbon 
and steam: 

3C + 3 H 2 O + heat > CO + C0 2 + ^2 + CH 4 


The four gaseous products then pass out through the top of the reactor, thus completing the coal 
gasification phase. Typical fluidized bed reaction conditions are 450 psig pressure and 1600°F or 
1800°F for lignite or bituminous feed respectively. 

The product gases from the gasification reaction pass through a shift converter, analogous to the 
catalytic shift converter found in the steam reforming process. Auxiliary steam is fed into the conver- 
ter and reacts with the carbon monoxide in the product stream; 


h 2 o + CO > co 2 + h 2 

producing additional product hydrogen. The product gas from the converter, then, is predominantly 
H 2 with significant H 2 O and CO 2 impurities present as well as lesser amounts of CO and CH 4 . 


From the converter, the product gases pass into CO 2 removal equipment, again analogous to the 
MEA scrub system in the steam reforming process. CO 2 removal equipment removes H 2 O and CO 2 
from the process gases. This yields a final product gas composed of H 2 and impurities of CO and CH 4 . 
Typically, the product gas is 97 percent H 2 with the balance being CO and CH 4 . A diagram of this 
process is shown in figure 3-12. 


3. 2.4. 1.2 CO 2 Accepter Process Description . - As with the steam-oxygen process, several reactions 
occur in the course of gaseous hydrogen generation via the CO 2 accepter process. The following de- 
scription relates to the CO 2 accepter process that results from using lignite as the carbonaceous raw 
material. Bituminous material, because of its lower reactivity, does not maintain as desirable a kinetic 
reaction balance as the lignite. 

Pulverized and dried, lignite feeds to a reacter vessel. Steam is used to fluidize the coal for trans- 
fer to this vessel. Simultaneously "CO 2 accepter material”, (e.g., CaO) feeds to the same reacter ves- 
sel. Accepter material and lignite are mechanically mixed and maintained in a fluidized state. In this 
condition, several reactions occur simultaneously and on a continuing basis. The reactions presented 
constitute the gasification of coal. 

C + H 2 0+ heat >CO + H 2 , (a) 

CO + H 2 0 + heat >C0 2 + H 2 , and (b) 

CaO + CO 2 >CaC0 3 + heat. (c) 

CO 2 formed in shift reaction (b) reacts with the accepter and is removed as quickly as it is gen- 
erated (reaction c). This drives both reactions (b) and (a) to completion. 


It has been observed that the overall reaction, 

C + CaO + 2H 2 0 »CaC0 3 + 2H 2 
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FIGURE 3-12. COAL GASIFICATION STEAM-OXYGEN PROCESS 








is essentially thermoneutral. This eliminates the need for thermal energy addition or removal. Further, 
the number of shift converters required is greatly reduced, or entirely eliminated, as is the CO2 scrub 
system. However, the CO2 cannot be recovered readily as a byproduct as in the steam-oxygen gasifi- 
cation process. 

The product gas, containing H2, CO, CO2, and CH4 leaves the gasifier for futher processing. The 
unreacted coal, ash, and spent accepter are removed from the gasifier and conveyed via air fluidization 
to the accepter regenerater. The unreacted carbon residue at this point is about 30 percent of the ini- 
tial feed. In the regeneration vessel, oxygen in the fluidizing air reacts with the residual carbon. The 
reaction, typically at 450 psia and 1900°F, supplies thermal energy necessary to regenerate the accep- 
ter. The CaO is then separated from the ash, unburned coal, and accepter fines, and recycled back to 
the gasification unit. The gases and the ash from the regenerater are disposed as waste. The utilization 
of the carbon present in the lignite is approximately 90 percent. Carbon utilization of 80 percent 
would be expected if bituminous coal were used. 

A most critical parameter associated with the gasification reaction is the maintenance of the steam 
partial pressure in the reaction zone. A partial pressure of 1 3 atms, or less, must be maintained. Fail- 
ure to do so will cause agglomeration of the fluidized particles, destroying the fluidized bed. 

The product gases leaving the gasifier are processed similarly to those generated in the steam- ox- 
ygen process, with the exception that the shift converter and CO2 scrubber are not required. Typical- 
ly the product gas is 96 to 97 percent H2, the impurities being CO, CO2, and CH4. A diagram of this 
process is shown in figure 3-13. 


3. 2.4.2 Process Elements 

Process element requirements have been based on literature data. ^ 26 \ 250 T/D gaseous hy- 

drogen production facility was used as the base case. The requirements for the two study processes 
are presented as follows: 

(1) Steam-Oxygen Process: 


a. Raw Materials Lignite Bituminous 

Feed Water 8.84 20.3 

(lb/lb H 2 ) 

Coal (lb/lb H 2 ) 12.10 8.74 

Cooling Water Makeup 23.5 26.0 

(lb/lb H 2 ) 

Oxygen (lb/lb H2) 5.20 5.20 

b. Process Energy Lignite Bituminous 

Power (kwh/lb H2) 

Misc. 0.57 0.57 

c. Byproduct Production Lignite Bituminous 

C0 2 (lb/lb H 2 ) 24.0 24.0 
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FIGURE 3-13. COAL GASIFICATION C0 2 ACCEPTER PROCESS 







(2) CC >2 Accepter Process 


a. Raw Materials Lignite 

Feed Water (lb/lb H 2 ) 8.84 

(Additional H 2 0 is furnished 
by the moisture content of the 
lignite feed) 

Coal (lb/lb H 2 ) 12.10 

Cooling Water Makeup 24.0 

(lb/lb H 2 ) 

CaO (lb/lb H 2 ) neg. 

b. Process Energy 

Power (kwh/lb) 1.11 

c. Byproduct Production 

C0 2 (lb/lb H 2 ) 0 


3. 2.4.3 Cost Elements 

Cost elements for capital investment and operating expenses have been determined for a plant 
capacity of 250 T/D of hydrogen. 


3. 2.4.3. 1 Capital Investment — The exponential relationship used for capital investment is: 



Due to a lack of detailed data to determine the scale-up factor (Mj), the 0.7 factor used for the 
steam reforming and partial oxidation processes has been employed. It is felt that the general equip- 
ment similarities justify its use. 


The estimated cost information presented and shown in figure 3-14 is the result of original en- 
gineering estimates of the various coal gasification processes prepared for this study. The estimated 
capital cost for the steam-oxygen process is $16.9 x 10^ for a 250 T/D plant using lignite feed. A 
similar plant using bituminous feed represents a capital investment of approximately $20.8 x 10 6 . 
The C0 2 -accepter process requires an estimated capital investment of $21.3 x 10^. 


3. 2. 4.3. 2 Operating Costs — The operating costs were also developed as a result of engineering stud- 
ies in conjunction with this report. The operating costs discussed exclude raw materials and process 
energy. 


The operating costs can be expressed 
processes studied : 



as an exponential function of plant capacity as with other 
M 0 
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FIGURE 3-14. ESTIMATED INVESTMENT vs PLANT SIZE 
(COAL GASIFICATION PROCESS) 







Operating costs were calculated for all these processes in a manner similar to that described in 
paragraphs 3. 2. 1.4. 2 and 3. 2. 2.3. 2. Chemical costs range from 0.30 cents/lb at the 250 T/D level to 
0.24 cents/lb at the 2500 T/D level for both steam-oxygen processes and the C02-accepter process. 
Maintenance costs for all three systems were calculated at a rate of 5.0 to 8.0 percent/year of plant 
investment. Operations allocations and general and administrative costs were calculated in the same 
manner described in paragraph 3. 2. 1.4.2. The estimated value for Og which is the operating cost for 
the base 250 T/D facility for each of the various processes is as follows: 

Steam-Oxygen (lignite feed) $2.57 x 10 6 per year 

(bituminous feed) $2.89 x 10^ per year 
CO I- Ac cep ter (lignite feed) $2.89 x 10^ per year 

The operating cost exponent (Mq) is 0.65 for all three processes. The relationship of the various 
subcategories to total annual operating costs as plant capacity increases are shown in figures 3-15 and 
3-16. 


3.2.5 HYDROGEN - HALIDE 

A hydrogen-halide process feasibility study for a small scale installation was conducted in 1 965 
by Air Products and Chemicals. 25 The production of gaseous hydrogen by the hydrogen-halide pro- 
cess consists of two main steps: 

(1) The reaction of water and a halogen to form a hydrogen halide. 

(2) The electrolytic dissociation of the hydrogen halide to produce gaseous hydrogen and 
recycle halogen. 

The Air Products study included a conceptual process design utilizing 1 500°F hydrogen chlor- 
ide (HC1) as the halogen source. This conceptual process design served as the basis for the hydrogen 
halide large scale hydrogen production process, as described in the following paragraphs. 


3.2.5. 1 Process Description 

Feedstock water (cleaned, purified and pressurized) enters the process and mixes with HC1 and 
previously liberated CI 2 , as shown in figure 3-17. The mixture, having a Cl2:H20 mol ratio of 2.48: 1, 
passes to a reactor vessel. With the addition of thermal energy, a halogenation reaction takes place 
at 1500°F and 770 psia. The H 2 O and CI 2 react to form HC1 and byproduct O 2 . It is projected that 
the catalyzed reaction would result in 55 percent (mol percent) conversion of water to HC1. 

Heat is removed from the gaseous reaction products by counter-flow heat exchange with reac- 
tants entering the reactor vessel. Upon cooling to 100°F, the products form a two-phase mixture of 
liquids and gases. The mixture passes to a phase separator where the residual halogen and unreacted 
water pass-out as liquid for recycle to the reactor. Gaseous overhead from the phase separator, includ- 
ing primarily HC1 and byproduct O 2 pass to a condenser. 

A liquid phase is formed passing through the condenser, containing HC1 and trace amounts of 
CI 2 . The gaseous phase is essentially pure byproduct O 2 , which is separated from the two immiscible 
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FIGURE 3-15. ESTIMATED OPERATING COST vs PLANT SIZE 
(COAL GASIFICATION PROCESS STEAM-OXYGEN-LIGNITE) 
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PLANT CAPACITY T/0 

FIGURE 3-16. ESTIMATED OPERATING COST vs PLANT SIZE (COAL GASIFICATION PROCESS (C0 2 ACCEPTER) 
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FIGURE 3-17. HYDROGEN-HALIDE PROCESS BLOCK DIAGRAM 









liquids (HC1 and CI 2 ) in a second phase separator. The separated O 2 then is vented or further pro- 
cessed to marketable quality. Mechanical separation of the two immiscible liquids is achieved in the 
phase separator. Liquid CI 2 is effectively separated and routed to recycle with incoming fresh water 
feedstock while the remaining liquid, HC1, is directed toward the electrolytic cells. Enroute, HC1 
mixes with recycle hydrogen-halide and water, then enters the electrolytic cell system typically oper- 
ating at 392°F and 300 psia. 

The reactant feed to the cell, 1 7 percent (mol percent) HC1, dissociates in the cell to gaseous 
product H 2 and gaseous chlorine (CL 2 ). The product, saturated with electrolyte, passes through heat 
exchangers which cool the stream and cause residual electrolyte (HC1 and H 2 O) to condense. 

The liquid is separated from the gaseous product in a subsequent phase separator, the product 
passing on out of the process. Gaseous halogen from the cell is cooled to condense residual electro- 
lyte. After phase separation, the gaseous halogen is routed to recycle with incoming fresh water feed- 
stock and the electrolyte is routed to recycle with feedstock flowing to the electrolytic cell. Final 
cleanup of gaseous product (H 2 ) is accomplished by a counterflow scrub with fresh water feedstock 
to the process. The product hydrogen leaves the process at 50°F, 280 psia. 

The halogenation reaction (first reactor vessel) has not been experimentally studied at high temp- 
eratures. It is estimated that reaction energy of 2.48 x 10^ Btu/lb mol CL 2 reacted is necessary for 
the reaction. This energy requirement is based on equilibrium conversions using standard electrochem- 
ical potential data. A preliminary evaluation was made of the reaction energy requirements as affected 
by temperature, pressure, and reactants composition. On this basis, reactor conditions of 1500°F and 
770 psia were chosen as optimum conditions. 

Little significant data is available from the literature regarding the kinetics of the HC1 reaction. 

It has been noted generally that granular solids such as cesium oxide and quartz chips catalyze the 
bromination reaction several fold. This, being similar to the HC1 reaction, would indicate that suitable 
catalytic materials could be developed for the HC1 process. It is expected that the limitation of such 
a catalyst would be heat transfer characteristics. 

Operating conditions for the electrolytic cells were based on reversible and irreversible electrical 
effects and thermal requirements. Reversible potential for the electrolytic reaction are known with 
respect to temperature, pressure and reactant composition. Irreversible effects of overvoltage and 
electrolyte resistance are similarly understood. Initial consideration of this data led to the optimum 
operating cell conditions of 392°F and 300 psia pressure. The referenced 17 percent (mol percent) 
HC1 reactant mixture is significant in that cell characteristics change for concentrations above 20 per- 
cent HC1. That is, for electrolysis of aqueous HC1, reversible potential required decreases with increas- 
ing temperature and HC1 concentration. However, the irreversible effects of overvoltage and electro- 
lyte resistance increase rapidly as the HC1 mole percent concentration exceeds 20 percent. Noting 
this, the cell operating conditions were chosen, yielding a total electrical power requirement of 
1 5.06 kwh/lb H 2 produced at 300 psia. Compression of the hydrogen to liquefier feed pressure re- 
quires an additional 0.24 kwh/lb. 


3. 2. 5. 2 Process Elements 

The process elements for the hydrogen-halide process are directly proportional to the plant sizes. 
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Projected unit requirement data is: 


(1) 

Raw Materials 



Feed Water (lb /lb H 2 ) 

9.0 


Methane (lb /lb H 2 ) 

1.1 


Cooling Water Makeup 
(lb /lb H 2 ) 

13.0 


HC1 (lb /lb H 2 ) 

neg. 


Cl 2 (lb /lb H 2 ) 

neg. 

(2) 

Process Energy 
Electrical (kwh/lb H 2 ) 

15.3 

(3) 

Byproduct Oxygen 
(lb/lb H 2 ) 

7.92 

Cost Elements 



Investment and operating cost characteristics of the hydrogen-halide process have been evaluated 
for a plant capacity of 250 T/D. All cost data has been developed through engineering studies based 
upon a 1965 feasibility study conducted for the U. S. Army Engineer Reactors Group. 25 


3.2. 5.3.1 Capital Investment . - The investment cost characteristics for the hydrogen-halide process 
are similar to those for the water electrolysis process. As plant capacity increases, the capital cost 
increases exponentially. This relationship can be expressed through the use of Williams equation as. 

I = I B (_£_> M I 
' C B ' 

The value of the exponential constant Mi for the hydrogen-halide process is 0.9. The constant 
has a high value due to the fact that larger plants cannot employ larger pieces of equipment but rather 
must employ greater numbers of maximum or optimum sized equipment items. The relationship of 
plant investment to plant size is shown in figure 3-18. The savings thus realized are limited to those 
received for quantity purchases only. 

The capital investment for the hydrogen-halide process base system 250 T/D has been estimated 
at $46.5 x 10 6 based upon engineering studies and an economic analysis of the process. While the 
hydrogen halide process is essentially an electrolytic process the investment is 30 to 60 percent higher 
than the electrolytic processes discussed earlier in this study, due to exotic material requirements, (i-e., 
tantalum, Hastalloy “C”, and stainless steel), and additional units of equipment. 


3.2. 5. 3. 2 Operating Costs . - The hydrogen-halide process operating cost elements are comparible to 
those of the water electrolysis process. The two systems exhibit basic similarities, i.e., feedwater pur- 
ification, feedwater pressurization, electrolytic dissociation, and product hydrogen purification. The 
major dissimilarity between the processes is the hajogenation subsystem required in the hydrogen- 
halide process. 
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Thus, operating costs excluding raw materials and process energy can 
of plant capacity as were the costs for water electrolysis. The relationship 


stated as: 


O = O b (_£_) M o 

V C B ' 


be expressed as a function 
is exponential and can be 


Cost of chemicals and lubricants will range from 0.14 cent/lb to 0.20 cent/lb. Maintenance costs 
were calculated at a rate of 4 to 6 percent/year of plant investment. Operations allocations and gener- 
al and administrative costs were calculated in the same manner described in paragraph 3.2. 1.4.2. 

The calculated value for 0 B is $4.35 x 10 6 per year for a 250 T/D plant. The scale-up factor for 
the operating cost is estimated to be 0.76. The relationship of the cost elements to total annual oper- 
ating costs as plant capacity increases are shown in figure 3-19. 


3.3 HYDROGEN GAS LIQUEFACTION AND CONVERSION 

The second major subsystem within a large scale liquid hydrogen plant is the process equipment 
and ancillaries required for the actual liquefaction of the gas. In addition to liquefying the subsystem 
must be capable of converting orthohydrogen which is a molecular variety of common hydrogen to 
parahydrogen. This conversion is necessary because the orthopara equilibrium concentration levels 
vary with the temperature of the liquid. If the conversion were allowed to take place spontaneously 
the reaction, being exothermic, would release more energy than the heat of vaporization and thus 
large quantities of liquid product would be lost by vaporization during storage. 

The following paragraphs provide process descriptions of the liquefaction and conversion meth- 
ods that can be employed in large scale hydrogen systems. Unit consumption data is classified as pro- 
cess elements or cost elements. As with the various gas production subsystems, process elements de- 
tail amounts of raw material and process energy related to net unit production of the subsystem. 
Similarly, cost elements detail typical amounts of capital investment and other operating costs associa- 
ted with the net unit production. The elements are considered for all the processes. 

3.3.1 GENERAL DESCRIPTION 

The liquefaction of any gas is accomplished by the cooling of the gas until it reaches its conden- 
sation temperature. At this point, the latent heat of vaporization is then removed. Thus, the only 
basic requirement for the liquefaction of a gas is suitable refrigeration. 

The difference in the liquefaction of hydrogen to other common industrial gases is the fact that 
there is a wider range of temperatures at which refrigeration is required and a good deal of this re- 
frigeration is at temperatures below the boiling point of liquid air. More specifically, the liquefaction 
of hydrogen requires refrigeration for three distinct loads: 

( 1 ) Cooling the hydrogen to its boiling point -423°F 

(2) Removing the latent heat of vaporization at -423°F 

(3) Removing the latent heat of ortho-para conversion 
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FIGURE 3-19. ESTIMATED OPERATING COST vs PLANT SIZE 
(HYDROGEN-HALIDE PROCESS) 






Refrigeration is supplied at various temperature levels in the liquefaction plant to satisfy the load 
requirements given. Two levels are commonly delineated for process design purposes. The lower level 
of refrigeration, from -294°F to -423°F is referred to as “below Lin” and above -294°F as “above 
Lin” or high level refrigeration. These terms refer to the temperature level only, not the refrigerant; 
e.g., refrigeration above Lin temperatures may be supplied by argon, methane, or nitrogen. 

The high level refrigeration methods selected for intensive study in this report are: 

( 1 ) Cascade Refrigeration System 

(2) 3000 psig Nitrogen Recycle System 


3.3.1. 1 Cascade Refrigeration System 

The cascade refrigeration system is a system wherein a series of liquids of progressively lower 
boiling points are condensed under pressure at the temperature produced by the evaporation of the 
next higher boiling liquid. For the liquid hydrogen system, the refrigerants utilized in the cascade 
process are propane -43. 7°F, ethylene -154.8°F, methane -258. 6°F, and nitrogen -320. 5°F. 


3.3. 1.2 3000 PSIG Nitrogen Recycle System 

The 3000 psig nitrogen recycle system is a system wherein high pressure nitrogen is recirculated 
in a closed loop process. High pressure nitrogen from the compressor passes through a heat exchanger 
where it is cooled by a counterflow of returning low-pressure gas. The high pressure stream is split 
part-way through the exchanger and the side stream passes through the expander thus providing addi- 
tional refrigeration to the process. The remaining high pressure stream is further cooled through heat 
exchange and expanded through a Joule-Thomson valve at which point liquid nitrogen is formed. The 
heat of vaporization of this liquid is used in conjunction with the expander to provide refrigeration for 
the cool down of the product hydrogen gas. 

The low level refrigeration method consists of a 1 500 psia hydrogen recycle system similar to 
the 3000 psig nitrogen high level refrigeration system. 

As indicated, ordinary hydrogen at room temperature consists of two molecular varieties, name- 
ly orthohydrogen and parahydrogen. The hydrogen molecule is composed of two hydrogen atoms and 
each of these atoms consists of a nucleus and one electron. The hydrogen nucleus is a proton. The 
nuclear spin of the individual atoms are either oriented in the same direction which corresponds to 
the ortho modification or in opposite directions which corresponds to the para modification. 

The equilibrium concentrations of the ortho-para molecules are a function of temperature. If 
the temperature is changed, the concentrations are also changed. At room temperature the equilibri- 
um mixture is 75 percent ortho and 25 percent para. At liquid nitrogen temperatures, -320°F, the 
equilibrium is approximately 50 percent for each. At liquid hydrogen temperatures, -423°F, the 
liquid in equilibrium is 99.8 percent para-hydrogen. 

While the ortho-para concentration will naturally come to equilibrium over a period of time, 
there are two fundamental methods of inducing an ortho-para transition. One method consists of 
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dissociating the hydrogen molecules and allowing the atoms to recombine. When dissociated, the two 
atomic nuclei no longer are oriented with respect to nuclear spin. Upon reassociation, the molecules 
are formed according to the equilibrium energy distribution determined by the temperature. The other 
method involves the interaction between an inhomogeneous magnetic field and the magnetic field as- 
sociated with the nuclear spin of the hydrogen nuclei. Since a magnetic field is produced along the 
axis of rotation of the spinning nucleus, an external field which causes a reversal of the direction of 
this nuclear magnetic field in effect produces a reversal of spin in one of the nuclei. This spin reversal 
is equivalent to an ortho-para transition.26 

The first method, dissociation of the hydrogen molecules, is an acceptable approach to ortho- 
para transition at high temperatures. At low temperatures, however, there is not enough internal en- 
ergy to promote dissociation and the magnetic interaction method predominates. All tonnage liquid 
hydrogen plants operate with a catalyst (a typical catalyst consists of molecular nickel silicate), con- 
taining a paramagnetic component which induces the required inhomogeneous magnetic field. 

The latent heat of conversion is approximately one and one half times as great as the latent heat 
of vaporization. Therefore, it is economically desirable to complete the conversion as far as possible 
in the liquefier, rather than in storage after liquefaction has been completed. 

The closer the para content of the product approaches the equilibrium para content, the higher 
the power requirement for liquefaction, but the lower the storage loss. Consequently, the optimum 
para content of the product is a function of the mean storage time as shown in figure 3-20. Scott-^ 
gives the uncatalyzed reaction rate as 

-dx_ - kx 2 
dt 

where 

x = mole fraction ortho 

t = time, hours 

k =0.01 14/hour 

Therefore, assuming initial product para concentrations, and mean storage times, the stored 
product para concentration and conversion induced boil-off can be calculated. 

For the purposes of this study, it has been assumed that storage capacity for two weeks will be 
required at each location and that product will be drawn out of storage on a continuing basis; i.e., 
residence time for each pound of product will normally be two weeks. Boil-off rates were calculated 
from the rate equation results as: 

-dx _ k x^ 
dt 

1 dx = -k dt 
x^ 

by integration 

_L - JL = kt 
xf x D 
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FIGURE 3-20. STORAGE LOSS, UNCATALYZED LIQUID HYDROGEN 




where 


x Q = ortho concentration at time zero 

x t = ortho concentration at time t 

t = time in hours 

Assuming a 95 percent para concentration from the liquefier and a mean storage time of two 
weeks the equation becomes 

J_ - J_ = 0.0114(336) 
xt 0.05 

JL = 3.83 + 20.0 = 23.83 

xt 

x t = 0.042 


therefore, para concentration equals 1 .000 - 0.042 = 0.958 
A Xp = 0.958 - 0.950 = 0.008 


Boil-off due to conversion is 


where 


therefore, 


(A Xp ) h r 

m = 

h v 

m = boil-off rate 

AXp = change in molal per cent para concentration 

^ Rtu 

h r = heat of reaction for ortho-para conversion = 609 

Dfi. mol 

h v = heat of vaporization = 389 

mol 

m = (0.008) 609 = 0.0124 

389 


These calculations indicate that a 95 percent para concentration is desirable for product hydrogen. 
This level concentration will result in a conversion boil-off loss of 1.24 percent of plant capacity as- 
suming 2 week residence. If the plant were to produce only 75 percent para product the boil-off losses 
would be 19.1 percent and this was judged to be excessive. 

A plant designed for 95 percent para also permits the production of liquid hydrogen at lower 
para concentrations by by-passing a portion of the catalyst beds and by turn-down of the low level 
refrigeration systems to compensate for the lesser amount of heat of conversion being released in the 
liquefier. For these reasons, the plants discussed in this study are capable of producing 95 percent 
para product hydrogen. 

3.3.2 PROCESS DESCRIPTION 


As was stated previously, the actual liquefying process can be discussed in terms of two refriger- 
ation levels. 
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The high-level refrigeration systems studied include the cascade and the high-pressure nitrogen 
recycle systems. Figures 3-21 and 3-22 are schematic representations of these two systems respective- 
ly. The low-level system studied was a 1 500 psia hydrogen recycle system. This system is shown 
schematically in figure 3-23. 


3.3.2. 1 Cascade Refrigeration System 

Prior to entry the gaseous hydrogen is dried and fed into the (+23°F) high-level propane exchang- 
er (04.41 , figure 3-21). The feed continues to the low-level propane exchanger (04.40) where it is 
cooled to -34°F. The refrigerant discharge from the ethylene (01 .70), methane (01 .60) and nitrogen 
(01 .90) recycle compressors are all in heat exchange with the two propane exchangers. It is from this 
“cascading” of each constituent against the next higher refrigerant to promote condensing that this 
cycle gains its name. 

The hydrogen feed is cascaded in a similar manner through the high and low level ethylene ex- 
changers (04.32 TOP-A and BOT-A), and methane exchangers (04.32 TOP-B and BOT-B) until the 
feed is approaching a temperature of -250°F in the last stage methane exchanger (04.33). The cold 
hydrogen gas is then flashed in a phase separator to remove any hydrocarbon impurities which have 
liquefied. 

The hydrocarbon stream is passed back through the plant to recover refrigeration and is vented 
as a warm fuel stream. 

The hydrogen feed then enters the high level nitrogen exchanger (04.5 1 ) and makes several pas- 
ses through the low level nitrogen exchanger (04.53). Any nitrogen impurity in the feed stream is 
liquefied in this last exchanger and separated from the feed. The liquid nitrogen thus separated 
is then dumped into the hydrocarbon fuel stream for refrigeration recovery and venting. The feed 
stream is then cleaned of any remaining impurities in charcoal beds (08.41), and passes to the con- 
verter (07.90) for the first stage of ortho-para conversion. The temperature rise due to the conversion 
reaction requires that the feed gas be recooled once again in the (04.53) LIN bath before entering the 
low level section of the liquefier. 


3.3. 2.2 High Pressure Nitrogen Recycle Refrigeration System 

The 3000 psi nitrogen recycle system as shown in figure 3-22 is an alternate refrigeration method 
to the cascade system. 

Gaseous nitrogen is compressed to 3000 psia in the nitrogen recycle compressor (01,24).. The 
discharge is separated into two streams. One stream passes through exchanger (05.36) where it is 
cooled by the returning cold nitrogen vapor. The high pressure stream is then flashed into the liquid 
nitrogen storage tank (16.20). This tank is a source of refrigeration to exchangers (05.28, figure 3-21 
and 08.45, figure 3-23) in the low level section of the liquefier. It also provides refrigeration to the 
high level refrigeration system via heat exchanger (05.24, figure 3-24). 

The second portion of the compressor discharge is cooled against Freon in exchanger (04.20, 
figure 3-22) and expanded in the turbo-expander (10.12), thus providing a second source of refriger- 
ation. This cold gas is combined with the boil-off from the storage tank (1 6.20) to provide refrigera 
tion to exchanger (05.21) in the low level section of the liquefier and to exchanger (05.36) which is 
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FIGURE 3-22. HIGH-LEVEL HIGH-PRESSURE NITROGEN 
REFRIGERATION SYSTEM - RECYCLE, REFRIGERATION SECTION 
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FIGURE 3-24. HIGH-LEVEL HIGH-PRESSURE NITROGEN 
REFRIGERATION SYSTEM - RECYCLE FEED PURIFICATION SECTION 
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the primary recycle system exchanger. 

Returning low pressure nitrogen from exchangers (05.28, figure 3-21 and 08.45, figure 3-23) is 
boosted to (01.24, figure 3-22) suction pressure in booster compressor (01.25) prior to recirculation 
in the refrigerator. 


3. 3. 2. 3 Low Level Refrigeration System 

Hydrogen feed gas at liquid nitrogen temperatures from exchanger (05.24, figure 3-23) in the 
high level section of the liquefier is cooled by expander (10.1 1) exhaust and converted in a series of 
five adiabatic reactors (07.91 through 07.95). The heat of reaction is continuously removed during 
the ortho-para conversion in exchangers (05.25 A&B). The 95 percent para hydrogen is then flashed 
into reactor (07.83) where liquid hydrogen is formed. The liquid formed in (07.83) passes into 
(07.96) which is a final conversion catalyst bed. The product stream leaves (07.96) and is flashed in- 
to (07.84) thus providing the refrigeration needed to remove any heat of reaction generated in (07.96) 
and to sub-cool the product prior to entry in storage. 

Flash gases from (07.83 and 07.96) combine with the expander exhaust, providing refrigeration 
to the feed stream in exchangers (05.25 A&B). In this manner the gas is warmed to ambient temper- 
atures and is compressed for recycling in compressor (01.22). From the compressor the recycle 
stream is cooled to approximately -292°F in exchangers (05.22, 05.23 and 05.35). It then passes 
through an adsorber (08.5 1) where trace impurities are removed. The stream is then divided into 
three portions. The major portion is precooled against liquid nitrogen in exchanger (05.28) and then 
expanded in the hydrogen expander (10.1 1). The second stream is cooled in the exchanger (05.25) 
and combined with the feed. The third stream is cooled down in the exchanger (05.29) and also com- 
bined with the feed prior to entry into phase separator (07.83), 


3. 3. 2. 4 Process Elements 

Process studies have been completed to show certain relationships exist between the various pro- 
cess elements and plant capacities. The nature of those relationships are described in the following 
paragraphs. 


3. 3. 2.4.1 Raw Material Unit Consumption . - The raw material requirements for the liquefier differ 
somewhat from the requirements of the gaseous production systems of the total facility. The primary 
raw material input to the liquefier is the gaseous hydrogen stream itself. This hydrogen is a “cost” 
to the liquefier only to the extent that the gas is consumed or lost in the process. The total hydrogen 
loss in the liquefaction process is estimated to be 4 percent. 

A certain quantity of hydrogen is lost due to leakage around the hydrogen recycle and booster 
compressors. Hydrogen is required for continuous cold box purge, and finally hydrogen gas is re- 
quired as a clean and purge medium for the low-temperature adsorbers. The compressor losses are a 
direct function of hydrogen flow rates, the cold box purge is a function of the cold box volume, and 
the adsorber purge is also a function of product flow through the liquefier. Therefore, with the pos- 
sible exception of the small cold box purge requirement, the hydrogen losses are a direct function of 
plant size and are constant. 
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Another process element which can be considered as a raw material requirement is the makeup 
refrigerant. Here again a slight loss must be anticipated around the compression equipment. These 
losses are expected to amount to 0. 1 percent of the compressor flow rates and also will be constant 
with relation to plant size. Certain quantities of nitrogen are also required for purge and general utili- 
ty usage. 

The quantities of the various raw materials required for the liquefaction process are shown in 
table 3-5. The process selected consists of the cascade system and the 1500 psia hydrogen recycle 
system. This combination offers the economic optimum with respect to power consumption, capital 
cost, raw material requirements and operating costs. 


TABLE 3-5. RAW MATERIALS FOR LIQUEFACTION 


Raw Material 

Units 

Feed Gas (Hydrogen) 

1.04 lb/lb 

Refrigerant Makeup 


Propane 

0.02 lb/lb 

Ethylene 

0.02 lb/lb 

Methane 

0.01 lb/lb 

Nitrogen 

0.04 lb/lb 


3. 3. 2. 4.2 Process Energy Unit Consumption. - Process energy for the liquefaction system represents 
one of the largest single cost items in the entire purification, and liquefaction process train. For this 
reason, considerable emphasis has been placed upon the study of the refrigeration system to be em- 
ployed and the optimization of compression equipment to minimize the power consumption rates 
per unit of product. 

In making this study, an attempt was made to predict the maximum probable advance in compres- 
sor technology which may occur in the next fifteen years. 

The reciprocating compression equipment necessary for various services will be available in 1 980. 
The efficiency values used to calculate the power requirements are today’s industry standards. It is 
anticipated that the same values will be used over the next 10 to 20 years. Advancements to be made 
in reciprocating compressor technology are expected to be primarily metallurgical and will permit 
greater rod loads and higher discharge pressures. It is also probable that the state-of-the-art for non- 
lubricated services will be increased. Technology has increased to the point where all of the services 
considered in this study will employ non-lubricated cylinders. 

Assuming that high strength materials technology continues to advance at its present pace, that 
reasonable lead time is provided and that the compressor industry is properly stimulated, it appears 
that centrifugal compressors for this service can be available by the early 1 980’s. Current industrial 
multistage gas compressors use closed type backward swept bladed impellers operating at approximate- 
ly 1050 ft/sec tip speed. High head rise compressors use open type radial bladed impellers and run at 
tip speeds of 1250 to 1 350 ft/sec. Experimental impellers of this type have been successfully tested 
to 1900 ft/sec. For this system, a tip speed of 1700 ft/sec was selected as realistic for the sizes re- 
quired. Open radial vaned wheels most likely would be used. This means that in multistage casings, 
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considerable clearance allowance must be provided between the impeller and the side wall to avoid 
rubbing during thermal transients. 

The centrifugal compressor horsepowers have been calculated using efficiency values ranging from 
5 to 1 2 percent higher than industrial practices in use today. We expect that over the next 10 to 15 
years the efficiency will be raised with technological advances to the levels we have assumed. 

The compression equipment study indicates that the cascade system offers the most economical- 
ly attractive approach to the high-level refirgeration requirement. The horsepower requirement asso- 
ciated with this method is 44,200 hp for a 250 T/D plant. Centrifugal compressors can be utilized for 
all four recycle services (propane, ethylene, methane, and nitrogen) in the cascade process. By way of 
contrast, the high pressure nitrogen recycle system requires approximately 64,700 Btu for a 250 T/D 
plant. 

The low level refrigeration system, for a 250 T/D plant, requires an additional 69,400 hp for the 
hydrogen recycle and hydrogen booster compressors. These machines would both be of the reciproca- 
ting type. Thus, the gross energy requirement for liquefaction is 1 13,600 hp. During plant operation, 
the hydrogen expander will return 4200 hp to the system. The return of horsepower is achieved by 
loading the expander with an electrical generator. Therefore, the net energy requirement for the sys- 
tem is 109,400 hp for a 250 T/D plant. 

An analysis was made to determine the value of the facility power requirements for recovering 
the energy of high pressure feed from the electrolysis process. It was determined that with a feed gas 
stream at 100°F and 5000 psia being expanded to approximately 640 psia, 34.8 bhp/TD (0.034 kwh/ 
lb) of liquid hydrogen leaving the liquefaction plant can be recovered from the feed. Also, the addi- 
tional plant investment and associated maintenance costs, attendant to the equipment necessary to the 
recovery of this power, far outweighed the cost saving in recovered power. Therefore, no credit has 
been taken for high pressure feed gas streams. 

Liquefaction process energy will remain constant per unit of production as the plant size increas- 
es from 250 T/D to 2500 T/D because plant expansion will be effected through the use of multiple 
production trains. Therefore the process energy unit consumption is 4.46 kwh/lb. 


3. 3. 2. 5 Cost Element s 

Capital investment and operating costs, other than raw materials and energy, have been studied 
over the selected capacity range of 250 T/D to 2500 T/D of liquid hydrogen production. Both capi- 
tal investment and operating costs were deemed to vary with plant size exponentially. The following 
paragraphs discuss these relationships. 

3 3 2.5.1 Capital Investment . - Capital investment data for the complete liquefaction system were 
developed, based on historical costs for plants utilizing similar equipment methods. The historical 
data has been adjusted and refined to reflect those changes in process and equipment technology as 
discussed in other paragraphs of this study. 

As plant capacity increases, the capital costs are expected to increase in an exponential manner. 
This relationship is best expressed by Williams’ formula; 

I = I B 
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The estimated capital investment (Ig) for the base system utilizing the cascade/ 1500 psia hydro- 
gen recycle system is $31 .5 x 10^. The value of the exponential constant (Mj) for the liquefier is 
0.80. These cost figures are the result of a detailed engineering design and estimate for a 250 T/'D 
facility. 


3. 3. 2. 5. 2 Operating Costs . — Operating costs described in this paragraph include labor, chemicals and 
lubricants, catalysts, maintenance costs, general and administrative costs, and home office allocations. 
It is significant to note that taxes and insurance are not included in this area but are contained in the 
plant capital charge. 

At the base case (250 T/D) it has been determined that the liquefier would require seventeen 
men. This is equivalent to three men per shift for plant operation and maintenance, four shift super- 
visors and one plant superintendent. As the plant capacity increases, the labor force will increase 
proportionately so that at the 2500 T/D level twenty five men will be required. This relationship ex- 
ists because plant expansion will be accomplished through the parallel operating train concept. These 
men will also be part of a larger labor pool because the liquefaction plant is in combination with the 
gaseous production plant. 

Chemicals, lubricants and catalysts requirements will increase directly with plant capacity as is 
common with all industrial gas and liquefying facilities. Chemicals and lubricants have been included 
at the rate of 0.08 cent/lb at the 250 T/D level and 0.07 cent/lb at the 2500 T/D level. Maintenance 
costs will vary directly with plant investment at a rate of 2 to 3.5 percent/year rather than with capa- 
city. It must be noted that maintenance costs are those costs associated with keeping the plant in 
good repair and do not include costs associated with major improvement of equipment. Major equip- 
ment improvement costs are considered to be additional capital investment and are recovered through 
depreciation. 

Home office allocation has been included as a function of plant level operating costs including 
straight line depreciation of the plant equipment at a rate of 5 percent. 

General and administrative costs are commonly expressed as a percentage of all the above costs 
and is a method of recovering plant level overhead costs at a rate of 1 5 percent. 

When all of the above items are compared to plant capacity as a single group it is found that the 
relationship is exponential in nature, following the form: 

O = 0 B / C nM 0 
' C B ' 


The estimated value for Og is $ 1 .91 x 10^ per year for a 250 T/D plant. The operating cost ex- 
ponent Mq is expected to be 0.65. The relationship of the various elements to total annual operating 
cost as plant capacity increases is shown in figure 3-25. 


3.4 STORAGE OF LIQUID HYDROGEN 

The third major subsystem of a liquid hydrogen production facility is the product storage and 
transfer equipment. The following paragraphs provide a technical description of the various system 
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configurations available for storage of large quantities of liquid hydrogen. Each configuration has 
been evaluated to determine salient features such as system heat-leak and corresponding product boil- 
off rates, insulation characteristics and requirements, and capital costs associated with each system con- 
figuration. 

The study of storage equipment has been segregated into two distinct categories: 

( 1 ) Underground storage 

(2) Above-ground storage 

3.4. 1 ABOVE-GROUND STORAGE OF LIQUID HYDROGEN 

Considered for above-ground storage are four basic configurations. These are: 

( 1 ) Single Wall Tanks — 

a. Externally insulated 

b. Internally insulated 

(2) Double Wall Tanks - 

a. Purged powder insulated 

b. Vacuum insulated 


3.4. 1.1 Single Wall Externally Insulated Storage Tank 

The single wall externally insulated tank as shown in figure 3-26 incorporates the use of standard 
bulk type insulating materials. These materials can be applied in board form, strapped in place, or 
can be applied as foamed material which is sprayed or poured in place. The common insulating mater- 
ials include foamglass, fiberglass, urethane, styrene, epoxy, and silicone rubber. 

The present method of applying board type insulation utilizes the use of bands to hold the insu- 
lation against the tank wall. In order to hold the boards in place as tank contraction occurs, the bands 
are prestressed. Use of this type insulation system would require a high degree of prestressing for hy- 
drogen service, because of the greater tank movement. For this reason, board type insulation is not 
desirable for hydrogen service. 

Sprayed-on foam, poured-in-place foam, or adhered boards will eliminate the banding problem. 
Through proper bonding techniques the insulating material could be made to move with the tank as 
it contracts. However, since the insulating materials have coefficients of thermal expansion differing 
from that of the tank, the insulation must be capable of absorbing the high differential movement. 
Brittle materials, such as foamglass, would be prone to break-up or delaminate under these conditions 
and would therefore be unacceptable for this service. 
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FIGURE 3-26. SINGLE WALL EXTERNALLY INSULATED TANK 
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I tu- proper choice of insulation material for single wall externally insulated tanks (if considered) 
would appear to be urethane foam timt is either sprayed or poured-in-place. This material exhibits low 
thermal conductivity (0.14 Btu/hr ft^ -°F/in at 70°F), has a low density (2.0 lb/ft^), and has a good 
resistance to water vapor transmission. It also has the compressive strength (20 to 40 psi) to with- 
stand the vacuum loading which will occur. Urethane exhibits superior properties when compared to 
foamglass for this service in all areas except flammability. However, new flame retardant additives for 
urethanes are constantly being developed. 

The significant factors associated with the externally insulated (urethane foam) storage tank of 
various capacities is shown in table 3-6. This information is based upon an insulation thickness suf- 
ficient to prevent water condensation from forming on the outside surface of the vapor barrier under 
conditions of 90°F and 80 percent relative humidity. 


TABLE 3-6. URETHANE FOAM INSULATION (EXTERNAL) 


Capacity 

Insulation 

Thickness 

Heat Leak 
Btu/hr 

% Boil-Off a 
Per Day 

Boil-Off b 
Cost $/yr 

Storage System 
Cost $ 

6 x 10 5 lb H 2 

8.5 in. 

1.16 x 10 5 

2.49 

5.3 x 10 5 

5.4 x 10 5 

18 x 105 lb H 2 

8.5 in. 

2.14 x 10 5 

1.53 

9.8 x 10 5 

9.6 x 105 

36 x 105 lb H 2 

8.5 in. 

3.43 x 105 

1.22 

16.5 x 105 

15.6 x 10 5 

72 x 105 lb H 2 

8.5 in. 

7.17 x 105 

: 

0.95 

24.2 x 105 

27.5 x 105 


a Assuming 1 0 cents/lb liquid hydrogen value. 

b Boil-off due to heat leak only. Losses due to ortho-para conversion are not included. 


The cost data presented is based upon cost information supplied by an erector-contractor^, Q r 
original estimates prepared for this study. In all cases, it has been assumed that operating and/or main- 
tenance costs associated with these storage systems are negligible. The costs reflect the projected 
1 980 technology and are expressed in present dollars. 


3.4. 1.2 Single Wall Internally Insulated Storage Tank 

The internally insulated single wall storage tank as shown in figure 3-27 utilizes bulk type insu- 
lation placed on the inner surface of the tank shell. The insulation is either adhered to the wall, 
sprayed-on, or poured-in-place. Block insulation can be applied by merely stacking and is held in 
place with a liner which is required as a liquid-vapor seal. 

Insulating a large liquid hydrogen storage tank internally represents a significant advance in the 
state-of-the-art, and would require acute detail to obtain a satisfactory installation. This particular 
concept was considered for the Saturn S-IV and S-IVB.29 The insulation used is a rigid polyurethane 
reinforced with fiberglas threads. The liner is No. 1 16 Fiberglas cloth bonded to the urethane with a 
polyurethane resin, and sealed with six spray coats of polyurethane resin. The reinforced foam den- 
sity was 5.2 lb/ft- and exhibited thermal conductivity (K values) in the range of 0.24 Btu/hr ft 2 °F/in. 
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FIGURE 3-27. SINGLE-WALL INTERNALLY INSULATED TANK 



to 0.48 Btu/hr ft F/in. This method is not suitable and would require approximately three feet of 
insulation to prevent condensation on the outer surface at 90°F and 80 percent relative humidity, 
which is the basis for one set of heat leak calculations. 

The material which shows the most promise for this insulation method is rigid urethane foam. 

The data for an internally insulated storage tank utilizing the urethane foam material for various 
capacities is shown in table 3-7. 


TABLE 3-7. URETHANE FOAM INSULATION (INTERNAL) 


Capacity 

Insulation 

Thickness 

Heat Leak 
Btu/hr 

% Boil-Off 
Per Day 

Boil-Off a 
Cost $/yr 

Storage System 
Cost $ 

6 x 10 5 lb H 2 

8.5 in 

1.16 x 10 5 

2.49 

5.3 x 10 5 

5.7 x 10 5 

18 x 10 5 lb H 2 

8.5 in 

2.14 x 10 5 

1.53 

9.8 x 10 5 

10.4 x 10 5 

36 x 10 5 lb H 2 

8.5 in 

3.43 x 10 5 

1.22 

16.5 x 10 5 

17.0 x 10 5 

72 x 10 5 lb H 2 

8.5 in 

7.17 x 10 5 

0.95 

24.2 x 10 5 

30.0 x 10 5 


a Based on product hydrogen cost of 1 0 cents/lb. 


3.4. 1.3 Double Wall Tank - Purged Perlite Insulation 

The double wall, purged perlite storage system employs an insulation concept as shown in figure 
3-28, that has been proven in actual cryogenic service above liquid hydrogen temperatures. The sys- 
tem does not require any significant advance in the state-of-the-art. The major drawback to a purged 
system which must use hydrogen or helium for purge gas is the fact that these gases exhibit large K 
values (1 Btu/hr ft^ °F/in and 0.93 Btu/hr ft^ °F/in respectively). 

While the system is technically feasible and lies within the state-of-the-art, it is presently undesir- 
able from an economic viewpoint. The system exhibits heat leak characteristics similar to systems 
previously discussed at a cost in excess of 1 20 percent of those other systems. The development of a 
purge system in combination with a thin layer of economical bulk insulation on the outside surface of 
the inner tank could make the system economical. By increasing the allowable temperature in the 
purge space, gases with a lower conductivity such as nitrogen (K = 0.22 Btu/hr ft^ °F/in) could be 
used. Nitrogen would also lessen purge gas costs and would be readily available in facilities using the 
partial oxidation process. 

The data for the double wall purged perlite storage system is shown in table 3-8. The purge gas 
assumed in this data is helium. Cost of purge gas is not included in the cost information presented. 




# 
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K* .93 BTU/HR.-FT-°F/N. 
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-PERLITE INSULATION 
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OR HYDROGEN) 
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COND.® 90® F a 
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\ 
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- HEATING 
COILS 


PERLITE INSULATION 



TABLE 3-8. DOUBLE WALL PURGED PERLITE STORAGE SYSTEM 


Capacity 

Insulation 

Thickness 

Heat Leak 
Btu/hr 

% Boil-Off 
Per Day 

Boil-Off 3 

Cost $/yr 

Storage System 
Cost $ 

6x 10 5 lb H 2 

57 in 

1.2 xlO 5 

2.64 

5.7 x 10 5 

6.7 x 10 5 

18 x 10 5 lb H 2 

57 in 

2.3 xlO 5 

1.58 

10.2 x 10 5 

12.0 x 10 5 

36 x 10 5 lb H 2 

57 in 

3.5 xlO 5 

1.25 

15.8 x 10 5 

19.6 x 10 5 

72 x 10 5 lb H 2 

57 in 

7.2 x 10 5 

0.97 

24.7 xlO 5 

35.4 x 10 5 


a Assuming a value for liquid hydrogen of 1 0 cents/lb. 


3.4. 1.4 Double Wall Tank - Evacuated Perlite Insulation 

The double wall, evacuated perlite storage system as shown in figure 3-29 utilizes an insulation con- 
cept that has been used almost exclusively for the storage of liquid hydrogen. The insulation system 
has an extremely low K value (0.0084 Btu/hr-ft^ -°F/in). Technical feasibility of this type storage 
system has been field proved with many tanks in use at present. 

The insulation system exhibits an inherent safety factor in that if the vacuum on the annular 
area is lost, the perlite continues to exhibit sufficient insulating characteristics to allow in-service tank 
repair without major loss of product. 

A projected variation of this system as shown in figure 3-30 would be the evacuated super insu- 
lation system utilizing multiple radiation shields in conjunction with an evacuated space. The thermal 
conductivity of the evacuated super insulation system is one third that of the evacuated perlite method. 
This increase in insulation efficiency represents a correspondingly higher initial cost. 

The data for the double wall evacuated perlite storage system is shown in table 3-9. 


TABLE 3-9. DOUBLE WALL EVACUATED PERLITE STORAGE SYSTEM 


Capacity 

Insulation 

Thickness 

Heat Leak 
Btu/hr 

% Boil-Off 
Per Day 

Boil-Off® 
Cost $/yr 

Storage System 
Cost$ 

6 x 10 5 lb H 2 

36 in 

1.6 x 10 3 

.034 

7.3 x 10 2 

7.4 x 10 5 

18 x 10 5 lb H 2 

36 in. 

3.2 x 10 3 

.023 

14.7 x 10 2 

19.8 x 10 5 

36 x 1 0 5 lb H 2 

36 in 

5.1 x 10 3 

.018 

22.7 x 10 2 

37.5 x 10 5 

72 x 10 5 lb H 2 

36 in 

8.2 x 10 3 

.015 

37.5 x 10 2 

72.0 x 10 5 


a Based on liquid hydrogen value of 1 0 cents/lb. 
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FIGURE 3-30. DOUBLE WALL EVACUATED SUPER-INSULATION STORAGE SYSTEM 
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3.4.2 UNDERGROUND STORAGE OF LIQUID HYDROGEN 

The following paragraphs are presented for technological and background information purposes 
only. No cost information nor definitive heat leak data is presented. Investigation of the possible use 
of underground storage requires detailed subterranean information as to type of earthen materials in 
the area, rock formation, etc. 

The investigation of various methods of underground storage in recent years was brought about 
primarily by the need to store liquefied natural gas (LNG) in large quantities. This need developed 
when it was discovered that LNG could economically be used for peak shaving purposes by utilities 
in the United States and for supplying base load requirements in foreign countries. Numerous under- 
ground storage facilities are now in use for the storage of LNG and more are in the planning and con- 
struction stages. 

Below ground storage systems, in general, exhibit some inherent differences from above ground 
storage systems. They are: 

( 1 ) Gradual freezing of the soil adjacent to underground storage areas causes lower temp- 
erature gradients than with above ground systems. 

(2) The frozen area also contributes some additional thermal insulating value beyond ar>v 
insulation which is applied. 

(3) Liquid spill problems are reduced due to the frozen earth wall surrounding the area. 

(4) Underground systems require more soil investigation and are more site dependent 
than are above ground systems. 

Most of the present underground facilities are in the capacity range of 285,000 barrels (approx- 
imately 12,000,000 gallons) or greater. This appears to be the range of greatest economic advantage. 
Underground storage for LNG has apparently been proven satisfactory in large volumes and is seeing 
increased use. 

The change from storage of LNG to that of liquid hydrogen is great since material requirements 
will differ due to the lower operating temperature. Also, the economics of liquid hydrogen storage 
will require insulation where LNG is stored without insulation. In addition a liner which is imper- 
meable to hydrogen gas will be required to prevent gas from permeating into the insulation. There 
should be no appreciable difference in the affect of the liquid hydrogen on the soil from that of the 
LNG, except for the fact that greater areas around the storage site will be affected due to the greater 
temperature gradient. 

The three variations of underground storage which have been investigated for LNG storage are: 

( 1 ) Frozen In-Ground Storage (Excavated Pit). 

(2) Prestressed Concrete Tank (Underground). 

(3) Underground Cavern Storage. 
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3.4.2. 1 Frozen In-Ground Storage 


The frozen in-ground storage system as shown in figure 3-3 1 is now in use for the storage of LNG. 
This system has shown an economic superiority to the other underground storage systems to date. It 
consists primarily of a large open pit with a ring of frozen soil which acts as the insulation and side 
walls. This wall is previously frozen through pipes which are installed around the perimeter. Brine 
or propane refrigeration is used to freeze the earth initially and the central unfrozen portion of ground 
is excavated. The roof is covered with an externally insulated steel cap and backfilled to either par- 
tially or completely cover the roof. Generally, only the roof and floor are insulated due to the prob- 
lems and added expense involved in insulating the walls. 

Advantages of this system include: 

( 1 ) Safety hazards minimized. 

(2) Ground heating not required. 

(3) The heat leak characteristics improve as the earth freezes. 

Disadvantages of this system include: 

(1) Frozen soil is not an effective insulator, therefore, boil-off will initially be quite high, 
unless insulation is added. Addition of insulation will complicate system and increase 
the cost of this method. 

(2) The system requires special soil conditions of water saturated silty clay or water sat- 
urated rock, plus a layer of rock or impenetrable soil directly below the projected 
base. 

(3) With liquid hydrogen temperatures, the soil would eventually be frozen for a consider- 
able distance from the tank. This could cause ground heaving in these areas so that 
foundations, pipelines, etc., would be affected. 

3.4.2. 2 Prestressed Concrete Tank Storage Systems 

There are two types of concrete tank storage systems. One type of system employs external in- 
sulation while the second type of system utilizes internal insulation. The following paragraphs give 
in detail these two types of systems. 


3. 4. 2. 2.1 Externally Insulated Prestressed Concrete Tanks . — The externally insulated prestressed 
concrete storage system as shown in figure 3-32 has been investigated for the storage of LNG. It 
incorporates a concrete ring wall prestressed and poststressed in the circumferential and vertical dir- 
ections, lined with a liquid barrier, and covered with an insulated dome roof. It can be placed totally 
or partially in-ground. It is constructed in a manner similar to above ground single wall tanks in that 
the tank walls are supported on a concrete ring wall and the floor is placed over load bearing insula- 
tion which has been placed on a prepared subbase. Heating coils are normally required as in above 
ground tanks which are placed at ground level. Tanks of this type could be built for the sizes being 
considered in this study. 
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FIGURE 3-32. EXTERNALLY INSULATED PRESTRESSED CONCRETE TANKS 



The advantages of this type of construction are: 

(1) The heat leak characteristics improve as the surrounding earth becomes frozen. 

(2) Underground storage could improve the safety factor. 

The disadvantages of this type include: 

( 1 ) The concrete ring wall is in contact with the low temperature and the temperature 
drop across the wall is relatively high. This requires greater prestress loads since lar- 
ger stresses are induced in the wall due to this temperature differential. This also 
requires that a controlled cooldown rate be maintained since cold shocking with liquid 
hydrogen could fracture the wall. The cooldown loss would be high since the large con- 
crete mass is cooled to a low mean temperature. 

(2) Tank shrinkage is greater since the tank wall is cooled to low temperatures with the in- 
sulation on the outside. If the insulation is made to follow the tank, the soil adjacent 
to the tank and not yet frozen will flow in and fill the void left by the tank shrinkage. 
After the tank has been in operation for a while this soil will become frozen. If the 
tank is then allowed to warm up the frozen soil ring will restrict this movement and the 
resulting stresses could crush the tank walls. The use of soil stabilizers or a layer of 
crushable insulation could help to solve this problem. 

(3) The insulation requires a vapor barrier to prevent soil moisture from migrating into the 
insulation and causing an increase in the thermal conductivity. 

(4) The insulation and vapor barrier must be rugged enough to take soil back-filling and 
soil pressures. They are also subject to attack by soil moisture and salts in the soil. 

(5) Heating coils are required to prevent floor upheaval of the tank and selected fill is re- 
quired along the sides to prevent ice lenses from forming. 

(6) A frozen soil zone will extend out from the tank so that the area must be kept clear of 
foundations or anything which would be adversely affected by the frozen condition. 
Heating coils could be used to limit this migration. 

(7) A liquid seal liner is required inside the concrete tank. This has been a stainless steel 
liner in the past. Invar liners which exhibit a low coefficient of thermal expansion 
(0.9 x 10' 6 in/in °F vs. 7xl0- 6 for 304 St Stl in the range 70°F to -420°F) are also 
available and would probably be used for liquid hydrogen tanks. The cost is high, 
however. The cost of the liner could be up to 40 percent of the tank cost from past 
experience. Laminate materials could probably be developed, however, which could 
lower this cost. 

3.4.2. 2. 2 Internally Insulated Prestressed Concrete Tanks . - Internally insulated concrete tanks as 
shown in figure 3-33 have become the most thoroughly investigated type for underground storage 
system of LNG. At present a 25 million gallon storage tank is being designed by Texas Eastern Trans- 
mission Company for the storage of LNG. This tank is insulated internally with rigid polyurethane 
foam located inside the concrete walls, floor, and roof. Individual boards 4 by 8 feet are used in three 
2*inch layers for a total of 6 inches. 
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FIGURE 3-33. INTERNALLY INSULATED PRESTRESSED CONCRETE TANKS 



Advantages of an internally insulated system would be: 

( 1 ) The internal insulation prevents large temperature differentials across the concrete 
wall. The amount of prestress and poststress required would not be as great and the 
wall could be slightly thinner since the temperature differential is a major factor in the 
amount of stress in the wall. 

(2) Tank cooldown can be faster since the insulation prevents extreme thermal shock in 
the concrete wall. 

(3) Concrete wall temperatures are higher. 

(4) The insulation system does not need added protection from external sources such as 
backfilling, soil pressure, or soil minerals. 

(5) Cooldown losses are lowered somewhat since the concrete mass is not cooled to as low 
a temperature as externally insulated tanks. 

(6) The effective thermal conductivity of the underground system will increase with time. 

(7) The tank wall helps to act as a vapor barrier although an additional vapor barrier is 
still required to gain an adequate perm rating. 

Disadvantages to this system are: 

(1) The tank has to be free to move in order to eliminate excessive bending stresses in the 
walls. 

(2) Requires heating coils to prevent soil upheaval plus selected soil backfill along the 
sides. 

(3) Soil investigation must be more detailed and successful operation of the tank is some- 
what site dependent. 

(4) A liquid and gaseous seal is required to prevent hydrogen from permeating the insula- 
tion system. This is not as critical as the above ground tanks, however, since the frozen 
soil will become an insulator and the detrimental effect of the hydrogen gas on the tot- 
al insulation value would not be as great as with an above ground tank. 

(5) The insulation and liner are subject to the hydrostatic pressure of the liquid hydrogen 
and the liner must be strong enough to withstand this pressure at the seams. 

3.4.2.3 Mined Cavern Storage 

This method of storage consists of a cavern mined in rock through an inclined passageway capa- 
ble of admitting trucks and heavy equipment, thereby cutting excavation costs to a minimum. The 
cavern as shown in figure 3-34 is supported by pillars which remain during the excavation. The pas- 
sageway is sealed with a liquid barrier and also a vapor barrier further up the passageway. This system 
has seen a slower development than other methods due to the fact that there is increased surface area 
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FIGURE 3-34. MINED CAVERN STORAGE 


due to the pillars which increases the heat leak into this storage system. The cost of excavating a cav- 
ern of this nature has historically been higher than the other methods considered due to the fact that 
the excavation method involved mining through a small vertical shaft and all equipment had to be 
disassembled to enter and leave the excavation area through this small access shaft. New methods 
of excavation have been developed which have lowered the cost. Efforts are being made to develop 
an insulation system to keep the heat leak within bounds. A test cavern for storage of LNG using the 
latest known methods is now being completed by the Institute of Gas Technology for the Lowell Gas 
Company of Lowell, Massachusetts.^ 

Advantages of an excavated cavern would include: 

( 1 ) Underground cavern storage would appear to be good from a safety standpoint. 

(2) Failure of the insulation system would not necessarily mean that liquid air could form 
since the vapor seal can be placed in the passageway at a point which is removed from 
the liquid seal or a double vapor seal could be employed. 

(3) Heating coils are not required since the rock is not subject to frost heaving as is the 
soil in which other storage systems are generally located. 

(4) Cavern storage could be designed to store liquid at higher pressures if there were some 
advantage to it. 

Disadvantages of cavern storage would include: 

( 1 ) Heat leak through an uninsulated cavern wall and the large surface area presented by 
the pillars would exclude an uninsulated cavern. This means that an insulation system 
with a hydrogen seal must be employed as in other systems previously discussed. The 
insulation and sealing of a cavern would appear to be much more difficult than for a 
smooth cylindrical surface such as would be the case with a cylindrical tank. Sprayed 
foam and a laminated liner would probably constitute the most simple system. A sys- 
tem using rigid urethane board insulation fastened to a framing system which, in turn, 
has been fastened to the rock wall has also been considered. 

(2) This system is definitely site oriented in that it requires a rock formation of suitable 
proportions. 

(3) The rock formation must be solid to prevent moisture and water from seeping into the 
area. Freezing of this seepage water could cause high pressures in the rock and promote 
cracks in the insulation system and eventually cause the insulation system to fail, thus 
increasing the heat leak considerably. 

(4) Natural phenomena such as earthquakes could cause complete failure of this system. 
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3.5 DISTRIBUTION OF LIQUID HYDROGEN 


Liquid hydrogen has four distinct methods for distribution on a large scale. Each of the methods 
has distinct characteristics that are reflected in the economic analysis of any composite liquid hydro- 
gen system. 

The four distribution methods are as follows: 

( 1 ) Truck T ransport 

(2) Railroad Transport 

(3) Marine Transport 

(4) Pipeline Distribution 

These distribution systems are described in the following paragraphs. 


3.5.1 TRUCK TRANSPORT 

Current liquid hydrogen systems characteristically have a small number of production facilities, 
and several remote usage points. Because of this fact, overland transportation employing truck trans- 
port has been the primary method of distribution. Use of truck transport has provided vast flexibility 
in these existing liquid hydrogen systems. 

Future large scale hydrogen systems will incorporate a set number of large volume use points and 
several comparatively small volume use points. To supply liquid hydrogen to the large volume use 
points, associated large scale production units would be constructed, or possibly a hyper-large produc- 
tion unit centrally located. Considering the large volume use points, and associated large scale produc- 
tion units, it can be seen that these systems will require less overall flexibility as compared with present 
day production point-use point “networks”. However, reduction of system flexibility is offset by the 
fact that volume distribution requirements will be orders of magnitude greater than present day. It is 
felt that the present level of technology in truck transport is “sophisticated” with no major perfor- 
mance “breakthroughs” forecast. 

3. 5. 1.1 System Configuration 

Presently used semi-trailers transport liquid hydrogen in batch quantities over public roadways 
between production points and use points. Liquid hydrogen trailers so employed are best described 
as mobile storage tanks. Typically, such a storage tank consists of concentric inner and outer tanks 
separated by an evacuated space. Liquid hydrogen is carried in the inner tank and effectively insulated 
from the ambient by the annular evacuated space. 

3. 5. 1.2 System Capabilities 

System capabilities are determined by the numbers and capacities of semi-trailer units, and the 
distance that liquid hydrogen product must be transported. Gross capacities of liquid hydrogen trail- 
ers are primarily governed by design restrictions imposed by vehicular law. In the U.S.A., for example. 
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current “standard” semi-trailer units have gross transport capacities of 7100 to 7700 pounds of hy- 
drogen. Practical “oversize” semi-trailer units range to 9600 pounds of hydrogen gross capacity. 

An advance design currently operating 8300 pound capacity unit is taken as representative of the 
future 10,000 pound capacity units from a design standpoint. Rapid fill-discharge and remote opera- 
tion capabilities make these units somewhat different from the standard over-the-road units. The a 
ditional instrumentation and flow capabilities provide that off-loading be accomplished in a few min- 
utes. Additional complexities introduced by these special units are easily offset by the time savings 
in respect to fill and discharge operations. 

Transportation distance is a characteristic basic to system capability. Truck transport, railroad, 
and marine transport will likely be responsible for distribution in those cases where pipeline becomes 
impractical. Design and safety technology have been developed so that long distance truck transport 
would be a safe, operational distribution system. No new developments are judged necessary or an- 
ticipated in this respect. 

The basic disadvantage with a truck transport system is that the number of semi-trailer vehicles 
in a given system could be quite large. For example, a single aircraft fueling could be equivalent to 
20 to 25 trailer loads at 10,000 lb each. A system solely dependent upon truck transport could in- 
volve complex and perhaps costly operation. 


3. 5. 1.3 Product Distribution 

Truck transport distribution system losses can be categorized as follows: 

( 1 ) Cool down losses 

(2) Steady-state heat leak equivalent losses 

(3) Transfer losses 


3 5 13 1 Cool Down Loss — Cool down loss is the amount of product cryogen required to refrigerate 
a trailer to equilibrium operating conditions. This amount of product is that vaporized in cooling the 
tank inner shell, the inner tank support system, the interconnecting piping, and the insulation. When 
all components reach thermal equilibrium, cool down is complete. 

Evaluation of trailer cooldown losses frequently becomes an academic exercise. In most cool- 
downs, the vaporized hydrogen is recycled to the hydrogen liquefier. The tank, a horizontal y orien- 
ted cylindrical configuration, is analogous to a transport trailer. It was determined that 600 to 720 
pounds of liquid hydrogen were consumed in the cooldown. That is, approximately 8 percent of t e 
nominal tank capacity was required to complete the cooldown.of a tank similar to a trailer. It is 
reasonable to assume that trailer cooldown would be completed in a fashion less rigorous than t is 
experiment. Thus, 15 percent of nominal trailer capacity is being taken as the cooldown loss, i.e., 
1500 pounds for a 10,000 pound capacity unit. 

The number of cooldowns that a trailer experiences in several years operating is extremely small. 
Considering operating experience with a whole fleet of 20 trailers, the average number of coo owns 


88 


is less than two per year. 33 For the purposes of this report, it is assumed that trailer cooldown aver- 
ages will be two per year, and that average cooldown losses will be 1 500 pounds per cooldown per a 
10,000 pound unit. This yields a unit cooldown loss of 3000 pounds of liquid hydrogen per year. 


3.5.1 .3.2 Steady State Heat Leak Loss — Steady state heat leak equivalent losses result from the reg- 
ular energy influx from the ambient to the contained liquid hydrogen in a trailer. The liquid acts as 

a heat sink for the energy influx by converting liquid to vapor in proportion to the energy flow. The 
equivalent liquid loss boil-off is primarily dependent upon the quality of the insulating medium and am- 
bient conditions. High level vacuum insulated trailers have high quality insulation characteristics com- 
pared to other insulation methods. Recent experimental measurements indicate that boil-off is equi- 
valent to 0.5 percent of nominal capacity per twenty-four hour day. The boil-off rate varies slightly 
with the actual level of liquid within the tank. However, 0.5 percent of capacity per day is a reason- 
able average to characterize the high level vacuum insulated liquid hydrogen trailer. 

It should be noted that the boil-off is not truly a “loss” when a trailer is in operation. The boil- 
off vapor is retained within the trailer tank, and permits “building” tank pressure over a period of 
time. Frequently, no gas is actually “vented” from a trailer between charging or discharging. At the 
discharge point, depending upon the receiving facility, gas may be vented, or truly lost. For the pur- 
poses of discussion, however, it will be assumed that the 0.5 percent of capacity is lost. 

In addition, it is considered that the boil-off rate is applicable to each day of the year, excepting 
a nominal two days per year for major maintenance. The two day exception corresponds to the refer- 
enced two cooldowns per year per unit. The boil-off rate applies to trailers when returning- empty 
from deliveries. Returning trailers (empty) are not truly emply, but carry a “heel”. The heel is an 
amount of liquid left in the trailer tank to maintain a cold condition. Thus, boil-off occurs with both 
full and empty tanks, basically all the time. Noting this, the yearly heat leak equivalent losses can be 
calculated as 0.5 percent of nominal capacity per trailer per 363 days per year, or 18,150 pounds per 
year per trailer for a 10,000 pound capacity unit. 

3.5.1 .3.3 Transfer Losses. - Transfer losses are associated with the operations of loading and off- 
loading a liquid hydrogen trailer. The losses may be considered as arising from two specific sources: 

( 1 ) Flash loss, including heat leak equivalent loss 

(2) Pressurization loss 

Flash Loss . - Flash loss relates to the fact that the liquid hydrogen as stored or produced ex- 
ists at a saturation pressure somewhat higher than the saturation pressure of the product in the loaded 
condition on board the trailer. Typically, liquid stored or produced has a saturation pressure of 3 to 
10 psig. Liquid on board a trailer, however, generally has initial saturation pressures of less than 3 
psig. The liquid arriving at the trailer, then, is superheated and not in thermal equilibrium with the 
trailer pressure. In order to establish equilibrium, spontaneous ‘‘flashing” (vaporization) of the liquid 
takes place. The liquid continues to vaporize until the saturation temperature of the liquid-vapor 
mixture corresponds to the saturation pressure in the receiving trailer. The amount of liquid that va- 
porizes and bacomes “flash vapor” is that amount of product considered as flash loss. 

Further, flash losses are increased due to the energy influx to the liquid as it moves to the trailer 
from storage or plant. The energy input results directly from ambient heat leak through the insula- 
tion of the transfer piping. This energy input results in the vaporization of a portion of the transfer- 
ring liquid. To evaluate the magnitude of the heat leak equivalent loss, it is necessary to understand 
(or assume) characteristics of the transfer piping between the plant or storage and the trailer. 
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I'wo cases are considered in order to demonstrate the significance of flash losses. These cases 
are shown in table 3-10. 


TABLE 3-10. FLASH LOSSES 


Item 

Case I 

Case II 

Flow Rate - (Out of 
Storage of Plant) 

600 Gal/Min (Approx. 
250 T/D) 

6000 Gal/Min (Approx. 
2500 T/D) 

Apparent Operating 
Pressure Drop 

1 .0 psid 

6.0 psid 

Trailer Pressure 

1 .0 psig 

1.0 psig 

Transfer System 
Heat Leak 

1410 Btu/hr 

1410 Btu/hr 


Considering one pound-mol of hydrogen as it transfers from the plant or storage to the trailer, 
the First Law of Thermodynamics can be written in simplest form as: 


h h Q 

Trailer = Storage + Heat Leak 


Evaluation of the First Law is: 

Case I 

Storage = 2240 Btu/lb mol (Saturated liquid at 2.0 psig) 

Q Heat Leak = 1410 Btu/hr/600 gal/min= 0.013 Btu/lb mol 
Nrailer = 2240 Btu/lb mol + 0.013 Btu/lb mol « 2240 Btu/lb mol 
trailer Vapor = 2614 Btu/lb mol (Saturated vapor at 1.0 psig) 
h Trailer Liquid = 2238 Btu/lb mol (Saturated liquid at 1 .0 psig) 


Now 


, h h 

Trailer liquid + X ( Trailer vapor - Trailer liquid) 

= h 

Trailer, 

Where X = pound-mol vapor/pound-mol vapor-liquid mixture, 

X = ( 2240 - 2238~> pound-mol vapor = q.00525 P oun d-mol va p o r 
(2619 - 2238) pound-mol mixture pound-mol mixture 

and 1-X = 0.99475 pound-mol liquid/pound-mol mixture. 

This yields a flash loss of 0.525 percent for Case I, and a flash loss of 2.85 percent for Case II. 


Or 
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For purposes of evaluation, a standard flash loss of 4 percent of nominal semi-trailer capacity is 
suggested here. This loss is projected as typical of that which might be expected from a 5 psig pres- 
sure drop system. In terms of the 10,000 pound semi-trailer units, a flash loss of 400 pounds would 
be expected for each loading. Further, it should be noted that the loss is identified only with the 
“on loading” of the semi trailer units. An “off loading” loss would be expected at the using agency. 
However, the using agency loss normally is accounted for in that agency’s liquid hydrogen require- 
ments. 


3. 5. 1.3 .4 Pressurization Loss— Pressurization losses are those losses associated with the generation of 
gas required to provide pressure for transfer of liquid from storage to the trailer. Typical current op- 
erating techniques at one plant include filling trailers from one of two storage tanks while “making” 
liquid hydrogen into the other. Facilities, in general, do have the capability of making directly into 
trailers, but this is not usually the desired way of operating. For purposes herein, it is assumed that 
all loading of trailers is done from storage. As with the ullage vapor build up in trailer traveling be- 
tween points, the pressurization gas is not always truly lost. In certain cases, the pressurization gas 
is withdrawn as the storage tank is replenished with liquid, the gas so withdrawn being returned to 
the production facility or routed elsewhere. However, many installations simply vent the tank gas 
and do not reclaim it. The worst case approach is taken here, i.e., the pressurization gas is considered 
as truly lost. 

Depending on facility operating characteristics, pressurization gas will be at pressures just slight- 
ly higher than the tank saturation pressure, or significantly higher. The better operating technique 
is that of having just slightly higher pressure operating gas. This results in less heat and mass transfer 
at the liquid-vapor interface. Several evaluations have been made of pressurization techniques.29,3 1 ,32 
In those cases, relatively high pressure hydrogen gas was used. Typical pressurization gas requirements 
were experimentally determined, and are shown in table 3-11. 


TABLE 3-11. PRESSURIZATION GAS REQUIREMENTS 


Gas Pressure 

Gas Inlet Temperature 

Gas Required/Liquid Transferred 

58.1 psia 

517°K 

1.24 pounds/99.8 pounds 

56.8 psig 

5.2°K 

1.76 pounds/98.1 pounds 

45.0 psia 

200°K 

2.81 pounds/254.7 pounds 


In the actual operation of a pressurization system, it is likely that a 300°K inlet temperature 
would result. In view of this, the value of 2.81 pounds pressurization gas for 254.7 pounds discharge 
is analogous to an actual operation at a facility. This data yields a pressurization requirement of 1 .08 
percent. Since all of the data is tenuous, it is assumed here that 1.5 percent is actually representative 
of the pressurization loss. 


3.5.1 .3.5 Summary of Losses. — In summary, then, Product Distribution Losses may be as listed for 
10,000 pound capacity units: 
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Item 


Product Loss 


Cool Down Losses 3000 pounds per year per trailer 

Steady State Heat Leak Equivalent Losses 18,150 pounds per year per trailer 
Transfer Losses 

Flash Losses 400 pounds per trailer loading 

Pressurization 150 pounds per trailer loading 


Absolute amounts of loss encountered in a truck transport distribution system would be depen- 
dent upon the number of vehicles and scheduled loading frequency. The unit quantities shown can 
be employed to determine these absolute amounts. 


3. 5. 1.4 Cost Elements 

Two basic modes of operation of truck transport systems are projected to be incorporated in 
future liquid hydrogen systems. In one system the semi-trailers and tractors are owned, operated, 
and maintained as an integral part of the liquid hydrogen facility. In the second system the semi- 
trailers are owned, operated, and maintained by the liquid hydrogen facility with the hauling of the 
units being contracted to a separate agency. This second mode of operation separates the trucking 
service from the cryogenics facility. 


3 5 141 Capital Investment - In the tractor service method of operation, capital investment is that 
associated only with the semi-trailer units. Capital associated with piping, connection bases, and other 
facility supporting equipment is accounted as a part of the facility capital investment. 

It is projected that unit capital investment will be independent of the number of units procured 
at a respective location. This results from the fact that a large number of units will be produced initi- 
ally. Developmental costs can be correspondingly distributed over the large number of units. Future 
developments, however, may in fact result in alternate types of semi-trailers being developed. Although 
it is not forecast herein, special equipment for a given location may be required. If this were the case, 
the analysis based on uniform capital investment for 10,000 lbm capacity units considered for this 
study would be invalid. A special evaluation would be required. 

In particular, capital investment data presented herein relates to 10,000 lbm capacity units with 
semi-remote operating, fast unloading capabilities. Experience with the previously mentioned 8300 
lbm capacity semi-remote operating unit has been reviewed. Extrapolating the experience to quantity 
production of the 10,000 lbm capacity semi-remote operating unit, it was felt the larger units would 
reflect a capital investment of 1 30 to 1 50 percent that of standard units of similar capacity. For pur- 
pose of this study it is projected that the 1 0,000 lb capacity units would have a capital investment 
1 50 percent of that for standard units. 

Data regarding costs of currently operating liquid hydrogen semi-trailer units hold to no particu- 
lar pattern. Further, much information regarding costs of such equipment is held confidential by res- 
pective manufacturers. This has not led to a thorough evaluation of capital costs. 
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As an example, accumulated data of recent months is presented in table 3-12. 


TABLE 3-12. COST DATA 


Semi-Trailer Description 
(all MLRS 
Standard Design) 


Nominal Capacity 

Operating Pressure 

Aver. Capital Investment 
Adjusted U.S.A. 1966 $ 

5900 pounds 

100 psig 

1 10,000/unit 

4720 pounds 

50 psig 

87,000/unit 

7700 pounds 

50 psig 

85,000/unit 


It is projected that a reasonable estimate for capital investment for the 10,000 pound units 
(standard design) might be $100,000 each. Considering this number as a base cost, the capital invest- 
ment for the projected 10,000 pound capacity, semi-remote operating units would then be $150,000 
each. This value is thus proposed as the unit capital investment to be considered for truck transport 
distribution of liquid hydrogen. 


3. 5. 1.4.2 Operating Costs . - Two specific explanations of operating costs are related to the “tractor 
service” method of operation. A freight rate is applicable to the labor and equipment used in the 
hauling of the semi-trailer units. The second set of costs are those related to maintenance costs asso- 
ciated with the semi-trailer unit itself. 

Considering the first set of costs, current U.S.A. practice is for regulatory agencies to establish 
unit fees of rates for common carrier firms providing transportation service to the LH 2 facility. Cur- 
rent rates based upon U.S.A. LH 2 facility operations range from $0.26 to $0.44 per hauling mile. 
Although the rates are set by regulatory agencies, they reflect all of the tractor service costs including 
profit for the hauling agency. These approved rates are negotiated between the shipper and carrier 
and filed with the regulatory agency for approval. In this sense, then, it is reasonable to project an 
analogous fixed rate that is associated with the 1 0,000 lbs capacity units. 

For purposes of this study, a rate of $0.44 per hauling mile is being taken. The jate is applicable 
to the U.S.A. locations. Adjustments of the rate would be made elsewhere to reflect various geographic 
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locations. It is noteworthy that a large portion of the stipulated Results ^tefiould Tesult 6 ' How- 
other governmental fees. With relief from these burdens, significantly rates . cou ^ r ® ^ ' 

ever, the rate of $0.44 per hauhng mile is taken as a representative working base for this tu y. 

The second set of costs is that related to maintenance of the semi-trailer units j^Themji^n^ 
costs include insurance, dispatching, repair, inspection and other costs generally 
ation readiness of the semi-trailers. Industry practice is such that the aggreg 7100 and 

generally prorated on equipment use mileage. Considering recent ILS. experience 
7700 lb capacity units, maintenance costs range to $0.10 per mile. e proj rornn i e xitv It 
ating 10 000 lb capacity units will have an inherently higher degree of mechanical complexity It 
would be thought 1 Shat this degree of complexity should increase maintenance costs However it must 
be noted that respective fleets in future systems will incorporate greater numbers of units. Here, 
economy from numbers should be realized. 

It is projected tnai me aggregate maintenance cost components will be $0.06 per operating mile. 
Thus a toW operating cost o“ o' 5 0 per vehicular mile is projected for a future truck ransport sy* 
tern. This means that a 200 mile distance between production and use point ^wouid result in $0. 
operating cost per nominal pound capacity, based on a round trip for a 10,00U lb umt. 

3.5.2 RAILROAD TRANSPORT 

1 inuid hydrogen systems currently employ railroad transport as one type of product distribution. 
The degree of application of this distribution method, however, is relatively sma wen ^ornpar ^ 
with other distribution systems. It is projected that radroad ^ PP between 

in future systems. It is conceivable, for example, that a special the route 

SlnX" da/employment of railroad transport is limit- 

ed, much of the material presented must be taken as conjecture. 

3.5.2. 1 System Configuration 

It is not anticipated that future rail cars will differ basically from those currently in operation. 
Respective sizes (capacities) may increase, but no change in basic design and construction is foresee . 
{movement in manufacturing technique may result as production .of mo me units proceeds. Thrs 
type of improvement will be reflected, primarily, in unit cost of the rail cars. 


3. 5.2. 2 System Capabilities 

Two major, inter-related factors define the system capability of railroad transport One of the 
factors is simply the unit capacity of the rail cars. This capacity, owerer, ‘t, t tiveness of 
second factor that is the railroad routings to be used in rarhoad ^^^^UcSn of 
these two factors in current operations is in part responsible for the relatively smau a PP 

railroad transport for liquid hydrogen. 

Railroad operations currently in the U.S.A. are such tlut no mhomicm' Mi^exo^d^widfi^of ^ 

1 0 ft 8 inches. This restriction is imposed so that railroad rolling stock ca g 
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as built or proposed in accordance with current design practice. Further, for long railroad cars (cars 
having truck centers separated by more than 51 ft 3 in), the car width must be reduced accordingly. 
The width reduction must be that no part of a long car displaces more than 5 ft 9% inches from the 
truck center line in negotiating a 1 3 degree turn. A car built within these restrictions will be able to 
negotiate most U.S.A. railroads without special routings. Here, then, the effect of railroad routing is 
apparent; tank design (capacity) must be that the rail car can be routed over the U.S.A. railroad net- 
work. 

Railroad routings also have a second effect upon railroad transport. The effect is that resultant 
from lengthy, often devious, routes of travel necessary to move a railcar from one location to another. 
Frequently, several days of travel time are required for a specific liquid hydrogen railcar in transit 
between two points. It is likely that a large fleet of railcars would have to be “oversized” to cope 
with the unpredictably long periods of travel. Liquid hydrogen, as a product, becomes costly as time 
between production and use is increased. This results from losses that must be provided for by over 
production. 

Capacity of liquid hydrogen railcars could vary so long as the basic restrictions as imposed were 
not violated. Current operating stock has been developed to the point that capacity beyond that now 
used would likely result in violation of the present restrictions. In other words, present vacuum jac- 
keted super insulated units are as large as possible under the current circumstances. These units, 
nominally of 17,000 pounds capacity, are in use for transcontinental movement of liquid hydrogen 
in the U.S.A. 

As with truck transport, safety aspects of railroad transport are well understood. No specific 
problem relating to safe operation of this equipment is foreseen at this time. 

It is projected that future railroad transport distribution systems could not economically func- 
tion in accord with the current framework. Rather, it is expected that specific new railroad routes 
would be developed to directly serve the needs of the liquid hydrogen facilities as required. In the 
process of developing the new railroad routes, railroad engineering concepts would be devised such 
that larger capacity rolling stock could be used. It is difficult to project, in this instance, how large a 
capacity unit would be desirable. Conceivably, the units would be double present capacities. As an 
example, capacity of 25,000 pounds is assumed for the future railroad cars. Data based on this capa- 
city will be developed in the following paragraphs. 


3. 5. 2.3 Distribution Losses 

All of this can be evaluated in a fashion analogous to that presented for truck transport. Detail 
information presented in paragraph 3.5. 1 .3 is not repeated herein, but reference to that data is made 
as it applies to railroad transport. 

Railroad transport distribution losses can be categorized as: 

( 1 ) Cool down losses 

(2) Steady-state heat leak equivalent losses 

(3) Transfer losses 
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3. 5.2.3. 1 Cool Down Losses. - It has been noted that the railcar unit is analogous to the truck unit 
with respect to the storage tank. In view of this, cool down losses developed for the truck transport 
are being projected for the railcars. The cool down loss, then, is taken as 1 5 percent of nominal rail 
car capacity, or 3 7 50 pounds for a 25,000 pound unit. 

Similarly, the annual number of cool downs per railcar is being taken as 2 per year. No real op- 
erating basis exists to support this number, but indications are such that railcars should perform as 
well or better than the semi-trailer units. Thus, two cooldowns per year can be viewed as a conserva- 
tive number. In turn, this yields an annual cooldown loss of 7500 pounds per year per unit. 


3. 5.2.3. 2 Steady State Heat Leak Loss. - Again the analogy between the truck transport and railroad 
transport can be drawn with regard to steady state heat leak loss. It has been suggested the railroad 
transport loss rate would be 0.3 percent capacity per day. This compares with a corresponding loss 
rate of 0.5 percent capacity per day for truck transport. Support for the rail transport’s lower loss 
rate is non-existent, but the speculation stems from anticipated improved heat leak characteristics of 
the larger capacity railcar tanks. It should be noted, however, that “beefier mechanical design of 
the rail units could in fact result in poorer heat leak characteristics of the larger units. Thus, without 
any firm data, the value of 0.5 percent capacity per day can be taken as qualitatively representative. 

Considering the 0.5 percent capacity per day loss, then, an annual loss of 45,375 pounds is pro- 
jected for a 25,000 pound capacity railroad transport unit (363 days). 


3.5.2.3.3 Transfer Losses. - Transfer losses could be analyzed for railroad transport systems in a 
fashion corresponding to that for truck transport. However, it is expected that equipment and atten- 
ded losses considered for the truck transport system would be the same for the railroad transport 
system. For a detailed development of loss data refer to paragraph 3. 5. 1.3. 3. 


3. 5. 2. 3. 4 Summary of Losses. - In summary, the losses projected 
are: 


Item 

Cool down losses 

Steady state heat leak equivalent loss 
Transfer losses 
Flash 

Pressurization 


for 25,000 pound capacity units 

Product Losses 

7,500 pounds per year 
45,375 pounds per year 
1 ,000 pounds per railcar loading 
1 ,000 pounds per railcar loading 
375 pounds per railcar loading 


3. 5. 2.4 Cost Elements 

To date, six liquid hydrogen railcars have been put in service in the U.S.A. Cost elements of 
capital investments and operating costs for future systems is not easily projected based on the limited 
present operation. Following estimates of cost elements must be considered as conjecture. 
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3. 5. 2.4.1 Capital Investment — Cost data relating to the six liquid hydrogen railcars presently opera- 
ting has not been obtained from the manufacturer. Such information is currently considered propri- 
etary. Economic analysis have estimated the average cost to be $140,000 per unit. The units are 
standard design, 17,000 pound capacity. 


The projected units to be used in future systems would be of the semi-remote operating design, 
25,000 pound capacity. Noting the above capital investment, an approximate value of $200,000 cap- 
ital investment would be projected for a 25,000 pound capacity, standard design unit. This value re- 
sults from approximate direct scaling based on capacity. For truck transport, a semi-remote operating 
unit was valued at 1 50 percent that of the standard units of the same capacity. In considering the rail- 
road units, the corresponding factor is postulated to be 125 percent. Thus, the capital investment as- 
sociated with the semi-remote operating, 25,000 pound capacity unit is taken as $250,000 each. 


3. 5. 2.4.2 Operating Costs — Operating costs for the railroad transport system can be divided into 
two categories: 

(1) Freight 

(2) Maintenance 

Railroad freight tariffs in the U.S.A. are established by governmental agencies (ICC). Established 
rates reflect costs and reasonable profits for respective carriers handling a given commodity between 
two points. Rates established for current liquid hydrogen operations are not complete enough to cite 
as future costs. Estimate per mile rates range linearly $1.25 to $0.50 corresponding to travel ranging ' 
50 to 1000 vehicular miles. These rates are based on vehicular mileage. The rate for the round trip 
of a given unit would be based on the total mileage covered by the unit in making the round trip. 


Maintenance costs are projected as being approximately the same as that for truck transport. 


As an example, consider distribution of liquid hydrogen over a distance of 200 miles. For this, 
the linearized freight rate would be $0.97 per mile (400 miles), or a total operating cost of ($0.97 + 
$0.06) per mile = $ 1 .03 per mile. Considering the 25,000 pound capacity units, the unit operating 
cost would be $0.0155 per nominal pound capacity. 


3.5.3 MARINE TRANSPORT 


The regional or local distribution of liquid hydrogen by marine transport has been employed in 
servicing NASA’s Mississippi Test Facility. Long distance marine distribution, on the other hand, has 
not been undertaken for liquid hydrogen. However, other cryogenic products, including liquefied 
natural gas, presently are distributed by long distance marine transport. 
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Experience to date has not been satisfactory for the local distribution of liquid hydrogen by 
marine transport. The existing liquid hydrogen marine units, which consist of 160,000 pound capa- 
city tanks mounted on modified barge hulls, are towed between respective production and use points. 
In this operation the hydrogen barges serve as storage and distribution equipment. Overland transport 
and additional storage equipment would have been a better distribution-storage system for the facility 
because of costly long delivery time due to the awkward movement of the barges in the channel. The 
economics of regional or local movement of hydrogen product at the different sites will require very 
detailed evaluations of marine distribution systems. 

Long distance transportation of liquid hydrogen may, however, prove to be extremely beneficial 
to the hydrogen program. For example, it may be economically feasible to construct a large liquid 
hydrogen facility near an abundant raw material source such as a natural gas field. There the produc- 
tion cost of the liquid hydrogen would be substantially lower than costs at some of the proposed pro- 
duction sites (i.e., New York City). One possibility is to produce liquid hydrogen in the Venezuelan 
gas fields and transport product hydrogen from Curaco to New York and Sao Paulo. The merits of 
this method take on added significance in the event numerous use points for liquid hydrogen and other 
cryogenic products would develop along the East Coast of the U.S.A. Shuttle service from such a cen- 
tral producing point may then become the most practical and economic system. 


3.5.3. 1 Ship Configuration 

To date no significant work has been done in design of liquid hydrogen marine tankers. How- 
ever, design of liquefied natural gas tankers, the forerunners of LH 2 tankers, has been progressing rap- 
idly. Some design problems which must be overcome for cryogenic vessels include special tank insu- 
lation requirements, structural design and ship stability. The density of LH 2 is 4.42 lb/CF, LNG is 
26.5 lb/CF and oil about 56 lb/CF which greatly affects design of the respective vessels. In addition, 
the proposed employment of these mammouth LH 2 or cryogenic vessels in the post- 1980 tanker fleet 
will generate investigation of other design concepts such as hydrofoil or ground effects principles. Use 
of boiloff liquid for propulsion fuel versus reliquefaction and return to storage must also be evaluated 
in ship design. 

Two future marine cryogenic transport configurations can be visualized. One would be a vessel 
designed exclusively for liquid hydrogen cargo. This ship would be a large barge-type vessel with nu- 
merous modular storage tanks. The second configuration would be a huge conventional type ship 
with multi-purpose modular storage tanks. This ship would have the capability for transporting a 
variety of cryogenic fluids simultaneously, providing flexible use of the vessel. 


3. 5. 3. 2 Ship Capacity 

Projections for tanker ship capacity in the near future have been increasing rapidly. One projec- 
tion indicates oil tanker capacity of 500,000 tons in the 1970 period. This tanker would be a “super 
barge” capable of sustaining a sea cruise speed of 17 knots. Based upon the dimensions proposed for 
this tanker, a liquid hydrogen tanker with a capacity of approximately 25,000 tons or larger could be 
projected. 
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3. 5. 3. 3 Distribution Losses 


Cooldown losses will be essentially negligible for the marine units. A residual amount of liquid 
will be kept in the modular storage tanks. The heel will maintain the cold condition of the storage 
units. These tanks, except for rare isolated instances, are cooled down only once, that being when put 
in service. 

Steady state heat leak loss can be evaluated with respect to facility storage equipment. It is ex- 
pected that steady state heat leak losses for marine transports will be somewhat higher than facility 
loss rates. The marine tanks would have loss rates of up to 0.04 percent per day. Based on a nominal 

25.000 ton capacity unit, the daily heat leak loss would be 10 tons per day. 

Transfer losses are dependent upon an understanding of the overall marine transport system. 
Transfer loss calculation can be assumed comparable to pipeline distribution loss. 

3. 5. 3. 4 Cost Elements 

Capital investment for a marine distribution system can be estimated based on current cost data. 
For example, the famed Torrey Canyon had an estimated capacity of 36,000,000 gallons of crude oil 
or about 850,000 barrels with a cruise speed of 1 7 knots. She was listed as the 1 3th largest merchant 
ship in 1967 with an investment of 16.5 million dollars and a crew of 36 men. The largest tanker a- 
float is reportedly the Idemitsu Maru at 1 20,000 tons or twice that of the Torrey Canyon. LNG tank- 
ers including the Methane Progress and Methane Princess with capacities of about 1 80,000 barrels are 
presently in service. The proposed Phillips-Marathon venture in the Alaskan gas fields will utilize two • 

450.000 barrel LNG vessels at an estimated total cost of $43 million. Based on scaling the Torrey 
Canyon investment by the ratio of ship size to the 0.7 power, yields an equivalent investment of about 
$10.6 million for a 450,000 barrel oil tanker. LNG tanker costs are presently, therefore, about twice 
the cost of oil tankers in this size range. Assuming LH 2 tankers will require correspondingly larger in- 
vestments than LNG tankers, perhaps by a factor of 1.2, would yield a cost of $26 million for the 

450,000 barrel or 1 1,000 ton capacity LH 2 tanker. Assuming the 0.7 power is an appropriate scaling 
factor, then a 25,000 ton LH 2 vessel would cost about $46 million. Other capital requirements in- 
clude harbor facilities, tanker loading and unloading facilities, and storage facilities which will vary for 
each proposed system. 

Operating cost data will include crew’s wages, overheads, maintenance and repair, stores and 
supplies, subsistance, port charges, ship insurance, taxes, fuel and miscellaneous costs. These costs 
will vary depending on ship and system size. 

Detailed cost data for marine distribution systems is not considered to be within the scope of 
this project. However, it is apparent that a detailed analysis of this type of LH 2 production and dis- 
tribution method may provide very low cost LH 2 especially if multi-air terminal sites are to be ser- 
viced. 

3.5.4 PIPELINE DISTRIBUTION 

Liquid hydrogen systems generally incorporate pipelines in one or more product transfer func- 
tions. Future systems will certainly employ pipelines for inplant transfer and, in certain instances, 
will employ pipelines as the primary volume distribution device. It is necessary to comprehensively 
understand pipeline distribution since it will be incorporated in future liquid hydrogen systems. 
Characteristics of the pipeline systems will have major effects upon other portions of the overall 
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liquid hydrogen system. The product losses associated with pipeline distribution must be accounted 
for by production “oversizing”, this requiring significant additional capital and operating costs. 

Historically, much concern has developed about the type of pipeline for a given system. Effort 
generally is expended reviewing all available methods for the liquid hydrogen application. e a a 
presented details the qualifications of various methods for liquid hydrogen service. Further, cost a a 
is developed so it will be possible to evaluate economics for distribution of liquid hydrogen by pipeline 
or other means. 


3. 5.4.1 System Configuration 

Several types of pipeline can be considered for application in liquid hydrogen systems. As with 
storage equipment, basic differences between the various pipeline types relate to respective insulation 
techniques employed. Also, provision for expansion and/or contraction in the respective pipeline 
systems is a source of other basic differences. 

The types of pipelines considered for liquid hydrogen distribution can be classified according to 
insulation techniques. These classifications are: 

( 1 ) Uninsulated (no insulation, direct burial of pipeline underground) 

(2) Bulk-type insulated (fibrous glass, styrofoam, polyurethane foam) 

(3) Vacuum insulated (evacuated powder, high vacuum, superinsulated) 

All of these pipeline types have been incorporated in distribution systems for various cryogens. 
The respective pipeline systems as related to liquid hydrogen distribution are covered in the following 
paragraphs. 


3 5 4 1 1 Uninsulated Pipeline. - Uninsulated pipeline is frequently used in limited distance distri- 
bution of warmer cryogens. (Warmer cryogens have normal boiling points equal to or above that of 
liquid nitrogen.) Normally, transfer of warmer cryogen through an uninsulated pipeline results in at- 
mospheric condensation on the cold pipeline surface. If the cryogen temperature is lower than the 
normal boiling point of oxygen (* -297°F), oxygen enriched air condenses on the pipeline surface. 
The presence of the liquid air creates an extremely hazardous situation by providing a highly concen- 
trated oxidant for a combustion reaction. 

It has been suggested that direct burial pipeline could be utilized for liquid hydrogen distribution. 
The major problem that negates further consideration of this system is expansion and contraction al- 
lowances for the pipeline. For example, consider a one mile length of Invar pipe direct buned for 
liquid hydrogen distribution. Invar pipe, an extremely low specific thermal expansion material, wou 
exhibit an average contraction of 1 x 10' 6 ft/ft°F over the temperature range of ambient to liquid 
hydrogen level. The length of pipe would contract approximately 2.6 feet in the 500 F cooldown. 
Provision for movement of this type, plus heaving and other movement caused by the frozen earth 
layer, would make the direct burial method moderately complex. No further consideration ot the 
direct burial system is given in this report. 
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3. 5.4. 1.2 Bulk-Type Insulated Lines . — Bulk-type insulations have been used extensively in both 
high and low temperature applications. Cryogenic systems operating at, or above, liquid nitrogen lev- 
el have employed bulk-type insulated pipelines. Application of this insulation technique has not been 
pursued on a large scale for lower temperature cryogenic systems. 


Description of Insulating Materials. — The vapor barriers for liquid hydrogen application have 
not proved successful. Excepting metallic barriers (double wall pipelines), no satisfactory vapor bar- 
rier has been found for long term liquid hydrogen service. A major failing of many proposed vapor 
barriers is the effect of thermal cycling, that is, repeated pipeline cooldowns and warmups. Move- 
ments of the insulating material in the annular space result in movements or stressing of the vapor 
barrier. No further consideration of bulk-type insulating materials is given in this report. 

Insulating characteristics of the bulk materials are satisfactory for many cryogenic applications. 
However, certain other properties pose particular problems in liquid hydrogen distribution applications. 
For example, compatibility of the insulating material with liquid oxygen is prerequisite. Fibrous glass 
and some foam glass materials are now deemed liquid oxygen compatible. 


3.5.4. 1 .3 Vacuum Insulated Pipeline. — The basic characteristics of these vacuum insulated pipelines 
are: 

( 1 ) A metallic vapor barrier (outer pipe) 

(2) Reduced pressure (vacuum) in the annular space of the pipeline configuration 

This type of system, in varied forms, is the primary device employed currently for pipeline dis- 
tribution of colder cryogens, such as liquified neon, hydrogen, and helium. 


Vacuum Insulation Techniques . - Distinction among the various vacuum-jacketed pipeline 
systems lies with variations in the annular space insulating characteristics. 

One type of vacuum insulated pipeline system employs no insulating material. The residual gas in 
the annular space is evacuated until an extremely low pressure is achieved. By establishing the low 
pressure (hard vacuum), heat transfer losses by gaseous conduction and convection are minimized. 

The major component of heat transfer results from radiation between the two walls of the annular 
space. An amount of heat transfer can occur by conduction through mechanical paths connecting the 
inner pipe to the outer pipe. To further reduce radiation heat transfer, it is common to wrap several 
layers of metallic foil around the inner pipeline prior to assembly. 

The major problem with this insulation system is that of maintaining a suitable vacuum level. It 
is necessary to maintain a residual gas pressure of 10"^ millimeters of mercury, or lower, for an effec- 
tive vacuum insulation. 

A second type of vacuum insulated pipeline is that now generally termed as “Multi Layered Ra- 
diation Shielded” (MLRS) pipe. The basic configuration of this system is the same as described for a 
hard vacuum system. However, MLRS pipe generally employs several layers of reflective foil wrapped 
around the inner pipe. The layers, typically metallic deposit on one side of an insulating foil are 
wrapped until a desired number of reflectors are accumulated. The radiation heat transfer is approxi- 
mately proportional to the reciprocal of the number of reflective layers. Conduction heat transfer, 
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on the other hand, tends to increase as the layers are built up. 

Various manufacturers have proprietary methods of building the MLRS pipe. All of the varia- 
tions have exceptionally good heat leak characteristics, that is, low apparent thermal conductivity. 
At the present time, MLRS pipeline is the most often employed system used for direct distribution 
of liquid hydrogen. 


3. 5. 4.2 System Capabilities 

System capability is basically determined by the allowable volume rate of flow and associated 
pressure drops. In addition, energy influx heat leak to the flowing fluid is a major concern. Consid- 
eration will determine system economics and ultimately determine if pipeline distribution can be con- 
sidered practical. 

Calculations of flow characteristics of 1 0, 1 8 and 24 inches IPS have been made for comparison pur- 
poses. Calculations are based on liquid hydrogen properties for conditions of 30 psia and -423 F 
(subcooled liquid). It is expected that the 20 psid maximum allowable pressure drop in distribution 
would be consistent with other facility equipment and operation. Considering the 20 psid pressure 
drop in transfer, and a nominal facility production of 500 tons/day , distribution requirements are 
such that a one-day production must be transferred in a 12-hour period, over a distance of 75 miles. 
Consider the 75-mile distribution pipeline as being 400,000 equivalent feet in length. For this length 
and with an allowable 20 psid pressure drop, a unit pressure drop of 0.025 psid per 1000 ft equivalent 
is required. The nominal liquid hydrogen mass flow rate is 500 tons per 12 hrs or 1390 lbs per mm. 

It would appear that a 20 inch IPS inner line would be satisfactory, as shown in figure 3-35. 


3. 5.4.3 Product Distribution Losses. 

Pipeline distribution system losses are analogous to the transfer losses referenced in paragraph 
3.5.1 .3.3, Flash Loss, except as noted in the following paragraphs. 


3. 5. 4.3. 1 Flash Losses . — During the course of transfer, the liquid remaining in the storage tank will 
tend to warm up. The liquid will warm to a temperature level approaching the saturation temperature 
corresponding to the overhead saturation pressure (ullage vapor pressure). The liquid hydrogen, then, 
exists at a saturation pressure equal to or greater than the saturation pressure at the delivery point o 
the pipeline system. 

It is being considered that the saturation pressure change of the transferred liquid is in fact 20 
psid. It should be noted that the storage liquid, although pressurized 20 to 30 psia above initial sat- 
uration pressure, does not reflect immediately a saturation pressure characteristic equivalent to the 
ullage pressure. The liquid is in a subcooled condition and will slowly warm its saturation pressure 
toward the ullage pressure. Taking this approach, then, the transferred liquid enters the pipeline as 
a saturated liquid at delivery pressure plus the 20 psid differential. Now, further flash losses will oc- 
cur based upon the energy influx through the pipeline system walls. 

Heat leak is dependent upon the insulation characteristics of the pipeline system. Such charac- 
teristics, however, generally are proprietary information developed by various manufacturers. Certain 
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data that is available^ does not necessarily represent current designs. Calculations have been made to 
develop an amount of data for use in this report. Projections have been made based on specifications 
and design information for MLRS pipeline systems in liquid hydrogen service. 

Evaluation of heat leak for any hydrogen service MLRS pipeline requires consideration of indi- 
vidual components. The system components have been evaluated relatively with respect to heat leak 
characteristics of the pipeline joints. In simplest form, this consideration results in a series of heat 
transfer factors identifiable with the line components. The component heat leak characteristics can 
be ascertained from the knowledge of system joint heat leak values. 


Component Heat 

Transfer Factors 

Item 

Factor 

Joint 

1.00 

100 ft Line 

0.30 

Fitting (all) 

0.38 

Valves (all) 

5.00 


Future efforts will be directed toward reduction of heat leak characteristics of components. Data 
is graphically presented for respective line size joint characteristics in figure 3-36. This data is repre- 
sentative of average characteristics of currently manufactured equipment. 

Difficulty in understanding system heat leak characteristics is experienced since the values neces- 
sarily reflect a specific design. An attempt to generalize is here made to provide a simplified analysis. 
First, it is assumed that a cross-country pipeline can be considered in terms of two-mile increments. 
Further, each two-mile increment will be made up of components as follows: 

Standard Two-Mile Line Segment 


Item Heat Transfer Factor 


106-100 ft pipe 

106 x0.30= 31.8 

1 - valve 

1x5.00= 5.00 

106 - Joints 

106x 1.0 = 106.00 

30 - Fittings 

30 x 0.38 = 11.4 

Total 

154.2 


« 154.0 


The two-mile typical line segment has a characteristic heat transfer factor approximate value of 
1 54. Actual heat leak characteristics of a given line size can be determined from reference to figure 
3-36. 

The combination of the heat leak data and pressure drop related losses will permit tabulation of 
the system flash losses. 
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JOINT HEAT LEAK BTU/HR. 



FIGURE 3-36. JOINT HEAT LEAK BTU PER HOUR 


105 









3. 5. 4. 3. 2 Pressurization Losses . - The pressurization losses in a pipeline distribution system are ana- 
logous to the truck transport system as referenced in paragraph 3. 5. 1.3. 3, Pressurization Lo ss. 

3. 5. 4. 3. 3 Summary of Losses . - A general survey of losses cannot be made. An example of loss cal- 
culation is presented as a guide to establish the general calculational technique. 

(1) Distribution Requirements: 

Mass Flow - 3500 lb/min 

Distance - 16 miles (including expansion loop, etc.) 

Max. Allowable AP - 20 psid 
Exit Pressure (Saturated) - 3 psig 

(2) Pipeline Selection: 

Equivalent pipeline length of 97,000 feet, approximately 115 percent of actual line 
length. 

Thus ap/l = 20 psid/97,000 feet = 0.206 psid/ 1 000 feet 
See figure 3-35 

AP/L = 0.206 psid/ 1000 feet w = 3500 lbm/min 
Inner pipe size of 18-inches IPS is indicated. 

(3) Heat Leak Calculation: 

Unit Heat Transfer Factor is 1 54 for two-mile segments, or a total HTF of 2464 for 
the 16-mile pipeline. 

See figure 3-36, the joint heat leak for an 18-inch IPS line is 47 Btu/hr 
Thus, heat leak, Q, is 

q = 2464 x 47 Btu/hr = 115 ,808 Btu/hr 

= 1,930.1 Btu/min 

Transfer Losses (First Law of Thermo Dynamics) 

^exit - ^entrance + Q, 
or ^exit = ^entrance + Q/ w . 
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^entrance = 2270 Btu/lb mol 
(P sat = 37.7 psia 

h ent = h liq 25% para 
75% ortho) 


w = 3500 lbm x lb mol 

min 2.016 lbm 


Now 

h exit = 2270 Btu — 
lb mol 


+ 1930 Btu 7/ 3500 lb x lb mol N 

min A min 2.0161b/ 


and = 2270 Btu + 1.11 Btu ^ 2271 Btu 

lb mol lb mol * lb mol 

b exit “ b liq exit + x ^vap exit ' b liq exit), 

.". x = b exit - b liq exit 

b vap exit — b liq exit 

h va p exit = 2621 Btu/lb mol 

h liq exit = 2242 Btu / lb mo1 

(Sat. liq. — vap at 3.0 psig) 

or x = 2271 - 2242 = _29_ = Q 0767 
2621 - 2242 379 


That is a transfer loss of approximately 7.7 percent could be anticipated in this system. 


If straight vacuum-jacketed pipeline were used the heat leak would be thus, 
Q = 10 x 1.11 Btu/mol and 


x = 


39 

379 


0.104 


It can be seen that use of MLRS pipe results in substantially lower losses. Generally, the straight 
vacuum-jacketed line proves uneconomical due to increased losses. For this reason, only MLRS pipe 
can be considered for liquid hydrogen. 


Pressurization Losses 

As indicated, a value of 1.5 percent of nominal flow is taken. 
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Total Distribution System Losses 


Losses will calculate to 7.7% + 1.5 percent or a total of 9.2 percent of inlet. 

The presented example of the pipeline distribution information is for purposes of this report. 

A second set of conditions will be established for on-site pipeline distribution. That is, for those sit- 
uations wherein the hydrogen production is located adjacent to the aircraft fueling area, a pipeline 
distribution system would be utilized. In this instance, the pipehne system conditions are revised to: 

( 1 ) Mass Flow - Multiple values of 1 20 T/hr. (consistent with one aircraft fueling per hour 

or multiples thereof). 

(2) Distance - 2 miles (distance is storage to aircraft servicing manifold, but not mani- 

fold). 

(3) Max. allowable - 5 psid 

(4) Exit Pressure (Saturated - 3.0 psig) 

In a fashion analogous to the previous example, line sizes and associated losses have been calcu- 
lated. The values are shown in table 3-13. 


TABLE 3-13. LINE SIZES 


Mass Flow (T/hr) 

Line Size (in) 

Pressure Drop (psid) 

% Total Calculated Loss 

120 

18 

4.4 

4.0 

240 

24 

5.0 

4.1 


It should be noted that straight vacuum-jacketed line used in this example would yield total losses 
approaching 5.0 percent. 

For study purposes, on-site distribution total loss values of 5 to 7 percent could be anticipated. 

A value of 7 percent is being suggested for use in subsequent analyses. Further, the use of straight va- 
cuum jacketed line, in this application, could account for approximately 1 percent additional loss, or 
a total loss value of 8 percent. 


3.5. 4.4 Cost Elements 

Cost elements of capital investment and operating costs could be determined for an installed and 
operating pipeline distribution system. However, experience with currently installed pipeline distri- 
bution systems is that identifiable operating costs are vanishingly small in relation to operating costs 
for other parts of a given liquid hydrogen facility'. 
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In view of this, operating costs for pipeline distribution systems can be considered as incorpora- 
ted within the operating costs of other portions of the liquid hydrogen system. 


3. 5. 4.4.1 Capital Investment , — Significant historical data related to pipeline distribution of liquid 
hydrogen is not generally available. Data that is available relates to several specially designed and con- 
structed systems. The systems currently in service do not have distribution distances comparable to 
projected future systems. 

Capital investment analysis was made to provide a basis for pipeline distribution cost elements. 

A major premise was that of choosing a minimum system distribution distance of one mile. It was 
felt that systems of lengths less than one mile would result in premium unit costs. This has been dem- 
onstrated to some degree in the costs of various short distance systems compared with larger systems 
of the same line size. For lengths of one mile or more, the capital investment per foot of pipeline 
should remain essentially constant. 

A proportional relationship exists between inner line size and per foot capital investment for a 
specific manufacturer, i.e., for a given design. It would be expected that costs of future systems 
would be directly proportional to a diametric size, say, inner line size. All elements of construction, 
e.g., material, inches of weld, etc., are related in terms of diametric size. 

As a base, then, a 6-inch IPS inner line size pipeline system has been chosen. Historically, 6-inch 
IPS MLRS pipeline had installed costs ranging from $100 to $300 per foot of line. The higher costs 
are those associated with older, relatively short distribution systems. The lower costs, however, reflect 
more recently installed systems. Absolute projection of future costs for 6-inch IPS systems is not 
possible. A value of $90 per feet, however, is considered representative of future installed systems. 
Considering the diametric proportionality, it is suggested that the value of $ 1 5 per foot per diametric 
inch be taken. This value of $ 1 5 per foot per diameter inch is applicable to an Invar-stainless steel 
MLRS pipeline system. 

It should be noted that the investment related to a pipeline distribution system (local distribution) 
will be small related to overall system investment. In view of this, the absolute value of dollar per 
foot per diametric inch could be doubled with only a minor effect upon the end cost of liquid hydrogen. 
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Section 4 


LOGISTICS 


4.1 GENERAL REQUIREMENTS 

The plant requirements described in Section 3 identify the need for raw material and power. 
Potentially suitable commodities (if available at a competitively favorable cost) include coal, petrol- 
eum, natural gas, electricity, water power, water, uranium, and heavy water. It is the purpose of this 
section to summarize the raw material and power requirements for the various size and type liquid 
hydrogen plants. Also cited are their availability and assignment of, as accurately as possible, their 
contribution to the post- 1980 hydrogen cost. 

The rapid growth of world population, coupled with comparable increases in per capita consump- 
tion of energy, will place stringent demands on the energy market in the 1980 to 2000 period. The 
demand for fossil fuels will be most competitive, as will be the demands for fresh water. The increased 
demand will tend to drive the price of these commodities upward if the supply remains constant. This 
demand will also increase the incentive to find substitutes, more efficient use, and new sources, thus 
reducing unit costs of energy. The past levels and trends of production and consumption of poten- 
tial material resources are intended to show the background for projection of price trends of raw mat- 
erials. 


4.1.1 FOSSIL FUELS AND ENERGY 

Today, almost all of the energy consumed in the world is derived from fossil fuels. A small per- 
centage comes from water power and nuclear plants. Energy is consumed in four general and rapidly 
growing sectors of the economy; industry, transportation, domestic uses, and the electric utilities. 
Thus, aircraft fueling, as part of transportation, competes with these other sectors and is confronted 
also with rapidly growing automotive demands. It is generally estimated that world demand for ener- 
gy by 1980 will be more than twice today’s level.34 thru 38 With regard to fossil fuels, the need to ex- 
ploit marginal or less accessible geological and geographical deposits, plus more efficient use of this 
energy potential, will become even greater economic factors. 

At the present time, oil is the most widely used fossil fuel for energy. The use of natural gas is 
increasing most rapidly, and coal appears to be the most abundant from the standpoint of total re- 
sources. The knowledge that fossil fuel existence as natural resources is not infinite has supplied the 
incentive for the development and application of nuclear power sources, just as in the past (and con- 
tinuing today) geographical shortages of fossil fuels have stimulated the development of hydroelec- 
tric power. Ultimately, energy converted from nuclear and other known but undeveloped sources „ Q 
must displace fossil fuels if world population and attendant socia-industrial trends are to continue. 

To what extent these sources will be applied in the early post- 1980 period poses a difficult question 
in evaluating raw material and, more particularly, power costs for hydrogen fueling. Present indica- 
tions are that non-fossil fuel energy will make strong inroads on the electric utility sector which will, 
to some extent, alleviate fossil fuel demands in the domestic-use sector. However, if this results in 
expected lower-cost power, there will be greater demands for fossil fuels in the industrial and trans- 
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portation sectors. Complete evaluation of these cost effects depends to a great degree on proper as- 
sessment of the rate of change and the rate of technological development, which is difficult to pre- 
dict. It is anticipated that the fossil fuels, based on traditional and current trends, will continue as 
the major energy source in the near post-1980 period. However, any particular demand situation, 
geographical or otherwise, may swing the balance to a nuclear (or other) energy source; for example, 
the use of water as the feed stock to obtain hydrogen. 


4.1.2 WATER 

Although water is abundant throughout the world, the demand for fresh water in urban and other 
areas is becoming critical and creating severe supply problems. This increases the cost of water, since 
demand tends to outstrip supply. Therefore, a liquid hydrogen production facility may have to pro- 
vide its own water purification system, with attendant investments and operating costs, or pay an op- 
erating premium for makeup water. This demand for fresh water may provide an opportunity to com- 
bine a liquid hydrogen plant with a water desalinization system, and despite potential local scarcities, 
availability of raw water is not considered a logistics problem. 


4.1.3 NUCLEAR POWER RAW MATERIALS 

Materials such as uranium, thorium, and heavy water, which may be required for nuclear reac- 
tors, do not appear to be in great demand at the present time. The location of uranium deposits and 
their estimated magnitude are given in Appendix A. In the event that reactors requiring heavy water 
are to be considered for wide use, additional heavy water production plants will be needed. At the 
present time, however, existing heavy water plants have been idled for lack of demand. 


4 2 SPECIFIC REQUIREMENTS FOR LIQUID HYDROGEN PRODUCTION 

Raw materials required for hydrogen production can be assigned to four categories: 

(1) Fossil fuels - which can be used as feed stock, fuel, or for the production of power 

(2) Nuclear power raw materials - such as uranium, thorium, and heavy water used for the 
generation of electricity 

(3) Water - to be used as process water for cooling or as a source of steam. Demineraliza- 
tion of this water for use in electrolytic cells is included in investment and operating 
costs associated with that process. 

(4) Other raw materials required in lesser quantities; notably nitrogen, oxygen, and refrig- 
erants 

Of these, only the fossil fuels present a general problem in logistics; i.e., the movement of large 
quantities of material to the plant site. The movement of electricity generated at the mine mouth or 
at a hydroelectric site to the usepoint by high voltage transmission lines will pose logistic problems at 
several locations. 
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4.2.1 FOSSIL FUELS 


The annual fossil fuel requirements for each proposed liquid hydrogen plant location are shown 
in table 4-1 . Using current information, it appears that oil would be used as fuel in the steam reform- 
ing process because of the relatively high cost of gas at all tentative plant locations. The table was de- 
signed primarily to show the maximum effect of this program on the fossil fuel market at each locali- 
ty. Oil is assumed to be the fuel for power production, except at Johannesburg and Sydney where 
coal is favored. Actually, non-fossil fuel power generation is desirable in most instances. 


4.2.2 NUCLEAR POWER RAW MATERIALS 

In this report, uranium, thorium, or heavy water requirements for the nuclear power plants are 
considered part of initial investment or as replacement materials in operation costs rather than as raw 
materials. This method of consideration is most convenient since there is presently no substantial 
trade in these commodities. Quantities required are not categorized as bulk transport. Their delivery 
to the use-point would be in a purified and modified form such as fuel elements, which more closely 
resemble manufactured products than raw materials. 


4.2.3 WATER 

Although water requirements for process, cooling, and generation of steam are high, it is unlike- 
ly that water will pose a logistics problem, since it will undoubtedly be acquired locally. Therefore, 
water will be a principal factor in plant location. Water costs are, however, considered in subsequent 
paragraphs of this section. 


4.2.4 OXYGEN 

In addition to major raw material requirements for hydrogen gas generation, the partial oxidation 
and coal gasification processes analyzed for this study require oxygen. For partial oxidation, it has 
been more convenient to include the cost of the oxygen (air separation) plant as part of the overall 
hydrogen facility. Hence, the cost of oxygen is included as part of capital investment and operating 
costs. In the case of coal gasification, process cost analysis was simplified by treating oxygen as a raw 
material. 


4.2.5 REFRIGERANTS 

The liquefaction process for all locations embodies a cascade refrigeration cycle requiring nitrogen, 
methane, propane, and ethylene. If the partial oxidation process is employed, nitrogen is available for 
the liquefier from the air separation plant associated with that process. 


4.3 RAW MATERIAL AVAILABILITY 

The first factor to be investigated is the geographical distribution and magnitude of resources of 
coal, petroleum, natural gas, uranium, and water power. Will the increasing world energy demands 
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Natural gas feed stock requirements are based on pure methane. Correction to actual natural gas composition is also ne< 



exceed available resources or the technology of recovering them at acceptable costs? Are the resources 
located sufficiently close to the proposed liquid hydrogen plant sites so as to eliminate excessive trans- 
portation costs? Secondly, are the rates of production, consumption, exports, and imports (of fossil 
fuels and electricity in the country or vicinity of each hydrogen plant location) such that this program 
will not significantly alter the supply and demand balance or require special production and handling 
facilities? 


4.3.1 WORLD DISTRIBUTION OF RESOURCES 

Fossil fuels are of prime importance as a major source of energy for transportation. These fuels 
could be used also as a source of hydrogen and generation of electric power. 

Since fossil fuels are transportable at relatively reasonable cost, their availability can be considered 
on a world-wide as well as on a local basis. The same can be stated for uranium and thorium, but since 
they are not required in bulk, their transportation costs become comparatively insignificant. Water 
power, even when converted to electricity, needs to be relatively close to proposed locations in order 
to be economically feasible. The availability of fossil fuel resources has been cited in several ways, as 
given in Appendix A. 


4.3.2 PRODUCTION, CONSUMPTION, AND TRADE 

The level of production, consumption, and trade of raw materials and electricity for the world 
and the countries in which liquid hydrogen plants are suggested is shown in table 4-2. It also indicates 
whether an abundance or deficit of the commodity exists in a particular location. 


4.3.2. 1 World and Local Production of Coal, Lignite, Petroleum, and Natural Gas 

The historical production of fossil fuels from 1 948 to 1 964 are presented in tables 4-3 through 
4-6. These tables show not only the growth trends of each fuel, but also the relative levels of produc- 
tion in each of the countries for which liquid hydrogen plants have been suggested. In effect, table 
4-2 relates production to consumption in the countries of interest, thus indicating dependency on out- 
side sources for the various fuels to be considered in LH 2 production. The factors used in converting 
to coal equivalent using United Nations data is as follows: 

Coal Equiv. 

(Metric Tons) 


Coal, anthracite, or bituminous (metric tons) 1 .0 

Brown coal or lignite (metric tons) (France) 0.6 

Brown coal or lignite (metric tons) (other countries) 0.33 

Crude petroleum (metric tons) 1.3 

Natural gas ( 1 000 cubic meters) 1 .332 

Hydro or nuclear electricity ( 1 000 Kwh) 0. 1 25 
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TABLE 4-3. PRODUCTION OF COAL 
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TABLE 4-5. PRODUCTION OF NATURAL GAS 
(Cubic Meters x 10*) 


























4.3. 2. 2 Major Sources 


It is evident from analysis of table 4-2 that most countries in which liquid hydrogen plant loca- 
tions are being considered use more energy than they produce. This being the case, fuels are being im- 
ported from areas having an excess of one or more fuels. The major producers of oil, coal, and natural 
gas in 1 964 are shown in table 4-7. 


4.3. 2.3 Solid Fuels 

Primarily all Western European exports of solid fuels consist of interchanges between the Western 
European countries and themselves. Polish and Russian exports remain largely within the Eastern 
European block. The United States is the world’s major exporter of coal, exporting 45.4 x 10^ metric 
tons in 1964. Australia and South Africa exported 5x10^ and 3x10^ metric tons, respectively, 
which makes them economically feasible sources insofar as geography permits. 40.41 


4.3. 2.4 Crude Oil 

Oil comes from four main areas of the world: The United States, the Caribbean, the Near East 
(extending into North Africa), and Russia. Indonesian fields may become significant. Except for 
the United States, and to a lesser degree Russia, the oil-rich countries are relatively small consumers; 
hence, oil is far more available than coal in the world fuel market. The oil demand for large liquid hy- 
drogen producing plants could be readily met from a number of sources, with far less dependency on 
geography than in the case of coal.40>42 thru 49 


4.3. 2. 5 Natural Gas 

The trade in natural gas is presently almost non-existent, except for a modest amount flowing 
from Canada to thesUnited States. Future developments already being planned will include pipelines 
from Eastern to Western Europe, utilization of North Sea finds in Western Europe and the United 
Kingdom, and transport of substantial quantities of liquefied natural gas by tanker from fields to mar- 
kets in Japan, Western Europe, and the United States. -57,40 thru 50 


4.3.3 COMPARISON OF REQUIREMENTS WITH RESOURCES, PRODUCTION, CONSUMPTION, 
AND TRADE 

The comparison impact that hydrogen plant requirements will have on each country’s ability to 
supply the desired raw materials in light of their own resources or their 1 964 trade is shown in tables 
4-8 through 4-10. Production, consumption, and trade figures of 1964 were used because they were 
the latest available on a comparable basis. For lack of separate data, Hawaii has been included in the 
United States evaluations, although, obviously, supply from the mainland requires separate consider- 
ation. Requirements and resource data are taken from Appendix A and table 4-1. Production, con- 
sumption, and trade figures come from U.N. Statistical Paper. Data differs slightly from production 
figures previously cited from other U.N. publications. In general, resource data does not reflect re- 
cent discoveries not yet fully measured. Hence, Australia and South Africa show a small production 
of oil but no resources. Also, the gas discoveries' in Australia have been too recent to reach statistical 
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TABLE 4-7. MAJOR FUEL PRODUCERS 
(Other Than Hydrogen Plant Location Countries) 


Country or Area 


Quantity (Metric 
Tons x 1()3) 


Coal Producers 


Exports 3 


Country or Area 


Crude Oil Producers 


Exports 

213 

130 

179 

122 

428 

369 

84 

63 

62 

59 

107 

95 

86 

72 

41 

41 

23 

15 

26 

25 

224 

37 


Western Europe 
Common Market 
West Germany 
United Kingdom 

Poland 

U.S.S.R. 

China, Mongolia^ 


440 

229 

143 

197 

117 

214 

305 


43 

35 

26 

7 

23 

27 

1 


Caribbean Area 

Venezuela 

Middle East 

Iran 

Iraq 

Kuwait 

Saudi Arabia 

Libya 

Indonesia 

Algeria 

U.S.S.R. 


Natural Gas Producers 

— 


Lignite Producers 


Country or Area 


Quantity (Metric 
Tons x 10^) 


Exports 


Country or Area 


[Quantity (Metricj 
Tons x 10^) 


Exports 2 

4p" 


Canada 

Mexico 

Western Europe 
Common Market 
Rumania 
U.S.S.R. 


39 

11 

18 

16 

14 

109 


11 

1.5 

0 

0 

0.2 

0.3 


Western Europe 
Common Market 
West Germany 
Y ugoslavia 
Czechoslovakia 
East Germany 
U.S.S.R. 


59 

36 

35 

14 

45 

77 

212 


35° 

26 b 

0.1 

5 

5 

27 b 


a Includes all solid fuels measured in coal equivalent. 
b Also reported as coal exports. 
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TABLE 4-8 

COMPARISON OF ANNUAL REQUIREMENTS OF 
RESOURCES, PRODUCTION, CONSUMPTION, AND IMPORTS OF OIL 
(All Units in Metric Tons x 10^) 


Country or Area 

Max. 

Probable 

Req’ment 

Resources 

1964 

Production 

1964 

Supply 

1964 

Imports 

Thailand 

516 

- 

10 

680 

670 

South Africa 

321 

- 

10 

4,860 

4,850 

Lebanon 

773 

- 

- 

1,310 

1,310 

Brazil 

1,032 

48,000 

4,350 

15,160 

10,800 

Australia 

642 

- 

190 

15,300 

15,110 

Japan 

1,288 

3,900 

680 

63,000 

62,320 

France 

5,099 

30,000 

3,140 

52,420 

49,270 

United States: 



l 



Honolulu 

516 

- 

- 

- 

- 

Los Angeles 

3,333 

49,500,000 

396,330 

456,860 

60,830 

New Y ork 

6,351 

- 

i 

- 

- 

WORLD 

19,871 

81,600,000 

1,436,390 

1,434,880 

- 
















TABLE 4-9 

COMPARISON OF ANNUAL REQUIREMENTS WITH 
RESOURCES, PRODUCTION, CONSUMPTION, AND IMPORTS OF NATURAL GAS 

(All Units in Metric Tons x 1()3) 


Country or Area 

Max. 

Probable 

Req’ment 

Resources 

1964 

Production 

1964 

Supply 

1964 

Imports 

Thailand 

143 

- 

- 

- 

- 

South Africa 

143 

- 

- 

- 

- 

Lebanon 

211 

- 

- 

- 

- 

Brazil 

285 

7,170 

530 

530 

- 

Australia 

285 

a 

- 

- 

- 

Japan 

355 

95,100 

1 ,400 

1 ,400 

- 

France 

1,422 

124,300 

3,400 

3,400 

- 

United States: 

Honolulu 
Lcs Angeles 
New York 

143 

925 

1,776 

5,080,000 

294,000 

299,000 

8,400 

WORLD 

5,688 

34,100,000 

441,000 

438,000 

- 


Most discoveries have been recent and are still in the process of being measured. 



TABLE 4-10 

COMPARISON OF ANNUAL REQUIREMENTS WITH 
RESOURCES, PRODUCTION, CONSUMPTION, AND IMPORTS OF COAL 
(AH Units in Metric Tons x IQ-*) 


Country or Area 

Max. 

Probable 

Req’ment 

Resources 

1964 

Production 

1964 

Supply 

South Africa 

991 

21,443,000 

44,916 

b 

43,630 

Australia 

2,366 

1,791,000 

27,840 

19,344a 

28,960 

WORLD 

3,357 

771,000,000 

1,801,110 

439,960 b 

2,247,470 


a 

All solid fuels, coal plus lignite plus small amounts of peat and wood in terms of coal equivalent, 
b 

Lignite 
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TABLE 4-11. COST OF OIL AT SOURCE 
(As of 3-15-67, Per Market Prices, Petroleum Times, 3-17-67) 
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TABLE 4-11. COST OF OIL AT SOURCE (Continued) 
(As of 3-15-67, Per Market Prices, Petroleum Times, 3-17-67) 
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TABLE 4-11. COST OF OIL AT SOURCE (Concluded) 
(As of 3-15-67, Per Market Prices, Petroleum Times, 3-17-67) 
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Irrespective of gravity ■ increase or decrease by J0.025/bbl for each 0.5° API change from listing 



summaries which are usually a year or two in preparation. Since the coal gasification process does not 
appear attractive other than in Australia and South Africa, table 4-9 has been restricted to these loca- 
tions. An extrapolation of production and/or consumption data was anticipated to predict the 1 980 
and 2000 usage of these materials in each country for purposes of comparison with plant requirements. 
However, further review of factors influencing their growth became too complex to be worthwhile 
for this purpose, and, therefore, was limited to electricity. 


4.4 RAW MATERIAL COSTS 

Except for a few instances where .public utilities have reported their fuel costs, little price data 
is available on negotiated large-scale purchases. Hence, average or posted prices have been cited in 
most cases, although it is known that negotiated bulk purchases are made at 10 to 25 percent discounts. 
Another area of cost quite difficult to evaluate, particularly with future projection in mind, is that 
of government-imposed royalties and duties at points of export and import. They tend to vary and to 
be subject to special conditions. Insofar as possible, without making a special study of duties and 
royalties, their effect has been considered in the raw material costs. 


4.4. 1 RAW MATERIALS AT SOURCE 

Recent price postings of oil at prominent points of origin are given in table 4-11. These prices, 
with addition of appropriate freight costs, have been used to determine the cost of oil at the various 
use points. 

Very few sources of natural gas for export have been developed; hence, there are no generally 
published postings at present. 

In the case of coal, the export price at the country of origin, plus the best freight data available 
(without extensive study), does not seem to add up to the price paid at the point of use. The differ- 
ence may occur as a result of duties and local handling costs, which tend to be high because of the 
bulk and non-fluid qualities of coal. 


4.4.2 RAW MATERIALS AT USE-POINT 
4.4.2. 1 Fossil Fuels 

Since raw material costs used are based on published data and current practices, no credit has 
been taken for special arrangements beyond that of assuming that large quantity discounts may off- 
set duties and port charges. Table 4-12 serves as an adjunct to table 4-13, since tonnage costs of oil 
are derived from the per barrel cost by applying a density factor related to the degrees API or the 
heating value shown in table 4-13. 

The cost of coal, oil, and gas at each proposed plant location is listed in Table 4-1 3. Origin of 
the costs is shown in the “Justification” column of table 4-12. Slightly lower raw material costs may 
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be attainable through competitive negotiations for the very-large-scale requirements and through spe- 
cial concessions on the part of the host government insofar as duties and taxes are concerned. 


TABLE 4-12. HEAT VALUES OF PETROLEUM OILS 


Deg API at 
60°F 

Density, Lb 
per Gal a 

High Heat Value at Constant 
Volume Qv, Btu 

Per Lb 

Per Gal 

10 

8337 

18,540 

154,600 

20 

7787 

19,020 

148,100 

30 

7305 

19,420 

141,800 

40 

6879 

19,750 

135,800 

50 

6500 

20,020 

130,100 

60 

6160 

20,260 

124,800 

70 

5855 

20,460 

119,800 

80 

5578 

20,630 

115,100 


3 The values in this column are true values obtained by correcting all weights for the buoyancy of air. 


4.4.2.2 Nuclear Raw Materials 

All costs, including uranium, thorium, heavy water, or other materials necessary for the produc- 
tion of electricity by nuclear reaction, are covered in the section which develops power costs. 


4.4.2. 3 Water 

Costs for the supply and purification of water have been placed at three probable levels. Where 
fresh water is considered plentiful, a cost of 0.72 cent per ton has been applied for nominal treatment 
and pumping. Where fresh water must be piped a modest distance, a nominal figure of 1.2 cents/ton 
has been applied. Where fresh water is known to be scarce, the approximate Los Angeles cost of 7.2 
cents/ton has been applied. More analysis of water costs to obtain greater price accuracy is not war- 
ranted since the effect on the liquid hydrogen cost is negligible. 


4.4.2.4 Water Power 

The availability of water power for hydroelectricity has been explored at most locations. ^ 1 
Since application is limited to the generation of electricity, its cost, as covered later in this section, is 
applicable. A brief discussion on its availability follows. 


130 





TABLE 4-13. COSTS OF RAW MATERIALS AT USE-POINT 


Plant Location 

Cost 

$ Per MCF 

Type 

Justification 



Natural Gas 


Honolulu 

(access to sea) 

0.45 

Alaskan LNG, 1 000 
Btu/scf 

No commercial basis. Assumes 
price in Hawaii to be comparable 
to Japanese price without duty 

Bangkok 

(access to sea) 

0.45 

LNG from Indonesia 
1000 Btu/scf 

No commercial basis. Assumes 
liquef action in Indonesia and 
tanker transport 

Johannesburg 

0.45 

LNG from Middle East 
or North Africa, 1000 
Btu/scf 

No commercial basis. Assumes 
liquefaction at source plus tanker 
transport 

Beirut 

0.35 

Piped from Arabia 
or Iraq, 1000 Btu/scf 

No commercial basis. Assumes 
pipeline from source, about 400 
mi. 

Sao Paulo 

0.40 

Piped from Bolivian 
fields, 1000 Btu/scf 

No commercial basis. Assumes 
pipeline from source, about 700 mi. 

Sydney 

0.35 a 

Gippsland or other 
Australian fields, 
1000 Btu/scf 

Reflects anticipated well price of 
29 cents plus piping to Sydney 

Tokyo 

(access to sea) 

0.368 

LNG from Sakhalin 
Island, 1000 Btu/scf 

Reflects current Russo-Japanese 
negotiations 

Los Angeles 

(access to pipelines) 

0.338 

Pipeline gas, 1077 
Btu/scf 

Best actual price per MM Btu on 
annual basis by power plant in 
Los Angeles County 

Paris 

0.48 

LNG from Algeria, 
1 000 Btu/scf 

40.9 cents, cif Medit port, plus 
pipeline cost to Paris; some mix- 
ture with 43.6-cent domestic gas 

New York 

0.363 

Pipeline gas, 1045 
Btu/scf 

Best actual price per MM Btu on 
annual basis at New York power 
plant 
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TABLE 4-13. COSTS OF RAW MATERIALS AT USE-POINT (Continued) 



Cost: S Per 



Plant Location 

Short Ton 

Type 

Justification 



Coal 


Honolulu 

15.00 

Australian bit., 1 1 ,100 

Referenced to actual cost in Japan 

(access to sea) 


Btu/lb 


Bangkok 

12.50 

Australian bit., 1 1 ,100 

Referenced to actual cost in Japan 

(access to sea) 


Btu/lb 


Johannesburg 

1.80 

So. African bit., mine- 

Government-controlled mine price 


mouth 

of 1.76/T plus handling and freight 
for 100-mi. average 



2.40 

Johannesburg, 9500 
Btu/lb 


Beirut 

15.00 

Polish or Russian 

Little basis for price since no trade 
exists; assume higher than Western 
Europe 

Sao Paulo 

14.00 

U.S. bit., 13,300 

S8.50/T from Norfolk plus $5.50 



Btu/lb 

freight; no duty included 

Sydney 

2.30 

Australian black, 

Anticipated minemouth price at 


minemouth 

Lidell power plant plus handling 
and freight to Sydney 



3.00 

Sydney, 11,100 
Btu/lb 


Tokyo 

13.42 

Australian black, 

Average price, quantity purchase to 

(access to sea) 


11,100 Btu/lb 

offset duty and handling 

Los Angeles 

9.85 b 

Colorado lignite. 

S4.50/T loaded in Colorado plus 


10,000 Btu/lb 

S5.35/T freight 

Paris 

13.36 

U.S. bit., 13,300 

$1 1 .36/T for steaming coal, allow 



Btu/lb 

$2.00 for freight and customs 


New York 
(access to sea) 



7.92 


U.S. bit., 13,300 
Btu/lb 


Best actual annual average price at 
New York power plant 








TABLE 4-13. COSTS OF RAW MATERIALS AT USE-POINT (Concluded) 


Plant Location 

Cost 
$ Per Bbl 

Type 

Justification 



oa 


Honolulu 

(access to sea) 

2.25 

155,200 Btu/gal c 

Average actual cost at plant, no ad- 
ditional quantity discounts assumed. 

Bangkok 

(access to sea) 

2.15 

Middle East crude or 
heavy fuel from Indo- 
nesia 

Posted price f.o.b. port of origin 
and freight; quantity discount to 
offset duty and port fees 

Johannesburg 

2.25 d 

Middle East or Niger- 
ian crude 

Same as above 

Beirut 

1.74 

No. 6 from Sidon, 
19° API 

From pipeline at Sidon at 65 cents 
plus 9 cents freight; assumes no ad- 
ditional duties 

Sao Paulo 

2.1 l e 

Crude from Curacao 
or Venezuela, 1 5° 

API 

Posted price plus freight to Santos 
plus pipe to Sao Paulo; quantity 
discount to offset nominal duty 

Sydney 

(access to sea) 

2.12 

Crude from Middle 
East or Indonesia, 
35° API 

F.o.b. port side average price; quan- 
tity discount to offset handling 
charges; no duty in Australia 

Tokyo 

(access to sea) 

2.27 

Heavy or medium fuel 
from Indonesia, 1 8° 
API 

Posted price plus freight; quantity 
discount to offset duty and port 
fees 

Los Angeles 

(access to pipelines) 

1.88 

152,500 Btu/gal 

Best actual price on annual basis 
per MM Btu to power plant in 
Los Angeles County 

Paris 

2.39 

Libyan crude, 37° 
API 

F.o.b. Dunkerque or LeHavre at 
$2,39; quantity discount to off- 
set duty and piping cost to Paris 

New York 
(access to sea) 



1.85 

148,900 Btu/gal 

Best actual price on annual basis 
at New York power plant 


a No positive evidence of adequate supply 



^Burning of coal probably not legal in Los Angeles County 
c Bbl = 42 U. S. Gal. 

d High duty to protect coal interests may cause increase 


J High duty to protect government-owned oil industry may cause increase 
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( 1 ) For the Honolulu, Beirut, and Johannesburg area, water power is virtually non- 
existent. 


(2) For New York, Los Angeles, Tokyo, Paris, and Sydney, the 1 980 and 2000 grid sys- 
tems will undoubtedly include some input from hydroelectric plants, but increased 
capacity for the proposed hydrogen plant would emanate from a local nuclear plant 
(or coal-fired plant for Sydney) rather than the more distant hydroelectric plant. 

(3) For Sao Paulo, where hydroelectric power is now prevalent and ample means for ex- 
pansion are available, projects such as the Furnas Dam on the Rio Grande River or the 
Tres Marias Dam on the Sao Francisco could readily be expanded to meet the increased 
requirements. The power cost summary for Brazil envisions such action, specifically 
from Rio Grande River plants having a potential capacity of 7000 mW, of which the 

1 1 OOmW Furnas Plant is the first step. 


(4) For Bangkok, hydroelectric power is also a predominant source of electricity. The 
Yanhee project about 430 km north of Bangkok and the Nam Pung project at several 
locations on the lower Mekong are already partially completed and supplying power to 
Thailand. The Yanhee project, ultimately a 560-mW plant is already connected to 
Bangkok, and the Nam Pung and other Mekong River 5 2,5 3 stations are scheduled for 
incorporation in the Yanhee grid. The proposed 1500 mW Pa Mong Dam on the Thai- 
land-Laotian border will add considerably to the availability of hydroelectric power 
by 1980. 


Based on these developments and the lack of substantial quantities of domestic fue , 
the Bangkok hydrogen plant power requirements and costs are based on hydropower 
from a grid fed by these projects. 


4.4. 2. 5 Oxygen 

The oxygen for the partial oxidation process is supplied by an integral air separation plant, but 
the oxygen for coal gasification is considered as a raw material. The cost of oxygen at Johannesburg 
and Sydney is considered to be about $5.00 and $4.50 per short ton, respectively. These costs are 
in line with current oxygen prices for guaranteed output of plants of comparable size using low cost 

electric power. 

4.4.2. 6 Refrigerants 

Nitrogen gas for make up to the cascade refrigeration system can be supplied from an inert gas 
generator followed by a relatively crude purifier to remove high boiling ^ 

The cost of methane as a refrigerant is considered to be the same as the cost of 
location. If large quantities of natural gas are not employed in the process “*j ble 8 
cost may be higher, but the addition to the per pound hydrogen cost will be unnoticeable. 

The propane and ethylene refrigerant cost used at all locations is 
bulk price at New York. Once again, substantial variations in this price at any given 
no significant effect on the per pound hydrogen cost. 
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4.4.3 AREA SUMMARIES 


4.4.3. 1 New York 

A 2500 T/D liquid hydrogen plant will require raw materials, fuel, and power having an energy 
requirement equivalent to several major power plants in the area, and would represent a significant 
addition to energy consumption. The demand for gas and oil in the New York area will continue to 
be more highly competitive than the demand for coal. The use of coal and oil, particularly with a 
high sulfur content, will be subject to more and more limitations by air pollution controls. The high- 
ly competitive nature of the market, the need for total importation of all fossil fuels, and the poten- 
tial restrictions on their burning close to the city provide a strong stimulus to the utmost use of nuc- 
lear power.^l ,55 thru 58 Since fuel is not produced in the immediate environs of New York, substan- 
tial increases in importation are indicated. This has been the standard pattern in the past as the New 
York City industrial complex expanded. The following contain details of the present and projected 
status of trade in each commodity useful to liquid hydrogen production for which a logistic problem 
may exist. 


4.4. 3.1 .1 Natural Gas — Natural gas is supplied currently to New York by pipelines from Texas. 
Present pipeline capacity is heavily taxed, requiring construction of liquefaction and storage facilities 
to allow for system peak shaving during high demand periods. Interest is also mounting in liquefied 
natural gas (LNG) transport by tanker from fields having excess gas which is wasted by venting and 
flaring, such as Venezuela. It would appear that natural gas supplies can meet New York requirements. 
However, more costly transport and storage facilities should be necessary. The 1 964 price for natural 
gas by large-scale users (power stations using up to 18 billion cubic feet per year) ranged from 36.3 
to 38.8 cents per 1000 cubic feet for gas averaging slightly below 1050 Btu/cu ft. The 1966 price re- 
portedly averaged 38 cents for similar gas. It is interesting to note that in 1964, two power plants on 
the New Jersey side of New York Harbor, at Sewaren and Newark, used 4.3 billion and 1 .9 billion cu- 
bic feet of gas averaging 1050 Btu/cu ft at 29.1 and 31 .7 cents per cubic foot, respectively. Thus, plant 
location may have a significant effect on fuel costs. 


4.4.3. 1 .2 Ojl - Most oil is imported to New York from the Caribbean area as heavy fuel oil or 
crude. The 1 964 price paid by New York power stations using up to 4 million barrels annually var- 
ied from $ 1 .8 5/ bbl to $2.28/bbl for oil with a heating value very close to 149,000 Btu/gal. The 1966 
average is considered to be approximately $ 1 .98/bbl for comparable oil. The world-wide price trend 
for oil may not change significantly in the near future. Expansion of relatively new fields should 
heighten competition and have a modest tendency to reduce price, but increases in labor and equip- 
ment costs will at least offset other savings. 


4.4.3. 1 .3 Coal — In 1964 New York’s power stations used more than 5,000,000 tons of coal, with 
the best price being S7.92/T at a plant consuming about 500,000 tons per year. Most coal used is bi- 
tuminous, from West Virginia and western Pennsylvania, with a heating value of about 13,300 Btu/lb. 
The average 1964 price paid by power companies was about S8.25/T, whereas it has been reported as 
about S8.50/T in 1966. Again, it is interesting to note that in 1964 the Sewaren, New Jersey, plant 
on the opposite side of New York Harbor obtained almost 500,000 tons of comparable coal at 
S7.75/T. 
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4.4. 3. 2 Paris 


A 2000 T/D liquid hydrogen plant in the vicinity of Paris would have a similar impact on the 
fossil fuel market as a 2500 T/D plant in New York. Present supply mechanisms would be inadequate 
for the most part, but adjustment to the new demand would fit the continuing economic growth pat- 
tern of fossil fuel consumption in that area. In view of the highly competitive market and present 
need for importation of fossil fuels, nuclear energy should be used as much as possible in the Paris 

basin. 59 thru 64 


4.4.3.2. 1 Natural Gas - The recent natural gas supply to the Paris area (since 1 959) has been almost 
exclusively from the Lacq fields in southwestern France. Since 1962 the supply has leveled at about 

5 billion cubic meters per year, which is distributed over an area extending from Brittany to the Rhone 
and as far north as St. Quentin. This natural gas, even when added to the traditional supply of about 

6 billion therms (1 French therm = 3968 Btu’s) from coke ovens and more than 2 billion from refiner- 
ies (1964 levels), has been inadequate to meet French industrial requirements. These demands have in- 
creased 340 percent from 1951 to 1964. Domestic requirements, constituting about one-third of the 
total supply, have risen also. Future requirements will be supplemented from at least three sources: 

( 1 ) Expansion of domestic fields (recent discoveries of higher quality gas have been made 
at Meillon) will supplement the Lacq supply. 

(2) Imports by pipeline from the Netherlands (beginning in late 1967 or early 1968 under 
a 20-year contract) are expected to reach 5 billion cubic meters by 1975, with 2 bil- 
lion marked for industrial use. 

(3) Imports of LNG by tanker from North Africa, primarily from Algeria, where 1 968 
shipments should reach 3.5 billion cubic meters, and possibly from Libya. 


The price of Lacq gas, which will decline in availability if present estimates of reserves are valid, 
runs close to 44 cents/ 1000 cu ft. It is predicted that the cost of Dutch gas in Paris will be about 
55.5 cents/ 1000 cu ft. LNG prices (in effect or under discussion) range from about 41 cents for 
Libyan gas (specifically quoted at Barcelona) to almost 50 cents/ 1000 cu ft f.o.b. Bougie, or Azrew, 
Algeria. The latter gas can be supplied through a 204-km pipeline from LeHavre to Paris at a price 
competitive (and quite probably advantageous) with local and Dutch supply. The costs at Paris are 
cited generally in terms of average price to consumers. The price in very large quantities becomes 
somewhat speculative. A cost of 48 cents/ 1000 cu ft seems reasonable in view of future supplies of 
LNG and piped gas from promising North Sea discoveries. 


4.4.3. 2. 2 OU - Practically all oil used in France is imported. Earlier colonial ties have caused the 
majority of oil dealings to be associated with Algeria and other North African sources. The price ot 
crude oil (Libyan - 37° API) at LeHavre is reported at $2.39/bbl; the heavy (No. 2) fuel oil price at 
Paris averages $3.14/bbl in barge lots and $3.54/bbl in rail car lots, presumably based on $2.75/bbl 
from refineries at LeHavre or Dunkerque. Lower transfer costs, as a result of using pipeline, may re- 
duce the price to $2.60. The contemplated pipeline would be similar to the 20-inch crude oil line 
which now runs from LeHavre to supply the 80,000 barrels per day (B/D) Grandpuits refinery, a few 
miles east of Paris. 
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4 .4.3. 2.3 Coal — Although France and its neighbors of the European Economic Connumity (Common 
Market) have substantial coal deposits, mining costs have made imports attractive. In 1965, coking 
coal from the U.S. (bituminous at 13,300 Btu/lb) was imported at an average cost of $13.20 per U.S. 
ton, with large quantity purchases on the order of $1 1.80 per U.S. ton, both prices c.i.f., Atlantic 
port before customs. Steam coal from the U.S. averaged $1 1.36 per U.S. ton, with quantity purchases 
reported at approximately $10.00 per U.S. ton c.i.f., Atlantic port. Prices of other imports were 
$14.70 per ton from the United Kingdom and $16.10 from Belgium. This compared with $18.80 for 
coking coal at mine mouth in the Saar Basin and $13.70 to $15.60 per U.S. ton for domestic steam 
coal at mine mouth. Based on $2.00 per U.S. ton for freight and customs, U.S. coal could be delivered 
to a Paris plant site for about $13.36 per ton. Given a modest improvement in mining costs, domestic 
coal should be attainable at about the same prices. 


4.4.3. 3 Los Angeles 

Installation of a 1300 T/D liquid hydrogen plant near Los Angeles would influence the economics 
of fossil fuel supply similarly to the effects of the large plants in Paris and New York. It would mani- 
fest itself most strongly in the area of natural gas supply. Increasing restrictions on the use of oil and 
coal, coupled with the high demand for gas, suggest once again strong consideration of nuclear power 
for the Los Angeles LH 2 plant, if improved costs are to be realized. thru 58 


4.4.3.3.1 Natural Gas — Air pollution regulations have favored the use of gas in Southern California 
in preference to liquid and solid fuels. Hence, demand for gas has caused the substantial supply from 
California fields to be supplemented by a pipeline from Texas. The requirements for hydrogen lique- 
faction would be imposed on a demand which in 1 966 was about 800 billion cu ft. In 1 964, the elec- 
tric utilities in the Los Angeles basin consumed almost 80 billion cu ft for power generation, a quan- 
tity almost identical to the 1 300 T/D hydrogen plant requirement if the stock and fuel were both 
natural gas. The best price in 1964 was 33.8 cents/ 1000 cu ft for gas averaging 1080 Btu/cu ft, with 
the cost ranging from 3 1 .2 to 3 1 .4 cents/million (MM) Btu. The average price reported in 1 966 was 
31.4 cents/MM Btu. 


4.4.3. 3. 2 Oil — Although subject to restrictions, substantial quantities of oil are consumed in burning 
processes in Southern California. The utilities probably represent large-scale commercial buyers as 
well as anyone. In 1 964, the best price paid by a power station in Los Angeles county for a Bunker 
C type crude oil of about 1 53,000 Btu/gal was $ 1 .79/bbl, with most other locations ranging 10 cents/bbl 
higher. Stated as an energy cost, this ran 29.6 cents/MM Btu at the less favorable locations. Across 
the county line at Fontana, a station obtained 151,600 Btu/gal oil at $1.77/bbl, or 27.6 cents/MM 
Btu. The average price in Los Angeles county in 1966 has been reported as 30.7 cents/MM Btu. 


4.4.3. 3. 3 Coal - Remoteness of supply and attendant transportation costs, even more than air pol- 
lution restrictions, have limited the use of coal in Los Angeles and vicinity. Coal of a 1 0,000 Btu/lb 
quality is used by power companies in Colorado at prices as low as $4.54/T. Using unit train concepts 
for delivery to California, the price at plant site would be on the order of $9.75 to $10.00/T. 
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4.4.3A Tokyo 


As with New York, Paris, and Los Angeles, Tokyo is located in an area where fossil fuel energy 
sources are in short supply, but the level of economic activity has been to create continuing incentives 
to meet these demands. The requirements of a 500 T/D hydrogen plant, while draining some of the 
short supply of fuels, would be in line with the normal annual supply increases. In the c * se ot 01 , 
example, Japan’s supply, almost entirely imported, is increasing at a rate of about 10 million metric 
tons per year. The 500 T/D hydrogen plant yearly requirement on an all-oil basis would be less than 

10 percent of this amount of annual increase. The short supply and high 3 e 6o a <55 ttoru^l str ° ng y 
suggest fullest application of nuclear power for LH 2 plant requirements. > • 


4.4.3.4.1 Natural Gas - The inadequate local supply of natural gas in Japan, obtained partially from 
gas wells and partially from coal mines, has stimulated importation of LNG from outside sources. Plans 
to import LNG from Alaska at 52 cents/ 1000 cu ft (MCF) are nearing completion. Also, negotiations 
with Russia are in progress for the supply of LNG from Sakhalin Island. The price under consideration 
has been reported to be 38.6 cents/MCF. It is questionable at this time that sufficient quantities will 
be available at the lower price. However, it indicates a direction to be followed in LNG competitio 
in the Far East. Siberian, Indonesian, and possibly Chinese sources could be tapped in response o 
Japan’s requirements. 


4.4.3.4.2 Oil - As stated, almost all of Japan’s oil is imported, more than P 
middle East. The average price of oil imported from July 1965 to June 1 was . / / ’ 

assuming that quantity discounts would offset duties and port charges, the price of $2.27/bbl, at a 
wa 2 hydrogen plant seems likely. Heavy fuel (No. 6) would also be available from Indonesra at 
a comparable price; for example, at $ 1 .90/bbl posted plus 38 cents/bbl freig t. 


4 4 3 4 3 Coal - Japan imported almost 14 million metric tons of coal in 1964, with the quantity 
continuing to increase. More than 40 percent has come from the U S. ; about one-tlmd^ 

On an all-coal basis, the Tokyo hydrogen plant would need almost 1 5 percent of Japan s present an- 
nual imports, or about 5 percent of its total production (about 50 million metnc tons per yemO, which 
is declining slowly. The average price of all coking coal imported from June 965 to July 1966 was 
$18 74 per U.S. ton on a wholesale basis. The average price, c.i.f., for all coal in 1965 was $15.82 
per U.S ton, with all coking coal at $ 1 5.73 per U.S. ton c.i.f. United States coking coal averaged 
$18.51 /ton c.i.f. Although small quantities (475,000 metric tons or about 3 percent), were obtained 
from mainland China at $ 1 3. 1 1 /U.S. ton c.i.f. average, the pattern of coal mportation is shift g 

toward the use of Australian coal, which in 1965 averaged $13.42 per U.S. ton. . . further 

local coal of lower quality, described as Kyuska coal dust, could be used is not known without urt 
investigation, but its average wholesale price was $12.08/U.S. ton for the July ° . u " p 

iod. Unless otherwise determined, the use of coal for a hydrogen plant should be premise 
Australian price of $13.42 per U.S. ton, on the assumption that quantity discounts will offset duties 

and port handling. 


4.4. 3. 5 Sydney 

The annual energy consumption of the countries previously considered (U.S., France, and Japan) 
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is in excess of 150 million metric tons of equivalent coal. For these locations, the proposed hydrogen 
plant requirements, even if erected today, would add less than 5 percent to the annual consumption. 

A larger impact would be felt if natural gas were selected for both power and feed stock requirements. 
For the same situation to exist in Australia, one must assume that its rate of economic growth will 
allow the country to reach or exceed the current levels in Japan or France. This is a reasonable assump- 
tion overall, even though today the requirements of the proposed 400 T/D hydrogen plant, if expressed 
in terms of all gas, would exceed the total Australian gas consumption by almost 250 times. The ex- 
cess of coal in Australia, both black and brown, suggests a coal gasification Drocess. The use of coal for 
fuel and power also should be promising for LH 2 production near Sydney. .60,71 thur 79 


4.4.3. 5.1 Natural Gas — Exploration and discovery of natural gas in Australia is in its infancy, so at 
this time there must be some doubt as to its ultimate avaialbility. Nevertheless, promising deposits 
have been tapped on both sides of Sydney, with Melbourne and Adelaide already receiving some sup- 
ply. It has been predicted that the Gippsland Shelf field south of Sydney will yield gas at 29 cents/MCF 
in modest quantities. The opening of additional sources and larger pipelines should lessen this cost to 
some extent, bringing gas into a competitive posture with oil at about 35 cents/MCF. 


4.4.3. 5. 2 Oil — Most of Australia’s oil is imported from the Near East, although imports from Indone- 
sia may be expected to rise. Local production is at present insignificant. The average price of all im- 
ported crude oil in 1965-1966 (year ending June 30) was $2.12/bbl f.o.b., port. Crude oil enters 
Australia duty free; hence, if quantity discounts offset port handling costs, the average f.o.b. price 
should be attainable at the hydrogen plant site. 


4.4. 3. 5. 3 Coal — Australia is one of the world’s major coal producers and exporters; thus, the use of 
coal is favored to the fullest extent at the Sydney location. The price of coal in New South Wales is 
in the range of $2.24 to $5.75 per ton. The new mine-mouth power plant at Lidell, for example, 
expects its coal costs to be between $2.24 and $2.80 per U.S. ton from an open cut mine. Other prices 
at the mine have been cited in the $2.50 to $3.80/U.S. ton range, whereas the average price for New 
South Wales black coal at the colliery was $5. 75/ton in 1964. Allowing for nominal handling and 
freight charges, New South Wales black coal should be available at a hydrogen plant near Sydney at 
$3.00/T. Brown coal is also mined in Australia, primarily in Victoria, and has already been used in 
gasification processes. This coal, somewhat cheaper than black coal at the mine, would also cost close 
to $3.00 per ton near Sydney because of longer transport distances, about 400 miles compared to 50 
for black coal. 


4.4. 3. 6 Sao Paulo 

The annual consumption of energy in Brazil is substantially less than in Australia (about two- 
thirds) in spite of a much larger population. Moreover, Australia produces about 70 percent of the 
basic energy it consumes, whereas Brazil imports almost 60 percent. On the other hand, about 80 
percent of Brazil’s industrial activity is centered in the three states of Minas Gerais, Rio de Janeiro, and 
Sao Paulo, making the economic activity of the general area of Sao Paulo more comparable to Sydney 
than the overall country statistics would suggest. By today’s standards, the installation of a 400 T/D 
liquid hydrogen plant in Sao Paulo would require a significant increase in the consumption of the ba- 
sic energy source selected. Yet, the country’s economic growth, particularly in the Sao Paulo area, 
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suggests that the 1980 to 2000 economy could adjust to the raw material demands of a 400 T/D hy- 
drogen plant without too much difficulty. Price data for fossil fuel raw materials in Brazil seems less 
reliable than that obtained for other locations, partially because of the government s changing policies, 
with respect to resources and the instability of its currency. Cost projections in the 1980 to 2000 
period must be considered highly speculative. 59,60,80,8 


4.4. 3. 6.1 Natural Gas — Brazil’s consumption of natural gas in 1964 was 500 million cubic meters 
as compared to hydrogen plant requirements on an all-gas basis of close to 700 million cubic meters. 
Hence, new sources and new transfer or transport systems must be obtained, if natural gas is to be a 
liquid hydrogen raw material in Sao Paulo. At this time, the most promising source appears to be in 
Santa Cruz Department, Bolivia, from which a 700-mile gas line to Sao Paulo has been discussed. No 
history exists on which to base a natural gas price at Sao Paulo. Comparison with cost of transmission 
at similar distances in the U.S., with consideration of the competitive oil situation, suggests a natural 
gas price at a Sao Paulo hydrogen plant to be on the order of 40 cents/MCF. 


4.4. 3. 6. 2 Oil — Brazilian oil fields are presently in the immediate vicinity of Bahia, more than 500 
miles north of Sao Paulo. Two-thirds of the oil consumed in Brazil is imported, about 40 percent 
from Venezuela and about 40 percent from the Middle East. The posted price for Bascan crude oil 
is $1 .57/bbl to which freight costs close to 50 cents/bbl must be added. Crude oil from Curacao 
(15°API) costs $2.1 1/bbl f.o.b. port at Santos without duty and handling charges. Quantity discounts 
cannot be expected to offset duties because the government-owned oil entity, Petrobras, controls all 
oil distribution in Brazil and tends to be highly protective of local production. 


4.4.3. 6. 3 Coal - Brazil’s coal has a high ash and sulfur content, reducing the volume of cleaned coal 
to about 60 percent of mined raw coal and requiring mixture with imported coal to produce suitable 
coke. Imports, almost entirely from the U.S., constituted nearly half of the coal consumed in Brazil 
in 1 964. However, steam coal exists in excess, and the government is planning projects for its in- 
creased utilization. U.S. coal should cost about S14.00/T, based on an export price of S8.50/T and 
S5.50/T for freight from Middle Atlantic ports. The average value of all coal and coke imported in 
1963 was very close to S15.00/U.S. ton. No price information has been observed for domestic Bra- 
zilian coal. But in spite of the fact that only 60 percent of the coal mined is usable, the price at Sao 
Paulo should be less than imported coal. This is because most production mines lie less than 300 miles 
to the south in the state of Santa Catarina. Extensive lignite deposits have been reported in the reaches 
of the upper Amazon valley, but no exploitation has occurred. Price data is non-existent, but would, 
in any event, be subject to high freight costs. 


4.4.3. 7 Beirut 

Of all the locations considered, with respect to the impact of raw material requirements on exis- 
ting or projected level of trade in the basic fuel commodities, the 300 T/D liquid hydrogen plant at 
Beirut will demand the most severe adjustment. The total energy consumption of Lebanon in 1964 
was equal to 1 .6 million metric tons of equivalent coal, whereas the energy requirement of a 300 T/D 
liquid hydrogen plant approaches 70 percent of that amount. Despite the rapid growth rate of Leb- 
anon’s energy market, the impact of a 300 T/D liquid hydrogen plant, even in the 1980-2000 period, 
would be significant. Therefore, facilities for the importation and local handling of fuels require con- 
sideration. Cost consideration needs to be given to specific on-site storage and handling facilities for 
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bulk shipments specially received in Lebanon for the 300 T/D liquid hydrogen plant. The normal 
Lebanese market will probably not be geared to handle the quantities in question. 50,60,82,83 


4.4.3. 7. 1 Natural Gas - At present, natural gas is not used or produced in Lebanon. However, if a 
demand exists, its supply does not appear unrealistic. Gas is abundantly available in the Near East 
oil fields of Iraq, Arabia, Kuwait, and Iran, about 400 miles away. The well-head price could be ex- 
tremely low, contingent on rayalties imposed by producing countries. Gas pipelines alongside exis- 
ting oil lines to Tripoli or Sidon could be justified, particularly if Lebanon were used as a trans-shipping 
point to Europe as in the case of oil. Although attaching a price to a currently non-existent product 
is highly speculative, it is believed that natural gas from the Near East fields could be available at 35 
cents/MCF, or even less if pipeline costs could be shared with a broad market. Another possibility is 
LNG from North Africa, particularly Libya, although every indication, based on propositions to Euro- 
pean users, would suggest a price in excess of 40 cents/MCF for such gas to Beirut. 


4.4.3. 7. 2 Oil — Several pipelines from Iraq and Saudi Arabia now terminate in Lebanon’s Mediterran- 
ean port cities of Tripoli and Sidon, where transhipment to Europe occurs. The price of heavy fuel 
oil (No. 6-14° API) at Sidon has been reported at $ 1 ,65/bbl from the refinery there. Freight to Bei- 
rut would be 9 cents/bbl yielding a total price of $1.74/bbl at plant site, providing a Lebanese duty is 
not levied to an extent greater than can be offset by quantity discounts. 


4.4.3. 7. 3 Coal — The production and use of coal in Lebanon is virtually non-existent. The most pro- 
bable source of coal would be Poland or Russia, but, since no trade exists, the price for such coal is 
highly speculative. Fifteen dollars per ton is comparable to the price of Polish or Russian coal in West- 
ern Europe. 


4.4. 3. 8 Johannesburg 

The level and pattern of energy consumption in South Africa is very similar to that of Australia, 
except that coal is even more abundant and oil is used somewhat more sparingly. Since the proposed 
LH2 plant size of 200 T/D is only half that of Sydney, the Johannesburg area should have no difficul- 
ty in supporting raw material supply for the operation. Government policy, availability, and price 
strongly favor the use of coal in South Africa. 59,°0,84 thru 86 


4.4. 3. 8. 1 Natural Gas - There is no trade in natural gas in South Africa, and in spite of the extensive 
coal and steel activity, the production of manufactured gas is relatively small. If natural gas were to 
be required for hydrogen production in South Africa, importation as LNG would need to be consid- 
ered. North Africa and the Middle East would be the most probable sources, although gas from Argen- 
tina, Chile, the Caribbean, and Indonesia would also be a possibility. Comparing this requirement with 
Mediterranean and Japanese indices, it seems unlikely that LNG could be supplied to South Africa 
for less than 45 cents/MCF. 


4.4.3. 8. 2 Oil — South Africa produces very little oil and imports its requirements. For the Johannes- 
burg area, oil would normally be delivered through the port of Durban. From that point a 440-mile 
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long pipeline is capable of carrying initially 31,500 bbl/D of Durban refinery products to Germiston, 
a suburb of Johannesburg within ten miles of the Jan Smuts international airport. The cost of this 
line has been reported as $28 million. If oil is to be used in the vicinity of Johannesburg, a similar 
line, with its cost shared by other users, needs to be considered. The price of Middle Eastern oil at 
Durban is $2.12/bbl, based on the posted price of $ 1 .80/bbl plus 32 cents/bbl for freight. If quantity 
discounts are to offset pipeline charges and duties, special arrangements must be made, for it is cus- 
tomary for the coal and coal gasification projects of South Africa to be well protected. For instance, 
$3.90/bbl is a typical price for fuel oil (No. 6) delivered in Johannesburg. Current indications are that 
pipeline costs for transfers from Durban to Johannesburg will include a temporary fee to support the 
loss of rail revenues. Upon price stabilization, it would seem that oil could be piped to a large volume 
user at about $2.25/bbl, barring a high coal-mine products protective duty. 


4.4. 3. 8. 3 Coal — About 85 percent of the energy consumed in South Africa originates from its coal 
mines. The majority of the mines are within a 1 50-mile radius of Johannesburg, which to a large ex- 
tent has fostered its pre-eminence as the industrial center of South Africa. Major coal fields and their 
approximate distance from Johannesburg are the Vereeniging, 40 miles; Springs-Heidelberg, 25 miles; 
Ermelo-Breyton, 120 miles; and Witbank-Middleburg, 75 miles. Thus, at the closer fields, a mine- 
mouth plant is feasible. In any event, coal transportation cost will be minimal. The price of coal in 
1966 was reported fixed at S1.76/T at the colliery by the government. In 1965, the average price of 
bituminous at the mine was $ 1 .78/T. Assuming use in or near the coal fields, as must be the case in 
the vicinity of Johannesburg, coal will be available for use at the hydrogen plant for about S1.90/T. 


4.4.3. 9 Bangkok 

The total energy consumption of Thailand is about twice that of Lebanon, but, having a much 
larger population, the per capital consumption is only 1 5 percent that of Lebanon. Thus, of all coun- 
tries considered for a liquid hydrogen plant location, Thailand has the least developed economy. Its 
accessibility to oil is not as good as Lebanon’s, but the availability of hydroelectric power is an advan- 
tage. Since the Bangkok hydrogen plant, 200 T/D, will be smaller than the 300 T/D Beirut plant, 
the economic impact of the raw material requirements should be somewhat less than in Lebanon. 
Furthermore, the economic growth rate of Thailand appears to be more rapid. In addition to the cited 
cost of raw materials, the probability of costs for special port and handling facilities for the selected 
raw material needs to be considered. Even at the rapid economic growth rate of Thailand, there is 
some doubt that normal handling facilities could absorb the fuel and feed stock requirements for a 
200 T/D hydrogen plant.52, 53,59,60, 65.87 thru 90. 


4.4. 3. 9.1 Natural Gas — No natural gas is produced or used in Thailand. If required, transport, most 
likely as LNG, would have to be originated from Indonesia. The economics of this supply, it is sur- 
mised, would be comparable to supply across the Mediterranean. A price of 45 cents/MCF is the best 
approximation that can be made at this time. 


4.4. 3. 9.2 OU - Practically all the energy consumed in Thailand is derived from imported oil. Despite 
the proximity to Indonesia, Middle Eastern oil is competitive in Thailand. With quantity discounts 
offsetting duties, oil should be available at a harbor-side hydrogen plant for $2.15/bbl, based on the 
$1.80/bbl posted price of Middle East crude plus 35 cents/bbl for freight. Heavy or medium fuel oil 
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is posted at $ 1 ,90/bbl, f.o.b. ship in Sumatra, and since transport distance is shorter, this oil would be 
competitive. 

4.4. 3. 9.3 Coal — A modest amount of lignite is mined in Thailand. Aside from domestic uses, it pro- 
vides fuel for several small remote (southern peninsula) power plants. The requirements for substan- 
tial quantities would require importation, with Australia being the most likely source. Absence of 
historical data makes price estimation speculative. Since shipping distance is a little less than from 
Australia to Japan, a slightly better price than that paid in the Japanese market may be expected, 
probably no less than $12.50/U.S. ton. 


4.4.3.10 Honolulu 

The location of a 200 T/D liquid hydrogen plant in Honolulu presents a special problem of sup- 
ply. The island of Oahu is isolated, relatively small, and therefore engages in a rather limited economic 
activity. Virtually all energy is imported at a level necessary to sustain about 500,000 people. Although 
the island’s technology can be considered modern, a massive industrial complex would not readily be 
supported by existing or normally planned facilities. Because of long shipping distances for any raw 
material used, the production of liquid hydrogen on Oahu will be more expensive than at mqsj; other 
locations. There will, therefore, be greater incentive here for avoiding the use of fossil fuels. » 


4.4. 3.1 0. 1 Natural Gas — No natural gas is used in Hawaii, but the index set for the supply of Alas- 
kan gas to Japan may provide the pattern for a gas supply to Hawaii. It is possible, however, that 
broader use of Alaskan gas coupled with additional experience and competition may reduce the pre- 
sently considered 52 cents/MCF price of the Alaskan-Japanese agreement, perhaps on the order of 
45 cents/MCF. 


4.4.3.10.2 Oil - Among the energy fuels, oil is the major Hawaiian import, and the price actually 
paid by a major Oahu power plant for 800,000 bbls in 1964 was $2.25/bbl at the plant site. The or- 
igin of this oil was not cited, but its heating content was listed as 155,168 Btu/gal. 


4.4.3. 1 0.3 Coal - No significant quantity of coal is consumed in Oahu, and it is hard to conceive of 
its use as being economically feasible. If large quantities were brought to the island, the U.S., Cana- 
da, and Australia are potential sources. The price would be somewhat less than the delivered cost of 
U.S. and Canadian coal to Japan and somewhat more than Australian coal to Japan, about $15;00/T. 


4.5 PROJECTED POWER AVAILABILITY 


4.5.1 AVAILABILITY FACTORS 

To provide maximum reliability of electric power supply at minimum cost, the plant providing 
power to each liquid hydrogen facility should be part of an existing power network. Part of the prob- 
lem of determining the cost of power for each location, therefore, hinges on fitting the hydrogen 
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plant requirements into the regional power network requirements in the 1980 to 2000 period. To 
provide background for power plant analysis, the following paragraphs define the ° eac . 

plant location which may be served by a common power network and projects the 1980-2000 period 
demand for that network from existing data/ 1 thru 


4.5.2 UNITED STATES 


The Federal Power Commission (FPC) 92 divides the United States into 48 power supply areas. 
Area 4 consists of New York City and some of its suburbs. Los Angeles falls into area 47, which in- 
cludes most of Southern California and central Nevada. The FPC 9 ! predicts 1980 energy require- 
ments for Area 4 as 85.1 billion kwh and 129.5 billion kwh for area 47. For areas 1 through 4 which 
are already interconnected, 271.2 billion kwh is the projected requirement. (This does not include 
southern Ontario, which is presently part of the grid in which New York City is located.) The Pacific 
Southwest Interconnected System Group encompasses FPC supply Areas 46, 47, and 48, for which 
the projected 1980 requirements are 296.9 billion kwh. Using 1964 rates, production in the United 
States runs a little above 50 percent of the total attainable from the installed capacity. If this trend 
were to continue, the 27 1 .2 billion kwh to be supplied in the interconnected New York area in 1980 
would be generated from an installed capacity on the order of 62,000 mW, of which about one-third 
would be in the immediate New York City power supply area. It is possible that the maximum liquid 
hydrogen plant requirement could be incorporated into the local system by the addition of large-size 
plants without unduly stressing back-up capabilities in the event of an outage. As we progress toward 
the year 2000, and local power system requirements grow, the hydrogen plant portion of the load be- 
comes relatively smaller. Since installed capacity in the United States has been doubling approximate- 
ly every ten years, the year 2000 should find an installed capacity well in excess of 120,000 mW m the 
New York City grid. 


In the case of Los Angeles, where the anticipated interconnect system size for 1980 is slightly 
larger than for the New York area, and the hydrogen plant requirement somewhat smaller, a similar 
conclusion can be drawn. For example, the addition of large plants to the existing system wi not 
violate accepted practices for the supply of back-up power in the event of a plant outage. 


Hawaii must be considered in another manner. The FPC projection 92 does not include Hawaii 
and statewide statistics from other sources, which are somewhat sparse, do not pinpoint the island of 
Oahu. Since interconnects with the other islands do not appear feasible, the power ar ® a lo ^ the 
Honolulu plant of this study must be considered to be Oahu. The mstahed capacity of Oahu is 
602 mW, of which 208 mW was installed in 1920, 231 mWin 1938, and 163 mW in 1962 'J 9 ^ 4 ; 
jection of this growth rate (i.e., tripling in approximately 40 years) would result in a predicted capa- 
city of 1800 mW by the year 2000, whereas projecting the curve (through the three data points) 
yields a value on the order of 750 mW for 1980. A separate prediction 95 based on contacts with 
Hawaiian power officials, forecasts an installed capacity of 1000 mW for 1975. It can be assumed with 
reasonable certainty, therefore, that the installed capacity of Oahu will be on the order of 1000 mW 
in 1 980 and in excess of 1 800 mW in the year 2000. 


4.5.3 OTHER COUNTRIES 


Appendix B of this report shows two projections in 
for the various countries under study. Actual capacities 


figures B-l through B-8 of installed capacity 
for the period 1948 to 1964 have been plotted 
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from data in the 1964 U.S. Statistical Yearbook. ^ Assuming that installed electrical power capacity 
for each country will continue to grow at a constant annual rate equal to the 1955-1964 average rate, 
the upper or straight line projection will apply. If it is assumed that installed capacity will be increased 
only by a constant annual increment, the lower (drooping) curve will apply. However, generalized 
analysis of historical data shows that as a country approaches economic maturity, from a supply of 
power standpoint, the annual rate of growth decreases. The upper curve in Appendix B figures may 
tend to present an exaggerated growth rate. Conversely, the lower curves present an unrealistically 
low picture, because as a country’s power base expands the annual incremental growth tends to in- 
crease. The actual growth curve (which is dependent on population growth, discovery of resources, 
industrialization, improvement of standards of living, and other socio-economic factors) lies somewhere 
between the two. The median value on the logarithmic ordinate has been selected as the most reason- 
able projection in determining the probable area grid size into which hydrogen liquefaction power re- 
quirements would fall in the 1 980-2000 period. 


4.5.4 JAPAN 

Power statistics available in United Nations data do not treat the island of Honshu or the Tokyo 
area separately. Since a very large percentage of the industrial and domestic market for power is con- 
centrated on Honshu in the Tokyo-Yokohama and Kobe-Osaka areas, it can be predicted that about 
75 percent of Japan’s power in the 1980-2000 period will be available to these two areas, at least half 
of it connected to Tokyo supply systems. Projecting Japan’s rate of growth of installed capacity from 
1955 to 1964 (1 1.4 percent per year) yields a 1980 availability of 210,000 mW and a 2000 capacity 
of 1 ,800,000 mW. Using the far more conservative straight-line extrapolation (i.e., continuation of 
the average growth for the past five years at equal annual increments), Japan’s power availability 
would be 93,000 mW in 1980 and 162,000 mW in 2000. If only 30 percent of this power is available 
in the Tokyo area, the Tokyo capacity would be from 31,000 mW to 70,000 mW in 1980 and 54,000 
mW to 600,000 mW in 2000. The median values for Tokyo in 1980 and 2000 are 39,000 mW and 

168,000 mW respectively. 


4.5.5 PARIS 

If France’s power-producing capacity continues to grow at the average rate of 5.7 percent per 
year as it has from 1 955 to 1964, its installed capacity will be about 65,000 mW in 1980 (about 

195.000 mW in the year 2000). By straight-line extrapolation of the 1959-1964 period in equal an- 
nual increments, capacity in 1980 will be 47,500 mW (75,000 mW in 2000). At least 40 percent of 
this power should be available to Paris and its environs. Thus, the level should fall in the range of 

1 1 .000 mW to 26,000 mW in 1980 (30,000 to 78,000 mW in 2000). The median value for Paris in 
1980 should be 20,800 mW and 48,000 mW in 2000. 


4.5.6 SYDNEY 

The installed capacity of the Australian power industry grew from 1955 to 1964 to 8.2 percent 
per year. At this rate, 20,000 mW should be available by 1980 (136,000 mW by the year 2000). By 
straight line extrapolation, there should be 15,700 mW in 1980 (25,500 mW in 2000). In 1966, the 
Electricity Commission of New South Wales, which supplies Sydney, had a capacity of 2000 mW, 
plus a share of the Snowy Mountain production and an interconnect with Victoria and the Melbourne 
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area. Moreover, the growth rate from 1965 to 1966 exceeded 10 percent, and commitments have been 
made to install another 3400 mW of producing capacity before 1975. The largest incremental pl^nt 
size currently committed is 500 mW, of which four are scheduled for completion prior to 1975. 

It seems safe to assume, therefore, that about 40 percent of Australia’s power can be delivered to the 
Sydney area in the 1980 to 2000 period. Capacity between 6400 mW and 12,000 mW will be attained 
by 1980 (between 10,200 mW and 54,400 mW by 2000). The median value for Sydney in 1980 is 
8400 mW and 24,000 mW in 2000. 


4.5.7 SAO PAULO 

At Brazil’s current rate of growth (averaging 9.6 percent per year from 1955 to 1964), the coun- 
try’s installed capacity will be 31,000 mW in 1980 and 194,000 mW in 2000. Using the straight line 
extrapolation, it is forecasted at 16,200 mW in 1980 and 27,500 mW in 2000. According to the 
Worldmark Cyclopedia of Nations, 80 percent of Brazil’s power is utilized in the neighboring states of 
Sao Paulo, Rio de Janeiro, and Minas Gerais. Continuation of current massive federal power programs 
suggests strongly that the capability of these three states will be largely interconnected in the 1980 to 
2000 period. Power available at Sao Paulo, therefore, should be on the order of 13,000 mW to 
24,000 mW in 1980, and 22,000 mW to 155,000 mW in 2000. Using the median principle, installed 
power in the Sao Paulo grid in 1980 should be 17,600 mW and in 2000 should reach 56,000 mW. 


4.5.8 BEIRUT 

For all practical purposes, the Beirut power supply area can be considered contiguous with the 
boundaries of the country of Lebanon. United Nations data from 1955 to 1964 shows an average 
annual increase in electric power capacity of 17.5 percent, but none from 1962 to 1964. Neverthe- 
less, the annual production increased 13.2 percent, 10.9 percent, and 10.4 percent for the calendar 
years 1963, 1964, and 1965, respectively. The average annual increase in production from 1955 to 
1964 was 14.8 percent. Hence, despite the irregular nature of the increase of installed capacity in 
Lebanon, a projection based on 17.5 percent per year seems reasonably valid. At this rate, the 1980 
capacity would be on the order of 3600 mW and the year 2000 capacity would be 95,000 mW. Using 
the five-year average straight-line extrapolation, 1 980’s capacity wold be 700 mW and 1220 mW would 
be available in 2000. The median method indicates 1600 mW in 1980 and 10,400 mW in 2000. 


4.5.9 JOHANNESBURG 

The average rate of growth of installed electric power production capacity in South Africa from 
1955 to 1964 has been 5.8 percent, but in the latter half of that period increased to 8.2 percent. Using 
the more conservative number, a projection at constant annual rate of growth shows a 1980 installed 
capacity of 16,000 mW and a year 2000 capacity of 49,000 mW. The straight-line projection yields 
9200 mW in 1980 and 1 2,600 mW in 2000. Only about one-third of South Africa’s industry is con- 
centrated in the Johannesburg area, but 60 percent of the present electric power capacity is available 
there Installed capacity to accomodate Johannesburg hydrogen plant power needs would, therefore, 
be on the order of 5500 mW to 9600 mW in 1980 and 7600 mW to 28,400 mW in 2000. These fig- 
ures could be even higher if the more recent 8.2 percent growth rate persists. The.median value is 
7200 mW in 1980 and 15,000 mW in 2000. 
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4.5.10 BANGKOK 


Thailand’s capacity to produce electricity increased at the very rapid rate of 19.5 percent during 
the 1955-1964 period. Continuation of this rate of growth to 1980 would yield an installed capacity 
of 8800 mW, and in 2000 about 357,000 mW would be available. Straight-line extrapolation, using 
the average incremental growth for the 1959-64 period, projects a level of 1700 mW in 1980 and 
2740 mW in 2000. Since the Bangkok-Thonburi metropolitan area consumes 75 percent of Thailand’s 
available power, the 1980 availability in Bangkok will range from 1280 mW to 6600 mW, and in 2000 
will be between 2100 mW and 270,000 mW. The median value for 1980 is 2800 mW (24,000 mW in 
2000 ). 


4.5.11 SUMMARY 

Projected electric power availability in 1980 and 2000 for each of the suggested plant locations 
is shown in table 4-14. Group A in the table is obtained by applying the ratio of power available or 
planned to be available at the city plant location to the logarathmic median of the projected country 
levels of Appendix B figures. Group B utilizes the FPC projections. 


4.6 METHODS OF POWER GENERATION 

Various methods of electric power generation will be available by the year 1980 to supply the 
projected requirements shown in table 4-1 . A brief description of each method is contained in the 
following paragraphs. 


4.6.1 HYDROELECTRIC 

This method is used widely today in locations conducive to construction of dams for both water 
control and energy production purposes. Hydro plants utilize the potential energy of stored water to 
move turbines which, in turn, convert mechanical energy into electricity by driving generators. No 
fuel cost is incurred with this method of generation. However, the large capital investment normally 
required partially offsets the substantial fuel savings. Moreover, the effects of drought, which may 
occur for extended periods, could result in expensive back-up power such as pumped storage systems 
or use of relatively inefficient gas turbine and/or steam turbine systems. 


4.6.2 PUMPED STORAGE 

Similar in principle to hydroelectric generating plants, this method stores available off-peak pow- 
er (as water power) to meet peak loads in excess of normal demands. This is accomplished by instal- 
lation of reversible pump turbines which transfer water to a reservoir during low power demand. Dur- 
ing peak demands, the stored water is released to generate power. Pumped storage is not necessarily 
a part of a hydro project and can be constructed as a separate system. The principal use of this meth- 
od is for peaking service or reserve backup. Therefore, it must be weighed carefully against the cost 
of reserve power from other sources. A rule of thumb for this method is that 1 .4 kwh of off-peak 
power yields 1 kwh of energy during peak periods. 
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TABLE 4-14. PROJECTED ELECTRIC POWER AVAILABILITY, 1980 AND 2000 



Medians 

Central 

City 


Projectec 

Capac 

Grid 

ity 

Country 

— im — 

(mW) 

2000 ' 

(mW) 

Applicable 

% 

1986 

(mW) 

2000 

(mW) 



Group A (From U.N. and FPC Data) 



Thailand 

3,800 

32,000 

Bangkok 

75 

2,800 

24,000 

South Africa 

12,000 

25,000 

Johannesburg 

60 

7,200 

15,000 

Lebanon 

1,600 

10,400 

Beirut 

100 

1,600 

10,400 

Brazil 

22,000 

70,000 

Sao Paulo 

80 

17,600 

56,000 

Australia 

21,000 

60,000 

Sydney 

40 

8,400 

24,000 

Japan 

130,000 

560,000 

Tokyo 

30 

39,000 

168,000 

France 

52,000 

120,000 

Paris 

40 

20,800 

48,000 


Group B (Primarily from FPC Data) 


City 

Grid Size 

Projected Capacity 
1980 2000 

Honolulu 
Los Angeles 
New York 

Oahu 

FPC Areas 46,47,48 
FPC Areas 1, 2, 3, 4 

1,000 1,800 
60,000 120,000 

60,000 120,000 
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4.6.3 CONVENTIONAL GAS, OIL, AND COAL 


These methods presently form the backbone of world power generation. Each system consists 
of a central station fossil-fuel-fired steam boiler. The boiler generates steam for use in steam turbines. 
These turbines, in turn, drive the generators which produce the required electricity. Each of these 
systems has been consistently improved over the years, resulting in lower costs for power output. Im- 
provements have included automation features, higher operating pressures and temperatures, and bet- 
ter materials for use in supercritical boilers. Temperatures above 1050°F are not presently economi- 
cally attainable and are one of the principal obstacles to higher efficiencies. Thermal efficiencies of 
40 percent have been attained with well-designed supercritical boilers. 


4.6.4 CONVENTIONAL NUCLEAR POWER 

Nuclear plants operate in a manner similar to the above, although at lower steam temperatures 
and pressures. The uranium-fueled reactor replaces the central station boiler in the neclear plants. An 
example of steam conditions for an 1100 mWe reactor is 965 psig and 540°F.97 Overall nuclear 
thermal efficiency is about 32 percent. Nuclear plants have the advantage of incorporating reactor de- 
sign improvements at any time. Also, new advances in fuel enrichment and fabrication techniques will 
enhance their competitive position. Three types of conventional nuclear reactors are in use today: 

(1) Light water reactors (LWR): Boiling water reactors (BWR) and pressurized water 
reactors (PWR) 

(2) Advanced gas cooled reactors (AGR) 

(3) Heavy water reactors: Natural uranium-fueled reactors moderated and cooled by 
heavy water (CANDU) 

Of the three types mentioned above, the LWR have the lowest initial investment and are the 
most feasible where fixed charges on plant investment are high. Reactors in the United States are 
normally in this group. The AGR and CANDU reactors have higher initial investments. However, 
CANDU does not require costly fuel enrichment due to the use of natural uranium. Also, heavy 
water is one of the best neutron moderators and results in more energy from a given quantity of fuel 
for this type of reactor. 


4.6.5 ADVANCED NUCLEAR POWER 

Three broad categories of future reactors in various stages of development include those described 
in paragraphs 4.6.5. 1 through 4.6.5. 3. 


4.6.5. 1 Near-Breeder Reactors 

High-temperature gas cooled reactors (HTGCR), advanced cooled dragon reactors, heavy water 
moderated organic cooled reactors (HWBLW), and steam-generating heavy water reactors (SGHWR) 
are examples of the convertor reactors. 


149 



Conversion ratios for these reactors are 0.8 to less than 1 .0. The fuel cycle for the convertor 
reactor can be based on either uranium or thorium, but both fuel cycles will require U-235 for about 
8 to 1 0 years to initiate the reaction. Thereafter these reactors will produce more fuel (which must be 
recovered by process) than they consume. The demand for uranium ore reserve will be less for the 
convertor reactor than for the LWR. The need for this type, as well as for the LWR, will be reduced 
when breeder reactors are fully developed and established as reliable economic power producers. 


4.6. 5. 2 Low-Gain Breeder Reactors 

These plants are a part of the fast-breeder family. Conversion ratio (or breeding ratio) is 1.1 to 
1 .25, with specific power of about 0.25 mW/kg of fissionable fuel. Doubling time is 10 years or 
more. These reactors could be in commercial operation by 1975. 


4. 6. 5. 3 Hieh-Gain Breeder Reactors 

These plants constitute that part of the fast-breeder reactor family (FBR) with breeding ratios 
of 1 .4 and a specific power of 0.33 mW/kg of fissionable fuel. Doubling time is about 7 to 10 years. 

If placed in commercial operation by the year 1980, these reactors can be complementary to the water 
reactors by the year 2000. In other words, these fast breeders will be able to produce almost all ot the 
enrichment fuel required by the water reactors by that time. 98 


4.6.6 COAL OR OIL GASIFICATION 

A description of the process and developments necessary to utilize this method of generating 
power with oil or coal fuels has been proposed. The proposed power cycle consists of a gasifier plant 
which takes residual oil or coal and converts these raw fuels to clean fuel gas. Removal of hydrogen 
sulfide (H 2 S) occurs in the gasifier, thereby eliminating harmful air pollution side effects normally 
associated with fossil-fueled plants. 

The clean fuel gas is then used with steam and oxygen (or air) as feed to gas turbine combustors. 
Perfection of system design results in an overall efficiency approaching 46 percent, as compared to a 
central station boiler plant efficiency of 40 percent. Turbines at 1 500 F are operational today, and 
2000°F units are believed attainable prior to 1 980. The development of gasifier apparatus to provide 
clean, dust-free combustible fuel will be the major obstacle. Preliminary economic studies show this 
method to have substantial merit. 

Additional systems and concepts obviously will emerge for evaluation prior to the year 1980. 
However, 4 to 6 years are normally required for planning, procurement, and construction of large 
power plants. Therefore, the systems noted will most likely be the facilities in commercial operation 
by 1 980 The following systems will continue to undergo evaluation and testing: Magnetohydro- 
dynamics (MHD), electrogasdynamics (EGD), thermoelectric, thermionics, fuel cells, solar energy, 
nuclear fusion, nuclear molten salt reactors, and seed and blanket reactors. These latter systems are 
not expected to be in commercial operation by 1980. However, the emergence of some of these will 
be seen by 1985 or shortly thereafter. 
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4.7 SELECTION OF POWER PLANT SIZE 


To determine the optimum plant size, a thorough analysis of grid loads, usage patterns, transmis- 
sion capabilities, and system flexibility must be completed for each site. In the United States, plant 
size is normally limited by the premise that a system must have enough reserve capacity to supply 
loads when the largest generating unit is out of service. This is about 1 5 to 20 percent of the total in- 
stalled capacity. For example, a system with a peak load of 1 200 mWe would, with a 1 5 percent re- 
serve, have an installed capacity of 1380 mWe. The largest single unit allowed would then be 180 
mWe. It should be noted that this premise is based on firm power requirements from the plant. 

To improve reliability and obtain low-cost reserve power, several utilities have constructed trans- 
mission line inter-ties or grids with neighboring systems. This resulted in the formation of reserve pow- 
er pools. In the event a member system suffers greater than 1 5 percent outages, grid reserves are avail- 
able to ensure continuity of service. 

Based on this grid concept and future progress in grid and transmission design, it is most probable 
that by 1 980 construction of plants will be based on grid instead of local system analysis. When jus- 
tified economically, all the electric systems in an entire nation or area may be joined in a single inter- 
connected network. Construction of generating, transmission, and distribution systems as part of a 
total network is envisioned. This will eliminate costly and wasteful duplications and take advantage 
of full utilization of the power capability of all plant sites. Also, the capabilities of the integrated net- 
work to take advantage of diversity in load patterns over large areas by effective dispatching will result 
in higher total network efficiencies. This will result in lower required reserve generating capacity. " 
Therefore, larger size plants approaching 1 100 to 3000 mW should be attainable in 1980 systems. As 
noted in paragraphs 4.5 through 4.5.1 1 , these large size plants will be a part of large fully integrated 
networks. Determination of the optimum plant size which can be constructed for each site has there- 
fore been based on using the grid concept for each general area. The largest single 1 980 fossil and 
nuclear plants are estimated to be 1100 mW and 3000 mW respectively. Also, the largest size unit 
that can be installed is assumed to be no larger than 1 5 to 20 percent of total installed 1 980 grid ca- 
pacity. A summary of plant sizes is shown in table 4-15, using projected grid capacities from table 
4-14. 


4.8 DETERMINATION OF PLANT INVESTMENT 

Plant investment is dependent on plant size, design, and location. Design is influenced by plant 
location, utilization, efficiency, and fuel cost. A plant designed for high efficiency will require oper- 
ating conditions which increase the cost of machinery and associated equipment. The resultant sav- 
ings in fuel cost, therefore, must be evaluated against higher capital costs to determine optimum de- 
sign characteristics. Plant construction, labor, and material costs will be dependent upon location of 
the plant. The expected plant utilization factor will be dependent on the function of the plant for 
either base load or peaking service and will also have a direct effect on plant design. 

Plant investment in dollars per kilowatt of installed capacity versus size is shown in figure 4-1 . 
The design criteria for the fossil fuel plants was based on supercritical boilers with reheat cycles using 
comprehensive investment data developed in a recent study." Nuclear plant investments, shown 
in figure 4-2, are from various sources, with the base curve derived from the study data. The nuclear 
plant curves are considered representative of 1980 investment costs. 100 Hydro plant investments 
shown in figure 4-3 are plotted as actual installed 'costs. 101 All curves have been based on ideal con- 
struction conditions, using the Washington, D.C., area as the construction base. Area adjustment 
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TABLE 4-15. PROJECTED GRID CAPACITIES AND PROPOSED PLANT DESCRIPTIONS 



mW 

1 

lh 2 



Description 


Location 

Grid Capacity 1 

Load 

Process 

Power Plant 

Assumed 
Plant Location 

City 

1980 

2000 

mW 

Type 

Size, mW 

Type 

Bangkok 

2,800 

24,000 

97 

Steam reforming 

600 

Hydro 

350 miles north 

113 

Partial oxidation 

600 

Hydro 

at Pa Mong Dam 




530 

Electrolysis 

1500 

Hydro 


Honolulu 

1,000 

1,800 

97 

Steam reforming 

150 

Oil 

Power plant at 

113 

Partial oxidation 

150 

Oil 

the air terminal 




530 

Electrolysis 

600 

FBR 


Johannesburg 

7,200 

15,000 

87 

Coal gasification 

1100 

Coal 

50 to 100 miles 


97 

Steam reforming 

1100 

Coal 

from air terminal 




113 

Partial oxidation 

1100 

Coal 





530 

Electrolysis 

1100 

Coal 


Beirut 

1,600 

10,400 

145 

Steam reforming 

300 

Oil 

Power plant at 

171 

Partial oxidation 

300 

Oil 

the air terminal 




990 

Electrolysis 

600 

Oil 


Sao Paulo 

17,600 

56,000 

193 

Steam reforming 

1100 

Hydro 

175 miles to the 

226 

Partial oxidation 

1100 

Hydro 

Fumase Dam 




1050 

Electrolysis 

2000 

FBR 

at the site 

Sydney 

8,400 

24,000 

193 

Steam reforming 

1100 

Coal 

50 to 100 miles 

226 

Partial oxidation 

1100 

Coal 

from terminal 




1050 

Electrolysis 

2000 

FBR 

at the site 

Tokyo 

39,000 

1 68,000 

232 

Steam reforming 

1100 

FBR 

Plants at the air 

272 

Partial oxidation 

1100 

FBR 

terminal 




1300 

Electrolysis 

2000 

FBR 


Los Angeles 

60,000 

120,000 

625 

Steam reforming 

2000 

FBR 

Plants at the air 

735 

Partial oxidation 

2000 

FBR 

terminal 




3400 

Electrolysis 

3000 

FBR 


Paris 

20,800 

48,000 

965 

Steam reforming 

2000 

FBR 

Plants at the air 

1135 

Partial oxidation 

2000 

FBR 

terminal 



1220 Steam reforming 
1430 Partial oxidation 
6600 Electrolysis 


2000 

2000 

3000 


FBR 

FBR 

FBR 


Plants at the air 
terminal 
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FIGURE 4-1. PLANT INVESTMENT vs PLANT SIZE 
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FIGURE 4-2. PLANT INVESTMENT vs PLANT SIZE (NUCLEAR) 
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FIGURE 4-3. PLANT INVESTMENT vs PLANT SIZE (HYDROELECTRIC) 





















factors for each specific location must be applied to these investment cost curves. These factors have 
been compiled for various areas by the Department of Defense from actual bid experience and have 
been adjusted relative to a base index of 1.0 for Washington, D.C. 

The following formula has been used in the determination of power plant investment at each 

site. 


I = (S (i x 1.15) x P| x A j ) + (S (i x 1.15) x P 2 x A 2 ) - S x AF (l x 1.15) 

where I = Power plant investment in dollars 

S = Proposed power plant size in kilowatts 
i = Base investment cost $/kw for the power plant (figure 4-1) 

1.15 = Base investment of 1 00% plus reserve investment of 1 5% 

Pj = Fraction of base investment using local labor, materials, etc. 

Ai = Area adjustment factor for local costs 

P 2 = Fraction of base investment using base labor, materials, etc. 

A 2 = Area adjustment factor for base (Washington, D.C.) costs 
AF = Area adjustment factor* 

*No capital investment reserve contingency is incorporated in this analyses. Power plant investment 
analyses normally contain this contingency, but this is not the case for the hydrogen facility evalua- 
tion. 


For hydrogen facilities use: 

^location = 1 x AF 

where location = capital investment at the use point 

1 = capital investment based on Section 3 data (Washington, D.C., base) 

Factors applicable to each location are listed in table 4-16. 


TABLE 4-16. LOCATION FACTORS 


Location 

Al 

A 2 

p l 

p 2 

AF 

Bangkok 

Bangkok (hydro) 

Johannesburg 

Honolulu 

Beirut 

Sao Paulo 

Sydney 

Tokyo 

Los Angeles 

Paris 

New York City 

1.5 

1.5 

1.0 

1.3 

1.2 

1.5 

1.1 

0.8 

1.1 

1.1 

1.3 

1.0 

1.0 

1.0 

1.0 

1.0 

1.0 

1.0 

1.0 

1.0 

1.0 

.1.0 

25 

50 

25 

25 

25 

50 

50 

50 

100 

50 

100 

75 

50 

75 

75 

75 

50 

50 

50 

0 

50 

0 

1.125 

1.250 

1.000 

1.075 

1.050 

1.250 

1.050 

0.900 

1.100 

1.050 

1.300 
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FIGURE 4-4. PLANT LOAD FACTOR vs AVERAGE COST OF POWER 



















4.9 DETERMINATION OF POWER COST 


Many variables will affect the busbar cost of electric power from a new plant. They include 
plant size, investment, fixed charge rate on the investment, fuel cost, operation and maintenance 
costs, load factor, and plant availability. 

The following assumptions have been made in order to estimate the busbar cost of power. Plant size 
and investment were determined by using the analysis developed in paragraphs 4-7 and 4-8. Each of 
the area electric grid systems was assumed to supply electricity to the liquid hydrogen facility contin- 
ually at 2300 volts at the busbar (or substation in the case of transmitted power). Calculations were 
for a 30-year contract period, subject to cancellation charges. 


4.9,1 LOAD FACTOR 

The cost of power, which includes the cost of reserve power, was based on an average production 
of 0.96 kwh/hr/kw of capacity from the optimum size plant for a 30-year period. 


4.9.2 PLANT AVAILABILITY 

The optimum size plant is estimated to have 85 percent availability, with reserve power available 
during the remainder of the year. This hypothetical unit is scheduled to run at 96 percent capacity 
during availability. The effect of changing this 96 percent load factor on the average cost of power 
for two different size plants in New York City is shown in figure 4-4. 


4.9.3 FIXED-CHARGE RATE 

The annual fixed charge rate on the investment has been based on using an annual rate of return 
on capital investment of 6 V 2 percent per year. This amounts to 4.1 5 percent levelized rate of return 
over a 30-year life for fossil and nuclear plants. The income tax effect has been computed based on 
United States rates, using a capital structure of 50 percent debt and 50 percent equity financing, ac- 
celerated depreciation, and investment tax credits. Straight line depreciation, ad valorem taxes at 
2.0 percent per year and insurance at 0.1 5 percent for fossil and 0.40 percent for nuclear plants have 
been used. 102 A tabulation of this analysis which will be used as the standard for this study for the 
various type plants is shown in Table 4-17. 


TABLE 4-17. FIXED-CHARGE RATE STANDARDS 


Item 

Fossil 

Nuclear 

Hydro 

Average return on investment 

4.15 

4.15 

4.15 

Depreciation 

3.35 

3.35 

2.00 

Income-tax effect 

1.35 

1.35 

1.25 

Insurance 

0.15 

0.40 

0.10 

Property taxes 

2.00 

2.00 

1.00 

Total 

11.00 

11.25 

8.50 
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Variations in fixed charge rates will obviously occur at the different locations. Graphical presen- 
tations showing the effect of varying the rate where the slope (M) represents the change in Mills per 
kwh for each 1 percent change in fixed-charge rate is shown in figures 4-5 through 4-7. Examples of 
some reported but unconfirmed fixed-charge rates are given in table 4-18. 


TABLE 4-18. EXAMPLES OF FIXED-CHARGE RATES 


Location 

Area Adj. 
Factor 

Fixed-Charge Rate 

%/Year 

Nuclear 

Fossil 

France 

1.1 

94 105 

8.06 95 

New York City 

1.3 

12.55 102 

12.05 102 

Montreal 

0.9 

7.00 39 

7.00 39 

United Kingdom 

1.0 

10 . 00 39 

10 . 00 39 

Tokyo 

0.8 

14.00 39 

13.00 39 

Los Angeles 

1.1 

13.00 103 

12.50 95 

Hawaii 

1.3 

11. 30 95 

10.80 95 

TVA 

1.0 

5.90 97 

5.90 97 


4.9.4 OPERATING AND MAINTENANCE COSTS 

The curves for each plant type shown in figure 4-8 have been scaled from a general curve given in 
data presented. 105 Scaling has been based on analysis of available data and estimated plant complexity. 


4.9.5 COST OF FUEL 

The cost of fuels presented in table 4-1 3 is the assumed cost delivered to the air terminal. Stor- 
age for oil or coal at the site is included in the power plant investment. Nuclear fuel costs presented 
in figure 4-9 are based on available data." The fuel costs per kwh generated for each plant size and 
method have been computed by using 8750 Btu/kwh for coal, oil, and gas, and 10,500 Btu/kwh for 
nuclear fuel." 


4.9.6 RESERVE 

A 1 5 percent reserve is required for each proposed power plant. The investment for this reserve 
is considered to be comparable in $/kw to the proposed power plant investment. Therefore, the ana- 
lysis for determination of power cost includes the investment cost of reserve in the formula in para- 
graph 4.8. Operating and maintenance costs at 1 1 5 percent of figure 4-8 data have been used for al- 
locating the costs of maintaining reserves. 

Based on the foregoing methodology and analysis, power costs were determined for various size 
and type plants at each location and are presented in Appendix C. A summary of the power costs 
anticipated at each air terminal is presented in table 4-19. 
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FIGURE 4-6. PLANT FIXED CHARGE RATE vs AVERAGE COST OF POWER (CONVENTIONAL NUCLEAR) 
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FIGURE 4-8. PLANT OPERATING AND MAINTENANCE COSTS vs PLANT SIZE 
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FIGURE 4-9. NUCLEAR FUEL COST vs PLANT SIZE (1980) 





It should be noted that fuel costs used in power calculations in some cases are not identical to 
table 4-19, due to acquisition of new cost data. Most changes are considered insignificant. However, 
the updated cost data has been utilized in the discussion on hydrogen production in Section 5 . 
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Section 5 


COMPOSITE SYSTEM ANALYSES 
5.1 GENERAL INFORMATION 


Several approaches have been made to satisfy the respective production requirements. Analyses 
used in this report are not unique in that several other methods could be employed. However, the 
technique employed does lead to a meaningful development of the relationship between the various 
use points and their respective liquid hydrogen costs. To lead to this development a number of gener- 
al assumptions or guidelines were established with respect to the overall analysis technique. 

Information is presented for each of the ten geographic locations. Specific considerations lead 
to the development of hydrogen facilities meeting local production requirements. Costs for producing 
the liquid hydrogen product are established for each of these locations. 

In certain instances more than one composite liquid hydrogen facility is economically feasible. 

In those cases comparative cost data is developed. Further, combinations of industry with the liquid 
hydrogen facility can be anticipated. In these cases general discussions relate to the effect of the 
peripheral industries upon the cost of the liquid hydrogen product. 

All of the liquid hydrogen facilities are considered to be adjacent to the product use point. The 
cost data developed for the raw materials and process energy is related to each use point. 

The production from any one facility has been taken as the nominal amount delivered to the air- 
craft servicing manifold. New York City, for example, requires a delivery of 2500 T/D. This assump- 
tion does not account for losses beyond the interface of the manifold. Actual requirements at the in- 
terface will be somewhat higher and could be considered in another analyses when more information 
is developed for liquid hydrogen use at the specific location. 

Political considerations have not been incorporated in the analysis. Concerns such as air pollution, 
were judged to be outside the scope of this report. These considerations can be incorporated in future 
analyses when more specific evaluations are required. 

Safety considerations have been incorporated in the buildup of each facility in terms of its com- 
ponents. These considerations, made with respect to safety in the development of the four respective 
subsystems, are considered adequate for all the locations. 

The supply of energy and raw materials has been taken as “at the liquid hydrogen facility”. In 
the first analysis no benefit can be gained by separating the energy and material source from the liquid 
hydrogen facility. Minemouth power generation with electric transmission to the liquid hydrogen 
facility is an example of this. 
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5.2 ANALYSIS TECHNIQUE 


For this study, it was not possible to determine an aircraft schedule that would reflect anything 
less than continuous full requirement usage rate. The liquid hydrogen facilities are consi ere o 
100 percent net production at all times, except in the case of a catastrophic occurence. Costs ca - 
culated, then, incorporate all the features required to provide this reliability. If an alternate method 
of operation would be desirable, the cost data can easily be adjusted. 

Capital investment costs for the liquid hydrogen facilities will be adjusted by suitable area fac- 
tors. Detail information describing these factors is presented in Section 4, paragraph 4.8. 

Fixed charge rates are taken as 1 1 percent per year. This rate is based upon a 1 5-year straight 
line depreciation of money. No taxes or profit are reflected in this capital charge rate. The buildup 
of the charge rate, reflecting the current practice in the process industry, is presented in table 5-1 . 


TABLE 5-1. CHARGE RATE BUILDUP 


Annual Fixed Item 

Rate 

Depreciation 

6.67%/yr. 

Insurance 

0.33%/yr. 

Average Interest 3 

3.00%/yr. 

General & Administrative 

1.00%/yr. 

TOTAL 

1 1 .00%/yr. 

. * * i i_i 


a 3 percent is taken as the average interest corresponding to a rate on the unpaid balance of principal 
outstanding of 6 percent. 


5.2. 1 GAS PRODUCTION AND PURIFICATION INFORMATION 

It has been assumed that a representative “on-stream” factor for the modular units of this sub- 
system is 93 percent. This is, 93 percent of the time, each module will be able to operate at rated 
capacity. The longest duration for an outage of a module is ten consecutive days. 

This assumption reflects the best projections by the manufacturers of steam reforming and par- 
tial oxidation equipment. Those projections have been assumed to be representative of the coal pro- 
cessing equipment and the electrolysis equipment. Extension of the projection to coal equipment 
seems reasonable based upon the similarity of processes. Electrolytic processing is most unlike the 
other processes in terms of equipment. No real basis for a corresponding on-stream factor was deter- 
minable for this processing. Opinions range from electrolytic processing being grossly unreliable to 
that of being nearly 100 percent reliable. As an aid to analysis, then, all modules of the various pro- 
cesses have been assumed to perform with a 93 percent on-stream factor. 
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Projection of modular sizes from current technology by equipment and manufacturers indicate 
that the steam reforming and partial oxidation processes will be limited to not more than 250 T/D 
in the future. The other processes, less sophisticated in current development, are more difficult to 
project. Therefore, the 250 T/D module was chosen as a representative size for the purpose of this 
study. 

It should be pointed out that the hydrogen halide process is not considered in the detailed analy- 
ses. A preliminary review of the process, from a cost standpoint, does not result in its being competi- 
tive. The extreme capital investment burden of this process is the basic cause for the extremely cost- 
ly operation. As a process, hydrogen halide will remain as one of the future hydrogen producing 
methods, with the hope that economics will improve with time. 


5.2.2 GASEOUS HYDROGEN LIQUEFACTION AND CONVERSION 

The guidelines applicable to analysis of this subsystem are those established in Section 3, para- 
graph 3.3. That is, the high level cascade refrigeration low-level hydrogen recycle refrigeration process 
will be employed. Further, product ortnopara conversion level will be taken as 95 percent para. Los- 
ses of hydrogen within the process are taken as 4 percent of the net production. That is, for each 
pound of hydrogen product, 1 .04 pounds of hydrogen feed gas is required. This loss represents the 
experience of present technology and therefore, permits the sizing of the gas plant based upon the 
capacity required from the liquefaction units. 

Modular sizes of liquefaction units could range from 250 to 2500 T/D. However, from an oper- 
ational standpoint, it will be more desirable to have multiple units for the larger capacity installations. 
For purposes of this report, it will be assumed that the liquefaction modules can range to 1000 T/D 
capacity. The on-stream factor for each module will be taken as 97 percent with the longest outage 
period being taken as 7 consecutive days. 

The on-stream data reflects current operating experience with large tonnage cryogenic process 
plants. Experience with future large scale plants may, in fact, result in improved on-stream character- 
istics. Use of the noted values, then, represents a conservative approach at this time. 

It should be noted that liquefaction cost determination is, in fact, dependent somewhat upon the 
specific gasification process supplying the gaseous hydrogen. For example, a partial oxidation pro- 
cess will generate the makeup nitrogen gas required by the liquefaction equipment. Also, electrolytic 
process energy requirements will be such that lower cost energy should be available to the facility. 
These dependencies will be borne out in the respective analyses. 


5.2.3 STORAGE OF LIQUID HYDROGEN 

A variety of storage systems could be used. Preliminary economic analysis indicates that the evac- 
uated perlite, double-wall tank configurations would be the more desirable configurations. This type 
of storage equipment design has been incorporated in the analysis of the respective facilities. 

Facility operating experience requires that at least two storage vessels be built at each facility. 
Having two vessels will allow the simultaneous production of liquid hydrogen and the loading of air- 
craft at two different respective rates. Further, a measure of reliability is inherent in the storage faci- 
lity in the event one tank has a failure. 
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Storage equipment sizing is primarily dependent upon the modules in other facility subsystems. 
The major portion of the storage capacity has the function of providing backup inventory for various 
subsystem module production outage. Determination of this portion of the storage capacity wi 1 
fer for the various liquid hydrogen facilities. In addition to the production outage backup, an oper- 
ational flywheel” backup is provided equivalent to one day’s withdrawal. This additional storage cap- 
acity provides for backup necessary to account for short duration operational production irregu an les 
that can occur. 

It is indicated that two vessels will be used to provide the required storage capacity. However, 
actual storage capacity must be somewhat greater than that required for outage and operational fly- 
wheel. The operation of the two tanks is such that inventory in each tank will cycle about the re- 
quired level. In order to have the required inventory at all times, the oversize tanks allow for “over- 
filling” of one while the other is below its required level. Without being able to project the exact 
operational scheduling for each facility, it is felt that an “oversize factor” of 5 percent will result in 
satisfactory operation. This results in the actual storage capacity being: 

Storage Capacity = 1 .05 x (Subsystem Outage + One Day’s Withdrawal) 

Storage system losses are based upon the heat leak characteristics of the tanks chosen. Also, a 
loss due to conversion of ortho hydrogen to para hydrogen is considered. The loss due to conversion 
is taken as 1 .25 percent of the liquid product from the liquefaction units (paragraph 3.3). The two 
losses, then, must be considered in sizing the amount of liquid production required. 


5.2.4 DISTRIBUTION OF LIQUID HYDROGEN 

It is judged that liquid hydrogen distribution will be limited to transfer from facility storage di- 
rect to aircraft fueling manifold. That is, there will be no extensive distribution of liquid hydrogen. 
This is in keeping with the premise that the liquid hydrogen facility is located adjacent to the use 
point. In this instance, the distribution of liquid hydrogen would be accomplished by a facility pipe- 
line. Details of this facility piping are presented as examples in the report detailing pipeline distribu- 
tion. The standard two mile lengths and attendant 7 percent loss characteristics will be used for the 
basis of the composite analyses. Other liquid hydrogen distribution systems could be incorporated at 
any location for distributing incremental product for uses other than aircraft. Such considerations, 
however, are not incorporated in the analyses. 


5.2.5 CALCULATION TECHNIQUE 

The calculations are classified into two categories; facility description (sizing), and production 
cost determination. The facility description is concerned with the calculations detailing the unit plant 
size and the operating requirements. These calculations relate to each location product usage wit m 
the general guidelines as presented. The production cost determination details the actual faci ty op- 
eration cost with respect to the system described. Ultimately, the cost determined, ratioed with the 
net product, yields a unit cost of product. 

In application, the calculations detailing the facility descriptions are a series of trial and error 
estimates, ultimately defining an acceptable system. The trial and error calculations account for the 
losses of the product, the unit sizes, etc. The system ultimately described will provide the required 
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product with sufficient reliability. The systems are characterized by the respective subsystem nomin- 
al size and daily average production. Based upon these two sets of characteristics investment and op- 
erating cost can be developed for a given facility. Competition between various systems for a given 
situation then can be evaluated in terms of the corresponding total production costs. 

The trial and error calculations, detailing facility descriptions, are not presented in this report 
section. A tabulation of the production costs for the facility is made for each location. Two sets of 
sample calculations for typical facilities are presented in appendix D of this report. These calculations 
are typical of the larger and the smaller production requirements. Worksheets used in the production 
cost determination are included as Appendix E of this report. This information complements the tab- 
ulations for this section of the report. 


5.3 GEOGRAPHICAL ANALYSIS 


The information presented summarizes the calculations made in determining the plant subsystem 
sizes and product cost for each of the ten geographic locations. Detailed calculations of Bangkok and 
New York City typically show the method of calculating the summarized data and all production cost 
determination as presented in Appendix D. Several process subsystem combinations are economically 
feasible. Specifically this means that several types of gas generating processes, when coupled with the 
optimum liquefaction cycle, must be evaluated to determine the minimum cost of product. Where a 
type of process is obviously not competitive, a comment is made in lieu of the calculations. 

While it is evident that an integrated facility combining the hydrogen production plant with a 
broader industrial complex, such as a refinery, chemical or petrochemical plant, or any other opera- 
tion which could share raw materials or exchange byproducts will yield a lower cost of hydrogen, the 
definite selection of a particular integration of related operations at any of the proposed sites in the 
post 1980 period would be highly speculative. For each location, therefore, a set of information is 
presented for the “stand alone” facility, wherein all input costs relate exclusively to hydrogen produc- 
tion, and the resultant summation of costs yields the hydrogen cost at the location. To this base cost 
of hydrogen, credits can be cited for the value of salable byproducts of the “stand alone” facility. 
Potential savings and the resultant reduction to this base cost of hydrogen through integration are 
described in less definitive terms. 


5.3.1 BANGKOK 


5. 3. 1.1 Stand Alone Facility 

Calculations were made to determine the annual production costs associated with the various 
combinations of subsystems and the resultant cost per pound of liquid hydrogen. The results are pre- 
sented in table 5-2. 
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TABLE 5-2. PRODUCTION COST DATA (BANGKOK) 


Annual Production Cost in Millions of USA Dollars 


Component 
of Cost 

Steam Reforming 
Based Plant 

Partial 
Oxidation 
Based Plant 

Coal 

Gasification 
Based Plant 

Electrolysis 
Based Plant 

Raw 

Materials 

5.52 

4.51 

14.06 

0.23 

Energy 

2.84 

3.34 

2.90 

13.85 

Capital 

Investment 

5.75 

5.85 

7.37 

8.33 

Operating 

Cost 

3.11 

3.29 

4.72 

4.45 

Total 

17.22 

16.99 

29.05 

26.86 


Unit Product Cost 


1 1.8 cents/lb LH 2 

1 1.6 cents/lb LH 2 

19. 9 cents/lb LH 2 

18.4 cents/lb LH 2 



It is apparent that the liquid hydrogen facilities employing electrolysis or coal gasification sub- 
systems are not economically competitive. Therefore, these two systems do not warrant further eval- 
uation for this location. 

The competitive comparison, therefore, centers around the two remaining gas production and 
purification subsystems, steam reforming and partial oxidation. 

Both processes are calculated to produce liquid hydrogen for nearly the same cost. Therefore, 
the choice of process is dependent upon the availability of raw materials and the byproduct credits 
that can be applied to cost of product as a result of the choice. 

As summarized in paragraph 4.4.3.9.1, Thailand neither produces nor uses natural gas in its pre- 
sent industrial community. Practically all of the energy consumed is derived from imported oil. It 
could be projected, therefore, that oil will continue to be the predominant raw material. This pro- 
jection is clouded by the fact that the LNG industry is in its early infancy and by the post- 1980 era 
natural gas in liquid form could be available from Indonesia. Therefore, no clear-cut decision can be 
made at this time regarding the availability of raw materials. 

In evaluating the credits due to byproducts, steam reforming and partial oxidation both produce 
about the same quantity of carbon dioxide per pound of product produced and are, therefore, a stand- 
off. 
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Although it would be possible to utilize the carbon dioxide in a large chemical process industry, 
it is difficult to estimate a credit value for approximately 1400 tons of carbon dioxide per day. There- 
fore, no credit has been assigned. 

In addition to carbon dioxide, the partial oxidation process also produces carbon and steam as a 
byproduct. Byproduct carbon can be used as a fuel, either in the hydrogen facility or in a brickette 
for market distribution. The value of the carbon (i.e., 10,000 tons per year) at 3 mills per pound is 
equivalent to $60,000 per year. Approximately 500,000 tons per day of saturated steam at 100 to 
300 psia is available as a byproduct and can be marketed, for heating purposes, at a value of about 
$350,000 per year. 

The two marketable byproducts, therefore, can reduce the annual production costs of the partial 
oxidation process by $410,000 per year, or $0,003 per pound of LH 2 . 

Based on this, it can, therefore, be seen that the choice of process is not clear cut and will be de- 
pendent upon the economy and industrial growth of the country. However, for the purpose of this 
report, the partial oxidation process is chosen as the logical process for Bangkok. 


5.3. 1.2 Integrated Facility 

The industrial community in Bangkok will be well developed by the post- 1980 period. It can be 
presumed that an industrial complex could be developed incorporating liquid hydrogen, industrial gas 
processing, and petrochemical process facilities. 

Based on incorporating the hydrogen facility in the industrial complex, byproduct oxygen from 
the electrolytic process could be marketed. If an electrolytic process is selected for the hydrogen pro- 
duction, about 656,000 tons per year of gaseous oxygen would be available for sale within the com- 
plex. Based on an optimistic credit of $5.00 per ton for oxygen, the resultant product hydrogen cost 
is reduced from $0.1 84/lb LH 2 to $0. 164/lb LH 2 . Thus, hydrogen from an electrolytic cell still does 
not appear attractive in Bangkok for an integrated facility. 

Partial oxidation appears to be the most practical method to employ. The integrated facility will 
constitute a large concentrated electrical energy load. Based on the larger power demand for the inte- 
grated load, a power cost of $0. 00336/kwh instead of the stand alone cost of $0.00391 /kwh is as- 
sumed. This lower power cost is equivalent to reducing product hydrogen costs to $0.1 13/lb LH 2 
from $0. 1 1 6 - 

A big potential, as well, for reducing the cost of product hydrogen lies in finding an alternate 
method generating or procuring gaseous hydrogen. For example, refinery of gases or tail gases may 
contain as much as 80 to 99 percent hydrogen by volume. The amount of such gas, however, normal- 
ly is not large, relatively speaking. For example, a large refinery of current design can “supply” typi- 
cally a hydrogen facility approximately 30 T/D production. A large chemical process, electric caus- 
tic works, for example, may liberate enough hydrogen to support a 10 T/D hydrogen facility. Of 
course, these high quality feedstocks are not available at no cost. 

It might be projected, for example, that refineries, process industry, etc., could supply approxi- 
mately 25 percent of the hydrogen required at the liquefier. Further, assume that the gaseous hydro- 
gen costs an equivalent of approximately $0. 005/lb LH 2 and the remaining 75 percent of the gas at 
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the liquefier costing $0.052/lb LH 2 (accounting for low cost energy in the partial oxidation calcula- 
tion). This yields an average gas-to-liquefier cost of $0.040/lb LH 2 and a product cost decreases from 
$0.053/lb LH 2 to $0.040/lb LH 2 for the liquefier gas. In turn, the total product cost reduces to 
$0. 103/lb LH 2 from $0.1 16/lb LH 2 , without counting low cost energy in the liquefaction plant Ac- 
counting for low cost energy in liquefaction, the total product cost will further reduce to $0. 1 / H 2 . 

Net product cost with $0.003/lb LH 2 byproduct credit then becomes $0.098/lb LH 2 . 

The value for the product cost is projected as representative of the integrated facility system. 
Additional considerations could lead to further cost reduction, but it is not judged that the reductions 
cited would be significantly greater. In other words, a product cost reduction of 20 percent can be 
taken as the maximum for the Bangkok location. Considering the 20 percent reduction, then the stand 
alone production cost of $0. 1 16/lb LH 2 reduces to $0.091/lb LH 2 for an integrated facility. 


5.3.2 HONOLULU 


5. 3.2.1 Stand Alone Facility 

Calculations were made to determine the annual production costs associated with the various 
combinations of subsystems and the resultant cost per pound of liquid hydrogen. The results are pre- 
sented in table 5-3. 


TABLE 5-3. PRODUCTION COST DATA (HONOLULU) 



Annual Production Cost in Millions of USA Dollars 

Component 
of Cost 

Steam Reforming 
Based Plant 

Partial 
Oxidation 
Based Plant 

Electrolysis 
Based Plant 

Raw 

Materials 

5.95 


4.99 

0.47 

Energy 

4.77 


5.60 

20.25 

Capital 

Investment 

5.49 


5.59 

7.96 

Operating 

Cost 

3.11 


3.29 

4.45 

Total 

19.32 

19.47 

33.13 


Unit Product Cost 


13.2 cents/lb LH 2 

13.3 cents/lb LH 2 

22.7 cents/lb LH 2 
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Data presented in table 5-3 indicates that liquid hydrogen facilities employing an electrolysis sub- 
system are not competitive with those systems incorporating either steam reforming or partial oxida- 
tion. Therefore, no further attention will be directed toward the electrolytic gas plant facility. The 
steam reforming and partial oxidation facilities, however, have essentially identical production costs. 

If a gaseous hydrogen producing facility were to be built in Honolulu today, in all likelihood the 
first choice would be the partial oxidation process. As in Bangkok, oil is the principle source of ener- 
gy. No natural gas is currently used in the industrail community. It is projected, however, that large 
liquid methane distribution systems will be in operation in the mid-Pacific Ocean by the 1980 period, 
and that either of the two gas processes could be employed. 

Therefore, no firm basis for making a selection between these two types of facilities now exists. 

As referenced in the Bangkok study, partial oxidation process byproducts are of minimal value, 
while steam reforming byproducts are of essentially no value. It would not be anticipated that any 
significant byproduct credit could be established for the Honolulu plant. 

As a result, it is projected that the product cost of liquid hydrogen at the Honolulu facility will 
be $0.1 32/lb LH 2 . 

5. 3. 2.2 Integrated Facility 

The present industrial community in Hawaii is of rather limited development. No real basis can 
be seen at this point in time for projecting a large or complex industrial development in the future. As 
a result, it is projected that an integrated concept of the facility will not be feasible in the Honolulu 
location. 

A single exception does exist in that Water desalinization may become a necessary industry in 
Honolulu. The main effect of the water desalinization would result in a reduction in energy cost to 
the liquid hydrogen facility. It is projected that the lower cost process energy would be $0.00472/kwh, 
or the overall production cost of liquid hydrogen from the steam reforming gas plant facility and par- 
tial oxidation gas plant facility would be $0. 126/lb LH 2 and $0. 124/lb LH 2 , respectively. 

Further reductions in the cost of product hydrogen are not projected. Future developments in 
the industrial community may of course occur in the post-1980 period. However, no basis for making 
projections of these developments exist at this time. Thus, further integrated concept analysis of the 
product hydrogen cost is not feasible. 


5.3.3 JOHANNESBURG 
5.3.3. 1 Stand Alone Facility 

Calculations were made to determine the annual production costs associated with the various 
combinations of subsystems and the resultant cost per pound of liquid hydrogen. The results are 
presented in table 5-4. 


175 



TABLE 5-4. PRODUCTION COST DATA (JOHANNESBURG) 



Annual Production Cost in Millions of USA Dollars 

Component 
of Cost 

Steam Reforming 
Based Plant 

Partial 
Oxidation 
Based Plant 

Coal 

Gasification 
Based Plant 

Electrolysis 
Based Plant 

Raw 

Materials 

5.64 

4.74 

5.06 

0.25 

Energy 

2.21 

2.59 

2.26 

11.84 

Capital 

Investment 

5.10 

5.19 

6.55 

7.40 

Operating 

Cost 

3.11 

3.29 

4.72 

4.45 

Total 

16.06 

15.81 

18.59 

23.94 



Unit Product Cost 


1 1 .0 cents/lb LH 2 

10.8 cents/lb LH 2 

12.7 cents/lb LH 2 

16.4 cents/lb LH 2 


The data presented indicates that hydrogen systems employing hydrocarbon processing are econ- 
omically competitive while systems employing coal gasification or water electrolysis are significantly 
more costly. 

Coal gasification based systems, as evaluated, have calculated production costs approximately 20 
percent greater than the cost for the hydrocarbon system. Since the coal gasification system is used 
on a limited basis in today’s industrial world and the scale-up to the projected size is far greater than 
in the steam reforming and partial oxidation system, the order of accuracy for estimating the cool 
gasification system could vary by this 20 percent. The electrolysis based plant is eliminated due to 
its still wider product cost margin. 

It is, therefore, reasonable to project that either the hydrocarbon processes or the coal gasifica- 
tion could be employed as the gas generating subsystem in the Johannesburg location. 

It should also be pointed out that no consideration is made in the calculation for economic in- 
fluence that likely will be present in the Johannesburg location. Special credits or import duties un- 
doubtedly could be established to encourage the use of the abundant coal resources available in the 
area for the liquid hydrogen facility. It would seem that as a minimum, the cost for producing the 
hydrogen by the coal gasification process could ultimately be equivalent to or less than the cost for 
the hydrocarbon system. In view of this, it could be projected that Johannesburg will, in fact, employ 
a coal gasification base system. For this analysis,cost of a partial oxidation based liquid hydrogen 
system will be used for evaluation. 
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As noted in the analysis for Bangkok, the value of byproduct carbon dioxide is considered to be 
negligible. This same consideration is being projected to the Johannesburg location. As a result, the 
representative cost for the liquid hydrogen from the partial oxidation base facility would be $0,108/ 
lb LH 2 . 

5 . 3. 3 . 2 Integrated Facility 

The industrial economy of Johannesburg currently is a well developed and thriving system. The 
currently existing industrial community offers a significant potential for an integrated facility for 
Johannesburg location. In particular, the agricultural and basic metals processing industries provide a 
large, well diversified industrial gas complex for the post-1980 period. Further, it is expected that 
petroleum processing, although not an extensive industrial activity today, will be developed within the 
industrial community in the future. 

In view of the foregoing, it would be anticipated that the liquid hydrogen system in Johannesburg 
would be a part of a large industrial complex generating several industrial gases, such as oxygen, nitro- 
gen, argon, etc. This would result in providing lower cost energy to the liquid hydrogen facility and 
significantly reducing the cost of gaseous oxygen required in a coal gasification subsystem, below that 
associated with the stand alone facility. 

It is projected that the cost of electrical power would be equivalent to the cost of power associa- 
ted with the electrolysis based hydrogen system. Oxygen, in the integrated system, could be of such 
demand that effective cost of oxygen to the hydrogen system would be $3.5 0/T. Considering these 
two factors, the production cost of liquid hydrogen would be reduced to $0.1 04/lb LH 7 from $0,108/ 
lb LH 2 . Further reduction might be anticipated, but a minimum point of $0. 100/lb LH 2 is projected. 

5.3.4 BEIRUT 


5.3.4 . 1 Stand Alone Facility 

Calculations were made to determine the annual production associated with the various combin- 
ations of subsystems and the resultant cost per pound of liquid hydrogen. The results are presented 
in table 5 - 5 . 

Coal gasification data has not been included since coal is not judged to be a readily available or an 
economically competitive raw material. The electrolysis process energy system was included for com- 
parative purposes only. The data shows that the cost of hydrogen for this system is double that of the 
hydrocarbon processing systems. Petroleum processing and handling is a well developed industrial 
activity at the Beirut area. Future activities are likely to increase in the post 1 980 period, and lique- 
faction of natural gas now virtually non-existent, can be anticipated as being one of the future petro- 
leum processing industries. 

For this reason no clear choice between the partial oxidation and steam reforming based hydro- 
gen system can be made. For all practical purposes the systems are identically competitive and secon- 
dary factors such as raw-material availability and cost will be the determining factor in the ultimate 
choice. 
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TABLE 5-5. PRODUCTION COST DATA (BEIRUT) 



Annual Production Cost in Millions of USA Dollars 

Component 
of Cost 

Steam Reforming 
Based Plant 

Partial 
Oxidation 
Based Plant 

Electrolysis 
Based Plant 

Raw 

Materials 

7.08 

5.86 

0.69 

Energy 

5.56 

6.53 

27.46 

Capital 

Investment 

7.05 

7.18 

10.58 

Operating 

Cost 

4.12 

4.36 

5.92 

Total 

23.81 

23.93 

44.65 


Unit 1 

J roduct Cost 


1 0.9 cents/lb LH 2 

10.9 cents/lb LH 2 

20.4 cents/lb LH 2 


As noted in the previous presentations, credit due to byproduct revenues for the partial oxidation 
system are comparatively small. A value of approximately 3 percent of the base product cost was es- 
tablished as the credit for byproducts at the Bangkok location. This credit was based upon byproduct 
revenues associated with waste materials from the partial oxidation system. By comparison, the steam 
reforming base system has only a single byproduct, carbon dioxide. As in the Bangkok situation car- 
bon dioxide would be a byproduct of questionable value in Beirut. 

In view of this the 3 percent byproduct credit established for a partial oxidation system in Bang- 
kok, is taken as a credit for the partial oxidation system in Beirut. No byproduct revenue credit is 
established for the steam reforming system. This credit results, then, in a net product cost of $0. 1U / 
lb LH 2 . 


5. 3. 4. 2 Integrated Facility 

As indicated, the Beirut location is projected to be a mid-east center of a petroleum processing 
industry. Complex industrial development associated with the use of or processing of petroleum 
products are expected to accompany the basic refinery operations. Systems to produce chemical ma- 
terials in agricultural supplies can be anticipated. This would provide an opportunity for an integrated 
facility with respect to the liquid hydrogen processing requirement. As a minimum, it would be ex- 
pected that concentrated electrical loads would result in a lower cost energy and would be available 
to the hydrogen facility. Also, the use of petroleum byproducts for major products at lower unit costs 

would be anticipated. 
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In the end analysis, the cost reduction resulting from an integrated facility at Beirut should be 
analogous to the 20 percent value established in the Bangkok location. The choice of the system 
(steam reforming or partial oxidation) will depend upon the economic competition. It is reasonable 
to expect, therefore, that a product cost approximating $0.087/lb LH 2 could be achieved in Beirut 
with an integrated facility. 


5.3.5 S AO PAULO 

5.3.5. 1 Stand Alone Facility 

Calculations were made to determine the annual production costs associated with the various 
combinations of subsystems and the resultant cost per pound of liquid hydrogen. The results are pre- 
sented in table 5-6. 


TABLE 5-6. PRODUCTION COST DATA (SAO PAULO) 



Annual Production Cost in Millions of USA Dollars 

Component 
of Cost 

Steam Reforming 
Based Plant 

Partial 
Oxidation 
Based Plant 

Electrolysis 
Based Plant 

Raw 

Materials 

10.27 

9.21 

0.45 

Energy 

4.73 

5.55 

24.06 

Capital 

Investment 

10.42 

10.60 

15.92 

Operating 

Cost 

i 

5.00 

5.30 

7.23 

Total 

30.42 

30.66 

47.66 


Unit Product Cost 


10.4 cents/lb LH 2 

10.5 cents/lb LH 2 

16.3 cents/lb LH 2 


Coal gasification has been determined to be too expensive a process for consideration at the Sao 
Paulo location. For this reason coal gasification data was not presented. 

Data for the electrolysis base hydrogen system indicates that the production cost approximates 
1 50 percent of similar costs for the steam reforming and the partial oxidation base systems. In a pre- 
liminary analysis the product cost of the electrolysis base system is not competitive with product from 
the hydrocarbon system. 
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However, a rather significant amount of uncertainty exists in evaluating the future economic 
pattern for the Sao Paulo area. It is conceivable for example, that the electrolysis system will be more 
competitive in the future. There may be more need for electrical energy in the Sao Paulo area than 
currently can be forecast and projected. This would result in a reduction in the cost or energy. Also, 
the cost of producing gaseous hydrogen from the hydrocarbon processes may be more expensive than 
currently projected. However, based on the data available, the hydrocarbon processing systems are the 
processes to be used in producing hydrogen in a stand alone facility, and in particular, the steam re- 
forming system. The basis for this choice lies in the fact that the supply of oil required for the partial 
oxidation base process tends to be questionable in the near future. It would be expected that liquefied 
natural gas delivered by pipeline from the Bolivian fields to the Sao Paulo area would be developed 
prior to the expensive oil supply systems. 

Since the system choice is based upon a steam reforming gas plant, no significant credit can be 
established for byproducts. In view of this then the projected price for liquid hydrogen products from 
the stand alone facility is $0.1 04 /lb LH 2 . 

It should be noted, however, that the price of liquid hydrogen in the Sao Paulo area is artificially 
high in the sense that a more desirable geographical location could be found for hydrogen production 
in this general area. Specifically, a relocation of hydrogen facilities and its use point to an area closer 
to Buenos Aires, could prove beneficial to the overall economics of the hydrogen facility. This speci- 
fic point is not pursued in this analysis. 


5. 3. 5. 2 Integrated Facility 


The future basic industrial activity near Sao Paulo may be directed more rapidly towards suppor- 
ting an agricultural economy than in expansion of metallurgical processes. An integrated complex 
facility could be developed with the agricultural chemical industry in producing gas products as the 
primary revenue materials. Further, such a facility would use natural gas as a raw material. 


As stated previously, this expanding industrial economy and the integration of the hydrogen fac- 
ility into a chemical complex would result in the lowering of the electrical costs to a value comparable 
to the cost associated with an electrolytic based hydrogen system, i.e., $U.00281/kwh. lhis results in 
a cost reduction for product hydrogen, from $0.1 04/lb LH 2 to $0. 102/lb LH 2 , using a steam reform- 
ing subsystem. 


In addition, if the hydrogen facility is integrated with an ammonia facility the cost of natural 
gas could be reduced from the $0.40/1000 scf projected in the evaluation to $0.30/1 000 scf. This 
would result in cost of the liquid hydrogen being further reduced from $0.1 02/lb LH 2 to $0.uy»/lb 
LH 2 . Similar costs reduction could be experienced if fuel oil was used as the fuel instead of natural 
gas in the integrated hydrogen-ammonia complex. 


It can be projected that the lowest cost of hydrogen that can be reasonably anticipated, based on 
an integrated, expanded industrial economy, is $0.095/lb LH 2 . 
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5.3.6 SYDNEY 


5.3.6. 1 Stand Alone Facility 

Calculations were made to determine the annual production costs associated with the various 
combinations of subsystems, and the resultant cost per pound of liquid hydrogen. The calculational 
results are presented in table 5-7. 


TABLE 5-7. PRODUCTION COST DATA (SYDNEY) 



Annual Production Cost in Millions of USA Dollars 

Component 
of Cost 

Steam Reforming 
Based Plant 

Partial 
Oxidation 
Based Plant 

Coal 

Gasification 
Based Plant 

Electrolysis 
Based Plant 

Raw 

Materials 

9.93 

10.48 

9.56 

0.49 

Energy 

4.91 

5.77 

5.02 i 

21.33 

Capital 

Investment 

8.75 

8.90 

11.21 

13.37 

Operating 

Cost 

5.00 

5.30 

7.41 

7.23 

Total 

28.59 

30.45 

33.20 

42.42 


Unit Product Cost 



9.8 cents/lb LH 2 

10.4 cents/lb LH 2 

11.4 cents/lb LH 2 

14.5 cents/lb LH 2 


•tv. +t, he ^t S1C observatlon drawn is that the electrolysis based hydrogen system is not competitive 
with the other three systems. The three systems based on hydrocarbon or coal processing are compe- 
titive for all practical purposes. The availability of resources for the steam reforming system incorpor- 
ates questionable projections with respect to the future. Further, one would expect political and eco- 
nomic influences to favor the use of coal in Sydney, making the coal gasification system more econo- 
mically competitive in any real situation. All things being considered, it is reasonable to project that 
the Sydney hydrogen system, in fact, will be based on a coal gasification process, and that the cost of 
hydrogen to meet competitive forces of the optimum system will approach the average cost of the 
lb LH reformmg based system as calculated Liquid hydrogen in Sydney would therefore cost $0,098/ 


181 














5. 3. 6. 2 Integrated Systems - Sydney 

The industrial economy in the Sydney area is projected to be fully developed and widely diver- 
sified in the post-1980 period. In view of this, it is expected that an integrated facility incorporating 
a liquid hydrogen system would be feasible. Development of the cost of liquid hydrogen product e- 
comes a complex speculative calculation in view of a seemingly infinite variety of integrated system 
methods. A basic appreciation for the effect upon the cost of hydrogen can be expected based on re- 
duced raw material costs and energy costs that could result from any integrated system. In this in- 
stance it would be expected that the cost of raw material coal, oxygen, and electrical power would 
somewhat reduced from the rates applied in the stand alone calculations. By making reasonable as- 
sumptions as to the reduced cost of coal, it could be expected that the volume purchase price of this 
raw material could become equivalent to the mine mouth price of this commodity. Further, tne 
electrical energy cost might be projected to be that equivalent to electrical energy cost used in the 
electrolysis based system analysis for the stand alone calculation. Further, the cost of oxygen antici- 
pated for the stand alone basis was based upon the supply of oxygen solely for the coal gasification 
application. It would be expected that the cost of oxygen would be substantially reduced in the 
integrated system, since the overall market for this commodity could be comparatively large. It might 
be projected that, in fact, the cost of the oxygen material would be one-half that for the stand alone 
evaluations. Based on the foregoing observations, a cost reduction approximating 10 to 1 5 perce 
can be projected for the production of hydrogen from the integrated facility. Considering then the 
cost from the stand alone facility to be $0.098/lb LH 2 , an integrated facility production cost would 
be reduced to $0. 083/lb LH2. 

Further reduction of costs for product from the integrated facility could be anticipated when a 
full appreciation of the merchant trade in either gaseous hydrogen or liquid hydrogen is considered. 
This detailed analysis is not incorporated in this study ; however, the effect of such merchant disti- 
bution of the hydrogen system products would further reduce the end cost for the hydrogen produce . 


5.3.7 TOKYO 


5.3.7. 1 Stand Alone Facility 

Calculations were made to determine the annual production costs associated with the various 
combinations of subsystems and the resultant cost per pound of liquid hydrogen. The results are pre- 
sented in table 5-8. 


The data presented shows that the steam reforming and the partial oxidation base systems are 
economically comparable. The choice between the two systems is difficult to make. Both natural gas 
and oil will be imported into Japan to satisfy the raw material requirements of the future. 

The supply of natural gas in Japan is currently inadequate, and, as a result of its short supply, has 
stimulated the importation from outside sources such as Russia and Alaska. All the oil is currently be- 
ing imported, primarily from the Middle East. The requirements of a 500 T/D hydrogen plant, wlule 
adding to the deficit side of a short supply of fuel, should fall well within the normal ^ual supply in- 
crease of both natural gas and oil. Therefore, although the choice is arbitrary steam reforming has been 
chosen as the base system in this report with the resultant cost of $0. 096/lb EH 2 . 
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should be noted, however, that in the case of Japan, the electrolysis base system is less than 40 


percent higher than the hydrocarbon processes. The byproduct oxygen generated as a part of this 


process will amount to 1.642 million tons per year and at a marketable value of S4.00/T will reduce 
the cost from $0,138 to $0. 120/lb LH 2 . 


TABLE 5-8. PRODUCTION COST DATA (TOKYO) 



Annual Production Cost in Millions of USA Dollars 

Component 
of Cost 

Steam Reforming 
Based Plant 

Partial 
Oxidation 
Based Plant 

Coal 

Gasification 
Based Plant 

Electrolysis 
Based Plant 

Raw 

Materials 

13.49 

13.23 

37.70 

1.17 

Energy 

6.06 

7.11 

6.19 

23.93 

Capital 

Investment 

10.05 

10.23 

12.87 

15.84 

Operating 

Cost 

6.51 

6.95 

9.59 

9.53 

Total 

36.11 

37.52 

66.35 

50.47 


Unit Product Cost 


9.9 cents/lb LH 2 10.3 cents/lb LH 2 18.2 cents/lb LH 2 


This byproduct credit could serve as the basis for the electrolysis base system becoming more 
competitive. Particularly when the costs of this yet to be built system can be more accurately estima- 
ted. 

It is recommended that if plans for a plant in Tokyo become more definitive, the electrolysis base 
system be competitively re-evaluated. 

5. 3. 7. 2 Integrated Facility 


No specific projection is made at this time regarding the nature of such a complex. Rather, it is 
expected that the value established in previous cost will, in fact, be representative for Tokyo as well, 
that is, it is expected that the integrated facility would result in cost redaction of 10 to 15 percent. 
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Assuming that the value of 15 percent is that which would be expected, the projected cost product 
hydrogen in the Tokyo facility is $0.84/lb LH 2 from the steam reforming based process. 


5.3.8 LOS ANGELES 


5. 3. 8.1 Stand Alone Facilty 

Calculations were made to determine the annual production cost associated with the various 
combinations of subsystem and the resultant cost per pound of liquid hydrogen. The results are pre- 
sented in table 5-9. 


TABLE 5-9. PRODUCTION COST DATA (LOS ANGELES) 



Annual Production Cost in Millions of USA Dollars 

Component 
of Cost 

Steam Reforming 
Based Plant 

Partial 
Oxidation 
Based Plant 

Electrolysis 
Based Plant 

Raw 



3.01 

Materials 

30.67 

28.14 

Energy 

13.05 

15.33 

67.13 

Capital 

Investment 

23.03 

23.41 

38.54 

Operating 

Cost 

11.68 

12.42 

17.23 

Total 

78.43 

79.30 

125.91 


Unit P 

roduct Cost 


8.3 cents/lb LH 2 

8.4 cents/lb LH 2 

13.3 cents/lb LH 2 


The data presented summarizes the calculations from those systems considered feasible for the 
Los Angeles location. Coal gasification base systems were not considered. The remoteness of supply 
and resultant transportation costs dictated that any process utilizing coal will be extremely expensive 
and obviously non-competitive. 

The electrolysis system is also non-competitive. In fact, the degree of cost differential, when 
compared to the hydrocarbon based system, is greater in Los Angeles than any location previously 
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analyzed. Therefore, as has occurred at previous locations, the choice of plant must be made between 
two economically competitive hydrocarbon gas producing systems. 

As shown for the Bangkok location, all else being equal, the byproduct credits may dictate the 
choice of gas producing system. Therefore, for the purpose of the study, a partial oxidation system 
is chosen and as noted in the Bangkok study, the cost of hydrogen can be reduced by $0.003/lb LH 2 
to $0.081 /lb LH 2 . 

The Los Angeles location for the hydrogen system has been considered as adjacent to the existing 
Los Angeles International Airport. It should be noted that significantly different cost values would be 
associated by relocating the hydrogen facility and airport to a location away from the presently desig- 
nated point. In particular, relocating a facility north or south from the present area would permit the 
construction of a completely independent island in the low waters of the ocean with sufficient area for 
the hydrogen facility, airport, and other supporting activities. No determination has been made of this 
feasibility in this report. It stands as one of the avenues of endeavor that shoud be followed if further 
cost information is required in relation to the overall HST program for the Los Angeles area. 


5. 3. 8. 2 Integrated Facility 

The economic community will be such that full scale integration of facilities will be feasible in the 
post 1980 period. However, the size of the liquid hydrogen facility is expected to be relatively large by 
comparison to other industrial facilities projected to be in the area. Further, the quantities of materials 
that are either required or produced by the liquid hydrogen systems are likely to be excessive with re- 
spect to the prospective market within the immediate area of the facility. In view of this, the cost re- 
duction at the Los Angeles location will be less, on a percentage basis, than those projected for other 
locations. As a minimum, it would be expected that the electric power required by the hydrogen 
facility could be obtained at a cost equivalent to the costs projected for the electrolysis base system 
facility. Including the byproduct credit discussed in the previous subsection, a reduction of $0,006/ 
lb LH 2 can be expected. 

Other reasonable projections that might be expected for an integrated facility could amount to an 
additional cost reduction approximating $0.004/lb LH 2 . Based on this projection, then, it is projected 
that the integrated facility could result in an overall cost reduction of the product hydrogen from 
$0.084/lb LH 2 to a value of $0.074/lb LH 2 . 

As indicated, the relocation of the hydrogen facility in the Los Angeles area should be considered 
in a further investigation. For example, a large integrated facility incorporating a power plant desalin- 
ization process, a hydrogen facility, and other processes could result in reducing the cost of liquid hy- 
drogen significantly below those projected. 


5.3.9 PARIS 


5. 3. 9.1 Stand Alone Facility 

Calculations were made to determine the annual production costs associated with the various 
combinations of subsystems and the resultant cost per pound of liquid hydrogen. The results are pre- 
sented in table 5-10. 
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The data presented indicates that the steam reforming base system is the system type to be em- 
ployed at the Paris location. It should be noted, however, that for all practical purposes, the two hy- 
drocarbon systems are economically competitive; while the electrolysis base system is, in fact, 30 per- 
cent more costly. 

A steam reforming base system would be a choice in Paris based on the projected raw material 
supply system anticipated in the post- 1980 period. Liquefied natural gas will be a rather widely 
distributed and used commodity in France during this period. It would be expected that the high cost 
of the liquefied natural gas used for the calculation could be tempered somewhat by a wider scale 
distribution of the liquefied methane as a commodity than is projected in this report. Petroleum pro- 
ducts that would be required to sustain a partial oxidation system will continue to be relatively costly 
when compared with the liquefied natural gas as a raw material. Therefore, it is logical to anticipa e 
the steam reforming base system for a Paris location. 


TABLE 5-10. PRODUCTION COST DATA (PARIS) 


Component 
of Cost 

Raw 

Materials 

Energy 

Capital 

Investment 

Operating 

Cost 

Total 

Annual Production Cost in Millions of USA Dollars 

Steam Reforming 
Based Plant 

60.58 

19.60 

29.43 

15.18 

Partial 
Oxidation 
Based Plant 

58.49 

23.01 

29.90 

16.15 

Electrolysis 
Based Plant 

2.32 

99.78 

49.98 

22.38 

124.79 

127.55 

174.46 


Unit! 

Product Cost 

8.5 cents/lb LH 2 8.7 cents/lb LH 2 1 1.9 cents/lb LH 2 


Considering the Paris hydrogen facility to be a steam reforming based system, little revenue from 
byproducts therein generated could be anticipated. The major byproduct of carbon dioxide will be ot 
questionable value in the 1980 period particularly in the quantities anticipated in the steam reforming 
base system. It is projected, therefore, that the product cost for the Paris facility in the stand alone 
analysis would be $0.085/lb LH 2 . 
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5. 3. 9. 2 Integrated Facility 


An integrated facility at the Paris location would be a distinct possibility. However, as noted for 
Los Angeles, the size relationship of the hydrogen facility to other projected industries becomes even 
more significant. It would be expected that the 2000 T/D LH 2 facility would be an extremely large 
system when compared with other anticipated industries that could be considered for an integrated 
facility system. In view of this, a large reduction in the cost of producing the liquid hydrogen would 
not necessarily be projected, but rather a modest cost reduction could be expected, particularly in the 
event that the power costs to the hydrogen facility are effectively reduced to the equivalent cost used 
in the calculations for the electrolysis base system. This cost reduction alone amounts to $0.002/lb 

lh 2 . 


It is projected that a further cost reduction, anticipated from an integrated facility, would amount 
from 6 to 8 percent, or $0.003/lb LH 2 . Therefore, the total cost reduction projected for a complete 
system integration is $0.005/lb LH 2 . This reduces the production costs from $0. 085/lb LH 2 to $0,077/ 
lb LH 2 . 

5.3.10 NEW YORK CITY 


5.3.10.1 Stand Alone Facility 

Calculations were made to determine the annual production costs associated with the various 
combinations of subsystems and the resultant cost per pound of liquid hydrogen. The results are pre- 
sented in table 5-11. 

The data presented indicates that the hydrocarbon based systems will be economically competi- 
tive for the New York City location. Electrolysis base systems are not projected to be competitive. 

The choice of the gas producing based system is, therefore, between steam reforming and partial oxida- 
tion and must be based on the availability of raw material and the credits applied to the base. 

Natural gas is currently available by pipeline from Texas. Its capacity is currently inadequate, 
therefore, requiring the installation of LNG peak shavings facilities. It is projected that LNG will be 
tanked into New York from Venezuela in the future with a resultant higher cost. 

Oil is currently imported from the Caribbean and with the expansion of the relatively newer 
fields, this may have a modest tendency to reduce the price. The increased labor and equipment costs 
will, however, have a tendency to dilute this savings so that in the end the change in costs may offset 
each other. 

Therefore, based on the evaluation and the relative byproduct credits, the partial oxidation based 
system is chosen for the New York City location. 

The cost of petroleum products vary greatly in the New York City area. A subsequent study 
should incorporate an evaluation of the hydrogen costs at locations other than that chosen for this 
study. For example, if the airport and the hydrogen facility were located in Northern New Jersey, 
as opposed to the Long Island location, a significant savings in the cost of hydrogen product could be 
anticipated. Further, the value of byproduct developed by a facility in the Northern New Jersey lo- 
cation could be somewhat greater than the value of those byproducts generated at the Long Island 
location. 1 on 



Estimating the credit revenue anticipated from marketing byproducts for the New York City lo- 
cation is speculative at best. The quantities of byproducts to be produced by the partial oxidation 
based system will be very large when related to the potential market. It would be expected, however, 
that as a minimum all byproduct steam could be satisfactorily marketed. The other byproducts (car- 
bon and carbon dioxide) could be marketed to a lesser degree. 

Considering the byproduct steam to have a marketable value of $0.30/1000 lb f a credit amounting 
to $0.001 7/lb LH 2 could be expected. It is expected that a total byproduct credit amounting to $0,002/ 
lb LH 2 is reasonable for the marketing of the steam and a portion of other byproducts. This reuction 
then results in a projected cost of hydrogen of $0.079/lb LH 2 for the New York facility. 


TABLE 5-11. PRODUCTION COST DATA (NEW YORK CITY) 



Annual Production Cost in Millions of USA Dollars 

Component 
of Cost 

Steam Reforming 
Based Plant 

Partial 
Oxidation 
Based Plant 

Electrolysis 
Based Plant 

Raw 

Materials 

60.62 

54.46 

5.82 

Energy 

28.33 

33.27 

145.57 

Capital 

Investment 

41.56 

42.25 

74.01 

Operating 

Cost 

17.35 

18.52 

26.08 

Total 

147.86 

148.50 

251.48 


Unit! 

’roduct Cost 


8.1 cents/lb LH 2 

8. 1 cents/lb LH 2 

13.8 cents/lb LH 2 


5.3.10.2 Integrated Systems 

As with hydrogen facilities located at other points of high product usage, the prospects for devel- 
oping an integrated facility incorporating liquid hydrogen systems are not extremely attractive. The 
hydrogen system itself will be an extremely large undertaking, by comparison, to any of several pos- 
sible peripheral activities that could be combined to form an integrated facility. As a result, it is in- 
creasingly difficult to speculate on the effects of a system integration. It would be expected, as a min- 
imum that the byproduct credit established for the stand alone facility would be available for the hy- 
drogen facility with an integrated system. Further, the cost of electric power for the integrated facil- 
ity will be comparable to that used in the electrolysis based system analysis. These two factors result 
in reducing the cost to $0.077/lb LH 2 . At most a 10 percent reduction of product cost would be 
projected for the integrated plant, or $0.073/lb LH 2 . 
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Section 6 


SYNOPSIS 


6.1 DATA ACCURACY 

A relative appreciation or ranking of plant designs has been accomplished. More specific cost 
determinations and calculations for final production cost accuracy are to be completed in future com- 
prehensive studies. Qualitatively, the cost data accuracy range is ± 1 5 to 20 percent of the values de- 
termined. Many inputs in the data development of this study are accurate within a range of ± 10 per- 
cent, while others are obviously more speculative. A detailed evaluation of calculation accuracy is 
not justified at this point. The inaccuracies related to some specific system characteristics result in 
unfavorable economics. (Especially, unproved systems as water electrolysis, hydrogen halide, and 
coal gasification.) Raw material and energy requirements for the systems considered reflect high pro- 
cess efficiency, approaching stoichiometric Emits perhaps, while operating cost and investment data 
are more speculative. Development work in the future will then reduce the inaccuracies. Reduction 
of the inaccuracies should tend to make certain systems more competitive, since a conservative ap- 
proach was taken in the situations of speculative analysis. 


6.2 FUTURE PRODUCTION COSTS 

The product costs determined and presented in this report are significant in relation to future 
large scale production of liquid hydrogen and its use. Future cost structures undoubtedly will differ 
somewhat from the projections presented in this report. The following paragraphs relate to some of 
the general future production costs. 

Fixed charges based upon the plant investment typically constitute 30 to 32 percent of the pro- 
duction cost for hydrocarbon based and electrolysis based plants. Annual fixed charge calculations 
in this report were based on 1 1 percent of the original plant investment. The 1 1 percent value devel- 
oped does not reflect what may in fact be future applicable rates. Financing, tax considerations, etc., 
could yield capital charge rates ranging from 5 to 1 5 percent. The effect upon the unit product cost 
is apparent. For example, unit product cost for New York City (partial oxidation based plant) ranges 
from 6.9 to 8.9 cents/lb LTH, corresponding to annual capital charge rates ranging from 5 to 15 per- 
cent. 


In addition to variation in capital charge rates, future plant investments will likely be somewhat 
different from those presented in this study. A base set of geographic adjustment factors was incor- 
porated in the calculations for this study. Future developments could alter significantly the adjust- 
ment factors. Also, as noted, capital investment projections for the various plants could be in error. 

Future unit product costs could be lower due to variation in associated capital investment calcu- 
lations. Similarly, considerations of raw material and energy, due to unit product cost, can be expected. 
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However, the basic unit product cost of raw material and energy requirements are well defined 
at the present time and will undergo relatively minor change in the future. Approaches to stoichio- 
metric limits and ideal cycle efficiencies restrict further large improvements. Future reduction con- 
sideration of unit product cost for the liquid hydrogen due to raw material and energy at that time 
will be dependent upon the unit costs for these commodities. For the hydrocarbon and electrolysis- 
based plants, raw material and energy costs typically represent from 55 to 60 percent of the unit pro- 
duct cost. Future commodity costs would not be lowered by more than 10 to 1 5 percent. In many 
cases, respective commodity costs could in fact be greater than projected. Assuming a 1 0 percent de- 
crease in unit commodity costs, the product cost for New York City (partial oxidation based plant) 
would be 7.7 cents/lb LH 2 reduced from 8.1 cents/lb LH 2 . Reduced commodity costs obviously will 
affect the unit product costs. Likely cost reduction in capital investment charges appears to be more 
attractive with respect to decreasing product costs. 

Operating costs are the smallest component of unit product cost, typically being 8 to 13 per- 
cent of the unit product cost for hydrocarbon based and electrolysis based plants. Large changes in 
future analyses of the operating costs would be required to significantly affect unit product cost. Re- 
ferring again to New York City (partial oxidation based plant), reduction of operating costs by 20 
percent would result in a reduction of unit product cost of 7.9 cents/lb LH 2 from 8.1 cents/lb LH 2 . 

In addition to the cost reduction information stated, consideration of future integrated facilities 
could result in cost reductions beyond the 10 to 20 percent used in this report. No fixed understand- 
ing of effect can be developed without a specific detailed study. One major manufacturing firm cur- 
rently is operating an integrated cryogenic-chemical facility. It has been judged that facility^ integra- 
tion resulted in a 1 5 percent lower unit product cost for liquid hydrogen, compared to the stand 
alone” plant. 

Future large scale liquid production could involve plant bases significantly different from those 
used in this study. It could, for example, prove to be advantageous to have fewer production points 
and transport the product to use points. An example of this would be producing liquid hydrogen in 
the Venezuelan gas fields and transporting it to New York, Sao Paulo, etc., by massive transoceanic 
shipping. Natural gas fields in Alaska and other raw material concentration points could be similarly 
developed. 


6.3 FUTURE TECHNOLOGY 

Future technological development will be directed toward capital investment reduction in re- 
spective systems. Product cost is very sensitive to capital value of systems comprising a given plant. 
Development of construction material, for example, will hopefully lead to lower cost cells employed 
in electrolysis processes. 

Characteristics of the various processes will also receive attention, but further optimization will 
be in the nature of incremental steps as opposed to a sweeping revision. Machinery efficiencies, for 
example, may be improved from 70 to 80 percent through future developmental work. Of more sig- 
nificance, however, would be the cost reduction of the capital goods in the process using the more 
efficient machine. 

It is expected that much effort will be expended to develop coal as a raw material for hydrogen 
production. Another fertile area for process development is that of several products, including gas- 
eous hydrogen, being issued from integrated process plants. As an example, generation of synthesis 
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gas (nitrogen and hydrogen) is used for production of fertilizer. Presumably “sharing of costs” would 
reduce the burden allocated to the gaseous hydrogen production. Development work relating to fer- 
tilizer, incorporating nuclear energy and water processing, has been undertaken within the past two 
years. With this understanding, in future years, certain entirely new processes may appear. 



Appendix A 


FOSSIL FUELS 

A.l The tables contained in this appendix list world- wide summaries of resources. The following 
is an explanation of letter designations that are applicable to the tables contained in this appendix. 

A - Approximate 
C - Recorded, but confidential 
D - Recorded, but not yet available 
E - Estimated 
N - Negligible 

U - Unavailable, not recorded 
X - Number refers to proved reserves only 

Z - This estimate includes oil in shale and bituminous rock, other figures of oil 
reserves do not. 

a through e - References are defined at the end of each of the tables. 
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TABLE A-l. FOSSIL FUEL NATURAL RESOURCES (WORLD WIDE) 
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TABLE A-l. FOSSIL FUEL NATURAL RESOURCES (WORLD WIDE) (Continued) 
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TABLE A-l. FOSSIL FUEL NATURAL RESOURCES (WORLD WIDE) (Concluded) 
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TABLE A-2. WATER POWER RESOURCES IN COUNTRIES OF TENTATIVE PLANT LOCATIONS 
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TABLE A-3. WORLD RESERVES - OXIDE OF URANIUM 
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Appendix B 


PROJECTED POWER AVAILABILITY 


B.l REPRESENTATION 

The figures contained in this appendix are referenced in Section 4, paragraph 4.5.3. 
B.2 INSTALLED CAPACITY 

The installed capacity for each location referenced on the figures is as follows: 

( 1 ) Actual Installed Capacity 1 948 to 1 964 

(2) Constant Annual Rate of Growth ( 1 955 to 1 964 Average) 

(3) Constant Annual Incremental Growth ( 1 959 to 1 964 Average) 
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FIGURE B-l. ELECTRIC ENERGY PROJECTIONS - THAILAND 
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FIGURE B-8. ELECTRIC ENERGY PROJECTIONS - UNITED STATES 




Appendix C 


ESTIMATED COST OF ELECTRIC POWER 


C.l BANGKOK 

The cost of power delivered to the proposed 250 T/D liquid hydrogen plant at the air terminal 
within the city of Bangkok can be optimized by the purchase of power from the proposed hydroelec- 
tric dam at Pa Mong, a distance of 350 miles north on the Thailand-Laotian border. Total installed 
capacity of this project is estimated at 1500 mW by 1980. Costs to transmit the power to the use- 
point have been extrapolated as incremental costs using curves developed on AC transmission for 500 
and 700 KVA at 50 percent load factor. 92 Results are summarized as follows for use in section 5. 


Process 

mW Plant 

Plant Type Busbar 

Transmission Mills 

Total 


Size 

(Mills) 

per Kwh 

(Mills) 

Hydrocarbon 

600 

Hydroelectric 3.11 

0.50 

3.61 

Electrolysis 

1500 

Hydroelectric 2.88 

0.35 

3.23 

A graphical presentation of power cost for the various plant 

types and sizes are shown in figure 

C-l. 
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C. 1 . 1 ELECTRIC PLANT INVESTMENT (Paragraph 4.8) 




150 mW 

300 mW 


600 mW 

Type 

$/Kw 

$/Kw 


$/Kw 

Oil 

185 

136 


117 

Nuclear 

313 

265 


216 

LNG 

173 

129 


110 

Coal 

213 

164 


138 

Hydro 

567 

355 


273 

C. 1 .2 ELECTRIC PLANT FIXED COSTS (Paragraph 4.9) 




Fixed Charge 

150 mW 

300 MW 

600mW 

Type 

Rate %/Year 

Mills/ Kwh 

Mills/ Kwh 

Mills/Kwh 

Oil 

11.0 

2.42 

1.78 

1.52 

Nuclear 

11.25 

4.19 

3.55 

2.89 

LNG 

11.0 

2.26 

1.69 

1.44 

Coal 

11.0 

2.79 

2.15 

1.80 

Hydro 

8.5 

5.73 

3.59 

2.76 


Cl 
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C. 1 .3 ELECTRIC PLANT OPERATING AND MAINTENANCE COSTS (Paragraph 4.9.4) 



150 mW 

300 mW 


600 mW 

Type 

Mills/Kwh 

Mills/Kwh 


Mills/Kwh 

Oil 

0.72 

0.58 


0.38 

Nuclear 

0.65 

0.53 


0.35 

LNG 

0.69 

0.55 


0.37 

Coal 

0.78 

0.64 


0.44 

Hydro 

0.65 

0.53 


0.35 

C. 1 .4 ELECTRIC ENERGY BUSBAR COST 





150 mW 

300 mW 


600 mW 

Type 

Mills/KWh. 

Mills/Kwh 

- 

Mills/Kwh 

Oil 

6.12 

5.34 


4.88 

Nuclear 

6.72 

5.88 


4.89 

LNG 

7.50 

6.79 


6.36 

Coal 

8.12 

6.99 


6.44 

Hydro 

6.38 

4.12 


3.11 

C.1.5 

ELECTRIC PLANT FUEL COSTS (Paragraph 4.9.5) 




150 mW 

300 mW 


600 mW 

Type 

cents/MBtu Mills/Kwh 

cents/MBtu Mills/KVvh 

cents/MBtu Mills/Kwh 

Oil 

34 2.98 

34 

2.98 

34 2.98 

Nuclear 

17.9 1.88 

17.1 

1.80 

15.7 1.65 

LNG 

52 4.55 

52 

4.55 

52 4.55 

Coal 

48 4.20 

48 

4.20 

48 4.20 

Hydro 

- — 

- 

- 

- - 


C.2 HONOLULU 

An oil-fired power plant located at the LH 2 plant - air terminal is the optimum power-generating 
method for low-cost power for the hydrocarbon processes in Honolulu. Purchase of power at the 
busbar with no transmission is presumed. In the electrolytic process, a 600-mW FBR unit at the site 
is assumed. This disregards established methods in determination of plant size. However, the large 
load associated with electrolysis makes such a size possible. Reliability is considered the same as at 
other locations, although obviously the single large plant integrated in the Honolulu system carries 
more risk of interruptions in power supply. Results are summarized as follows for use in section 5. 


C3 



Process 


mW Plant Size 


Hydrocarbon 

Electrolysis 


150 

600 


Plant Type 
Oil 
FBR 


Busbar Mills per Kwh 

6.06 

4.72 


A graphical presentation of power cost for the various plant types and sizes is shown in figure 
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C.2. 1 ELECTRIC PLANT INVESTMENT (Paragraph 4.8) 


Ty pe 

Oil 

Nuclear 

FBR 


150 mW 
$/KW 

177 

298 


C.2.2 ELECTRIC PLANT FIXED COSTS (Paragraph 4.9) 

Fixed Charge 1 50 mW 

Mills/Kwh 


Type 

Rate %/ Year 

Oil 

11.0 

Nuclear 

11.25 

FBR 

11.25 

C.2.3 ELECTRIC 

PLANT OPERATING 


150 mW 

Type 

Mills/Kwh. 

Oil 

0.72 

Nuclear 

0.65 

FBR 

— 


2.32 

4.00 


C.2.4 ELECTRIC ENERGY TOTAL COST 
Type 


150 mW 
Mills/Kwh 


300 mW 

600 mW 

$/Kw 

$/Kw 

130 

111 

253 

206 


266 

)h 4.9) 

300 mW 

600 mW 

Mills/Kwh 

Mills/Kwh t 

1.70 

1.46 

3.40 

2.76 

— 

3.57 

INTENANCE COSTS (Paragraph 4.9.4) 

300 mW 

600 mW 

Mills/Kwh 

Mills/Kwh 

0.58 

0.38 

0.53 

0.35 

— 

0.35 

300 mW 

600 mW 

Mills/Kwh 

Mills/Kwh 


Oil 

Nuclear 

FBR 


6.06 

6.53 


5.30 

5.73 


4.86 

4.76 

4.72 
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FIGURE C-2. RE 

















C.2.5 ELECTRIC PLANT FUEL COSTS (Paragraph 4.9.5) 

150 mW 300 mW 600 mW 

Type cents/MBtu Mills/Kwh cents/MBtu Mills/Kwh cents/MBtu 

Oil 34.6 3.02 34.6 3.02 34.6 

Nuclear 17.9 1.88 17.1 1.80 15.7 

FBR — 7 - 62 


C.3 JOHANNESBURG 

A coal-fired plant located at the mine mouth within 100 miles of the LH 2 plant-air terminal is the 
optimum system for low-cost power for the hydrocarbon and electrolytic processes. Power transmis- 
sion costs have been derived from the AC curves in the FPC report. Results are summarized as 
follows for use in section 5. 


Process 

mW Plant 
Size 

Plant Type 

Busbar 

Transmission 
Mills per Kwh- 

Total 

Hydrocarbon 

1100 

Coal 

2.67 

0.13 

2.80 

Electrolysis 

1100 

Coal 

2.67 

0.09 

2.76 


Mills/Kwh 

3.02 

1.65 

0.80 


A graphical presentation of power cost for the various plant types and sizes is shown in figure 

C-3. 


C.3. 1 ELECTRIC PLANT INVESTMENT (Paragraph 4.8) 



500 mW 

1100 mW 


2000 mW 

Type 

$/Kw 

$/Kw 


$/K w 

Nuclear 

206 

156 


115 

FBR 

264 

187 


123 

Coal 

126 

111 


- " 

Coal gas 

143 

135 


125 

C.3.2 ELECTRIC PLANT FIXED COSTS (Paragraph 4.9) 




Fixed Charge 

500 mW 

1 100 mW 

2000mW 

Type 

Rate %/Year 

Mills/Kwh 

Mills/Kwh 

Mills/Kwh 

Nuclear 

11.25 

2.74 

2.07 

1.54 

FBR 

11.25 

3.54 

2.51 

1.65 

Coal 

11.0 

1.65 

1.45 

” “ 

Coal gas 

11.0 

1.88 

1.77 

1.63 
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FIGURE C-3. RELATIONSHIP OF POWER COST TO PLANT SIZE (JOHANNESBURG) 





C.3.3 ELECTRIC PLANT OPERATING AND MAINTENANCE COSTS (Paragraph 4.9.4) 



500 mW 

1 100 mW 

2000 mW 

Type 

Mills/Kwh 

Mills/Kwh. 

Mills/Kwh 

Nuclear 

0.40 

0.22 

0.15 

FBR 

0.40 

0.22 

0.15 

Coal 

0.49 

0.26 

— 

Coal gas 

0.49 

0.26 

0.18 

C.3.4 ELECTRIC ENERGY TOTAL COSTS 

500 mW 

1100 mW 

2000 mW 

Type 

Mills/Kwh 

Mills/Kwh 

Mills/Ktvh 

Nuclear 

4.84 

3.78 

2.99 

FBR 

4.74 

3.33 

2.40 

Coal 

3.10 

2.67 

— 

Coal gasifier 

3.20 

2.86 

2.64 

C.3.5 ELECTRIC PLANT FUEL COSTS (Paragraph 4.9.5) 



500 mW 

1100 mW 

2000 mW 

Type 

cents/MBtu Mills/Kwh 

cents/MBtu Mills/Kwh 

cents/MBtu Mills/Ktwb. 
< 

Nuclear 

16.1 1.70 

14.0 1.49 

12.4 1.30 

FBR 

7.62 0.80 

5.7 0.60 

5.7 0.60 

Coal 

1 1 0.96 

11 0.96 

11 

Coal gasifier 

11 0.83 

1 1 0.83 

11 0.83 


C.4 BEIRUT 

Oil-fired power plants for hydrocarbon and electrolytic processes are the optimum low-cost 
power systems for Beirut. The plant is presumed located adjacent to the LH 2 plant air terminal. 
Results are summarized as follows for use in section 5. 

Process mW Plant Size Plant Type Busbar Mills per Kwh_ 

Hydrocarbon 300 Oil 4.69 

Electrolysis 600 Oil 4.26 

A graphical presentation of the various plant types and sizes is shown in figure C-4. 
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€.4. 1 ELECTRIC PLANT INVESTMENT (Paragraph 4.8) 



150 mW 


300 mW 

600 mW 

Type 

$/KW 


$/Kw 

$/KX 

Oil 

173 


127 

109 

Nuclear 

291 


248 

202 

Nuclear FBR 

— 


“ " “ 

260 

C.4.2 ELECTRIC PLANT FIXED COSTS (Paragraph 4.9) 



Fixed Charge 

150 mW 

300 mW 

600 mW 

Type 

Rate %/Year 

Mills/Kwh 

Mills/KWh' 

Mills/KWh. 

Oil 

11.0 

2.26 

1.66 

1.43 

Nuclear 

11.25 

3.90 

3.31 

2.71 

Nuclear 

11.5 

... 


3.48 

C.4.3 ELECTRIC PLANT OPERATING AND MAINTENANCE COSTS (Paragraph 4.9.4) 


150 mW 


300 mW 

600 mW 

Type 

Mills/Kwh 


Mills/Kwh 

Mills/Kwh- 

®Oil 

0.72 


0.58 

0.38 

Nuclear 

0.65 


0.53 

0.35 

Nuclear FBR 




" * ~ 

0.35 

C.4.4 ELECTRIC ENERGY TOTAL COST 




150 mW 


300 mW 

600 mW 

Type. 

Mills/Kwh 


Mills/Kwh' 

Mills/Kwh 

Oil 

5.43 


4.69 

4.26 

Nuclear 

6.47 


5.64 

4.71 

Nuclear FBR 

— 



4.63 

C.4.5 ELECTRIC PLANT FUEL COSTS (Paragraph 4.9.5) 



150 mW 


300 mW 

600 mW 

Type 

cents/MBtu Mills/Kwh cents/MBtu Mills/KVihi 

cents/MBtu Mills/KWh 

Oil 

28 

2.45 

28 2.45 

28 2.45 

Nuclear 

17.9 

1.88 

17.1 1.80 

15.7 1.65 

FBR 

— 

— 

— — 

7.62 0.80 
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C.5 SAP PAULO 


Low-cost hydroelectric power from 1980 hydro plants near the Fumase Dam on the Rio Grande 
appears to be the optimum low-cost source of power for hydrocarbon processes. The large load re- 
quirements of the electrolytic process would best be served from a dependable large size nuclear reac- 
tor located at the LH 2 plant. The cost to transmit the hydro power 175 miles to the Sao Paulo grid 
has been extrapolated from the FPC power transmission curves. Results are summarized as follows 
for use in Section 5. 


Process 

mW Plant 
Size 

Plant Type 

Busbar 

Transmission 
Mills per Kwh" 

Total 

Hydrocarbon 

1100 

Hydroelectric 

2.77 

0.23 

3.00 

Electrolytic 

2000 

FBR 

2.81 

0 

2.81 


A graphical presentation of power cost for the various plant types and sizes is shown in figure 

C-5. 


C.5 . 1 ELECTRIC PLANT INVESTMENT (Paragraph 4.8) 



500 mW 

1100 mW 

2000 mW 

Type 

$/KW- 

$/Kw 

$/Kw 

Oil 

132 

119 

— 

Nuclear 

256 

194 

144 

Nuclear FBR 

328 

233 

154 

Hydro 

266 

252 

— 


C.5. 2 ELECTRIC PLANT FIXED COSTS (Paragraph 4.9) 


Type 

Fixed Charge 
Rate %/Year 

500 mW 
Mills/KWh 

1 100 mW 
Mills/KMkt 

2000 mW 
Mills/KWh 

Oil 

11.0 

1.73 

1.56 



Nuclear 

11.25 

3.43 

2.60 

1.92 

Nuclear FBR 

11.25 

4.39 

3.14 

2.06 

Hydro 

8.5 

2.69 

2.55 

— 
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FIGURE C-5. RELATIONSHIP OF POWER COST TO PLANT SIZE (SAO PAULO) 


C.5.3 ELECTRIC PLANT OPERATING AND MAINTENANCE COSTS (Paragraph 4.9.4) 



500 mW 

1100 raW 

2000 mW 

Type 

Mills/KwH 

Mills/Kwh: 

Mills/Kwh 

Oil 

0.46 

0.25 

_ _ _ 

Nuclear 

0.40 

0.22 

0.15 

Nuclear FBR 

0.40 

0.22 

0.15 

Hydro 

0.40 

0.22 

- “ - 

C.5.4 ELECTRIC ENERGY TOTAL COST 

500 mW 

llOOmW 

2000 mW 

Type 

Mills/Kwh- 

Mills/Kwh 

Mills/Kwh • 

Oil 

5.25 

4.87 



Nuclear 

5.53 

4.31 

3.37 

Nuclear FBR 

5.59 

3.96 

2.81 

Hydro 

3.09 

2.77 

— 


C.5.5 ELECTRIC PLANT FUEL COSTS (Paragraph 4.9.5) 


500 mW 1 100 mW 2000 mW 


Type 

cents/MBtu 

Mills/Kwh 

cents/MBtu 

Mills/Kwhi 

cents/MBtu 

Mills/Kwh 

Oil 

35 

3.06 

35 

3.06 

35 



Nuclear 

16.1 

1.70 

14.0 

1.49 

12.4 

1.30 

FBR 

7.62 

0.80 

5.7 

0.60 

5.7 

0.60 

Hydro 

C.6 SYDNEY 

. 







Minemouth coal plants with transmission lines to serve the hydrocarbon processes and nuclear 
powered fast-breeder reactors at the LH 2 plant site to serve the electrolytic loads are the optimum 
low cost power systems available for Sydney. Although hydroelectric is the lowest cost power avail- 
able, the unreliability of this source eliminates it from consideration for Sydney. Additional cost of 
transmission would make it comparable to the choice selected as follows: 


Process 

mW Plant 
Size 

Plant Type 

Busbar 

Transmission 
Mills per Kwh 

Total 

Hydrocarbon 

1100 

Coal 

2.97 

0.15 

3.12 

Electrolytic 

2000 

FBR 

2.49 

0 

2.49 


A graphical presentation of power cost for the various plant types and sizes is shown in figure C-6. 
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SIZE OF UNIT- MEGAWATTS 

FIGURE C-6. RELATIONSHIP OF POWER COST TO PLANT SIZE (SYDNEY) 
















C.6. 1 ELECTRIC PLANT INVESTMENT (Paragraph 4.8) 



500 mW 

1100 mW 


2000 mW 

Type, 

$/Kw 

$/Kw 


$/Kw 

Nuclear 

215 

163 


120 

FBR 

275 

195 


130 

Coal 

134 

117 


— 

Hydro 

223 

211 


m " 

C.6.2 ELECTRIC 

PLANT FIXED COSTS (Paragraph 4.9) 




Fixed Charge 

500 mW 

1 100 mW 

2000 mW 

Type 

Rate %/Year 

Mills/Kwh 

Mills/Kwh 

Mills/KWh 

Nuclear 

11.25 

2.88 

2.18 

1.61 

FBR 

11.25 

3.68 

2.62 

1.74 

Coal 

11.0 

1.75 

1.53 

— 

Hydro 

8.5 

2.25 

2.13 

~ ** * 

C.6.3 ELECTRIC PLANT OPERATING AND MAINTENANCE COSTS (Paragraph 4.9.4) 


500 mW 

1 100 mW 


2000 mW 

Type 

Mills/Kwh 

Mills/Kwh 

- 

Mills/Kwh 

Nuclear 

0.40 

0.22 


0.15 

FBR 

0.40 

0.22 


0.15 

Coal 

0.49 

0.26 


— 

Hydro 

0.40 

0.22 


... 

C.6.4 ELECTRIC ENERGY TOTAL COST 





500 mW 

1 100 mW 


2000 mW 

Type 

Mills/Kwh 

Mills/Kwh 


Mills/Kwh 

Nuclear 

4.98 

3.89 


3.06 

FBR 

4.88 

3.44 


2.49 

Coal 

3.42 

2.97 


— 

Hydro 

2.65 

2.35 


— 
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C.6.5 ELECTRIC PLANT FUEL COSTS (Paragraph 4.9.5) 


Type 

500 mW 

cents/MBtu Mills/Kwh 

1100 mW 

cents/MBtu Mills/Kwh 

2000 mW 

cents/MBtu Mills/Kwh 

Nuclear 

16.1 

1.70 

14.0 

1.49 

12.4 1.30 

FBR 

7.62 

0.80 

5.7 

0.60 

5.7 0.60 

Coal 

13.5 

1.18 

13.5 

1.18 

13.5 

Hydro 

— 

— 

— 

— 

- - - - - - 


C.7 TOKYO 

Nuclear-powered fast-breeder reactors will provide the Tokyo LH 2 power requirements in 1 980. 
Due to the large electrolytic load requirement, a larger reactor has been used for this process. The 
relatively smaller power requirements for the hydrocarbon processes, in themselves, do not appear to 
warrant a power plant larger than 1 100 in this analysis. Results are summarized as follows: 


Process 

mW Plant Size 

Plant Type 

Busbar 

Hydrocarbon 

1100 

FBR 

3.07 

Electrolysis 

2000 

FBR 

2.23 


A graphical presentation of power cost for the various plant types and sizes is shown in figure 

C-7. 


C .7 . 1 ELECTRIC PLANT INVESTMENT (Paragraph 4.8) 


500 mW 


1100 mW 


2000 mW 


Type 

$/Kw 

$/Kw 

$/Kw 

Oil 

95 

86 

— 

Nuclear 

184 

140 

103 

FBR 

236 

168 

111 

C.7. 2 ELECTRIC PLANT FIXED COSTS (Paragraph 4.9) 



Fixed Charge 

500 mW 

1100 mW 

Type 

Rate %/Year 

Mills/Kwh 

Mills/Kwh 

Oil 

11.00 

1.25 

1.12 

Nuclear 

11.25 

2.46 

1.87 

FBR 

11.25 

3.16 

2.25 


2000 mW 
Mills/Kwh 


1.38 

1.48 
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FIGURE C-7. RELATIONSHIP OF POWER CX)ST TO PLANT SIZE (TOKYO) 










C.7.3 ELECTRIC PLANT OPERATING AND MAINTENANCE COSTS (Paragraph 4.9.4) 



500 mW 

1100 mW 

Type. 

Mills/Kwh- 

Mills/Kwh 

Oil 

0.46 

0.25 

Nuclear 

0.40 

0.22 

FBR 

0.40 

0.22 

C.7.4 

ELECTRIC ENERGY TOTAL COST 


500 mW 

1100 mW 

Type. 

Mills/Kwh 

Mills/Kwh 

Oil 

4.86 

4.52 

Nucleai 

4.56 

3.58 

FBR 

4.36 

3.07 

C.7.5 

ELECTRIC PLANT FUEL COSTS (Paragraph 4.9.5) 


500 mW 

1 100 mW 

Type 

cents/MBtu Mills/Kwh 

cents/MBtu Mills/Kwh 

Oil 

36.0 3.15 

36.0 3.15 

Nuclear 16.1 1.70 

14.0 1.49 

FBR 

7.62 .80 

5.7 .60 


2000 mW 

Mills/K^h 


0.15 

0.15 


2000 mW 

Mills/Kwh, 


2.83 

2.23 


2000 Mw 

cents/MBtu Mills/K^h 


12.4 1.30 

5.7 .60 


C.8 LOS ANGELES 

Nuclear-powered fast-breeder reactors will supply the lowest cost power for this LH 2 plant faci- 
lity. The plants are assumed to be located at the air terminal. Maximum size units are based on recent 
studies pertaining to reactor sizes. Results are summarized as follows. 

Process mW Plant 

Hydrocarbon 2000 

Electrolysis 3000 


Plant Type 

Busbar 

FBR 

2.55 

FBR 

2.41 


A graphical presentation of power cost for the various plant types and sizes is shown in figure 

C-8. 
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FIGURE C-8. RELATIONSHIP OF POWER COST TO PLANT SIZE (LOS ANGELES) 












C.8.1 ELECTRIC PLANT INVESTMENT (Paragraph 4.8) 



500 mW 

1100 mW 

2000 mW 

3000 mW 

Type 

S/Ktt 

$/Kw 

$/Kw. 

$/K.w 

Oil 

116 

105 

— 

— 

Nuclear 

225 

170 

127 

119 

FBR 

288 

206 

135 

127 

C.8.2 

ELECTRIC PLANT FIXED COSTS (paragraph 4.9) 



Fixed Charge 

500 mW 

1 1 00 mW 2000 mW 3000 mW 

Type 

Rate %/Year 

Mills/Kwh 

Mills/Kwh Mills/Kwh Mills/Kwh 

Oil 

11.0 

1.52 

1.37 

— — 

Nuclear 

11.25 

3.01 

2.29 

1.69 1.59 

FBR 

11.25 

3.85 

2.74 

1.80 1.70 

C.8.3 

ELECTRIC PLANT OPERATING AND MAINTENANCE COSTS (Paragraph 4.9.4) 


500 mW 

1 100 mW 

2000 mW 

3000 mW 

Type 

Mills/Kwh 

Mills/Kwh 

Mills/Kwh 

Mills/Kwh 

Oil 

0.46 

0.25 

— 

— 

Nuclear 0.40 

0.22 

0.15 

0.11 

FBR 

0.40 

0.22 

0.15 

0,11 

C.8.4 

ELECTRIC ENERGY TOTAL COST 




500 mW 

1 100 mW 

2000 mW 

3000 mW 

Type 

Mills/Kwh 

Mills/Kwh 

Mills/Kwh 

Mills/KWh_ 

Oil 

4.55 

4.19 

— 

— 

Nuclear 5.11 

4.00 

3.14 

3.00 

FBR 

5.05 

3.56 

2.55 

2.41 

C.8.5 

ELECTRIC PLANT FUEL COSTS (Paragraph 4.9.5) 



500 mW 

1100 mW 

2000 mW 

3000 mW 

Type 

cents/MBtu Mills/Kwh 

cents/MBtu Mills/Kwh 

cents/MBtu Mills/Kwh 

cents/MBtu Mills/Kwh 

Oil 

29.4 2.57 

29.4 2.57 





Nuclear 16.1 1.70 

14.0 1.49 

12.4 1.30 

12.4 1.30 

FBR 

7.62 0.80 

5.7 0.60 

5.7 0.60 

5.7 0.60 
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C.9 PARIS 


The Paris analysis is similar to that for Los Angeles. The results are presented as follows: 


Process 

mW Plant Size 

Plant Type 

Busbar 

Hydrocarbon 

2000 

FBR 

2.49 

Electrolysis 

3000 

FBR 

2.33 


A graphical presentation of power cost for the various plant types and sizes is shown in figure 

C-9. 


C.9. 1 ELECTRIC PLANT INVESTMENT (Paragraph 4.8) 



500 mW 

1 100 mW 

2000 mW 


3000 mW 

Type 

$/Kw 

$/ Kw 

$/K\v 


$/K* 

Oil 

110 

100 




Nuclear 

215 

163 

120 


114 

FBR 

275 

195 

130 


121 

C.9.2 ELECTRIC PLANT FIXED COSTS (Paragraph 4.9) 




Fixed Charge 

500 mW 

llOOmW 2000 mW 


3000 mW 

Type 

Rate WY ear 

Mills/Kwh 

Mills/Kwh . Mills/Kwh 

- 

Mills/Kwh. 

Oil 

11.0 

1.45 

1.31 


m m m 

Nuclear 

11.25 

2.88 

2.18 1.61 


1.52 

FBR 

11.25 

3.68 

2.62 1.74 


1.62 

C.9. 3 1 

ELECTRIC PLANT OPERATING AND MAINTENANCE COSTS (Paragraph 4.9.4) 


500 mW 

llOOmW 

2000 mW 

3000 mW 

Type 

Mills/Kwh 

Mills/Kwh 

Mills/Kwh 

Mills/Kwh 

Oil 

0.46 

0.25 



_ _ 

_ 

Nuclear 

0.40 

0.22 

0.15 

0.1 

1 

FBR 

0.40 

0.22 

0.15 

0.1 

1 
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FIGURE C-9. RELATIONSHIP OF POWER COST TO PLANT SIZE (PARIS) 













C.9.4 ELECTRIC ENERGY TOTAL COSTS 



500 mW 

HOOmW 

2000 mW 

3000 mW 

lYP.e 

Mills/Kwh 

Mills/Kwh. 

Mills/Kwh 

Mills/Kwh 

Oil 

5.53 

5.18 

- - - 

... 

Nuclear 

4.98 

3.89 

3.06 

2.93 

FBR 

4.88 

3.44 

2.49 

2.33 

C.9.5 ELECTRIC PLANT FUEL COSTS (Paragraph 

4.9.5) 



500 mW 

1100 

mW 

2000 mW 

Type 

cents/MBtu Mills/Kwh 

cents/MBtu Mills/KWh 

cents/MBtu Mills/Kwh. 

Oil 

41.4 3.62 

41.4 

3.62 

... ... 

Nuclear 

16.1 1.70 

14.0 

1.49 

12.4 1.30 

FBR 

7.62 0.80 

5.7 

0.60 

5.7 0.60 

C.10 NEW YORK 




The New York City analysis is 

similar to that for Los Angeles. The results are presented as fol- 

lows: 





Process mW Plant Size 

Plant Type Busbar 


Hydrocarbon 2000 

FBR 

2.88 


Electrolysis 3000 

FBR 

2.72 


A graphical presentation of power cost for the various plant types and sizes is shown in figure 

C-10. 





C.10.1 

ELECTRIC PLANT INVESTMENT (Paragraph 4.8) 



500 mW 

1 100 mW 

2000 mW 

3000 mW 

Type 

$/Kw 

$/Kw 

$/Kw 

$/Kw 

Oil 

138 

124 



Nuclear 

266 

202 

149 

141 

FBR 

342 

243 

160 

150 

Coal 

166 

145 

— 

— 
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SIZE OF UNIT- MEGAWATTS 

FIGURE C-10. RELATIONSHIP OF POWER COST TO PLANT SIZE (NEW YORK) 


C. 1 0.2 ELECTRIC PLANT FIXED COSTS (Paragraph 4.9) 



Fixed Charge 

500 mW 

1 1 00 mw 2000 mW 3000 mW 

Type 

Rate %/Year 

MiUs/Kwb. 

Mills/Kwh. Mills/KWh; Mills/KWh- 

Oil 

11.0 

1.85 

1.66 



Nuclear 

11.25 

3.56 

2.71 

2.00 1.87 

FBR 

11.25 

4.56 

3.24 

2.13 2.01 

Coal 

11.0 

2.22 

1.94 

" * • - - - 

C.10.3 

ELECTRIC PLANT OPERATING AND MAINTENANCE COSTS (Paragraph 4.9.4) 


500 mW 

1100 mw 

2000 mw 

3000 mw 

Type 

Mills/Kwh 

Mills/KWh 

Mills/Kwh 

Mills/Kwh. 

Oil 

0.46 

0.25 

— 

— 

Nuclear 

0.40 

0.22 

0.15 

0.11 

FBR 

0.40 

0.22 

0.15 

0.11 

Coal 

0.49 

0.27 

— 



C.10.4 

ELECTRIC ENERGY TOTAL COST 




500 mW 

1100 mW 

2000 mW 

3000 mW 

Type 

Mills/Kwh. 

Mills/Kwh 

Mills/Kwh 

Mills/Kwh 

Oil 

5.20 

4.80 

— 

- - - 

Nuclear 

5.66 

4.39 

3.45 

3.28 

FBR 

5.75 

4.06 

2.88 

2.72 

Coal 

5.51 

5.01 

- - - 

“ “ ™ 

C.10.5 

ELECTRIC PLANT FUEL COSTS (Paragraph 4.9.5) 



500 mW 

1 100 mW 

2000 mW 

3000 mW 

Type 

cents/MBtu Mills/Kwh. 

cents/MBtu Mills/Kwh 

cents/MBtu Mills/Kwh 

cents/MBtu Mills/Kwh 

Oil 

33 2.89 

33 2.89 

33 



Nuclear 

16.1 1.70 

14.0 1.49 

12.4 1.30 

12.4 1.30 

FBR 

7.62 0.80 

5.7 0.60 

5.7 0.60 

5.7 0.60 

Coal 

32 2.80 

32 2.80 

32 

— — 


C25 



Appendix D 

DETAILED FACILITY DESCRIPTION CALCULATIONS 
FOR BANGKOK AND NEW YORK CITY 

D.l BANGKOK 

D. 1 . 1 FACILITY DESCRIPTION CALCULATIONS 

The following paragraphs relate information for the Bangkok facility description calculations. 


D.l. 1.1 Distribution 

Vacuum insulated pipe lines will be used. Pipe line of 18” IPS nominal size, for 2 miles long is 
considered. This provides the capability of loading one aircraft at a time. The net product to be de- 
livered is 200T/D. A loss of 7 percent is anticipated in this type of transfer system as refere nced in 
paragraph 3. 5. 4.1.3. Thus, the product transferred into the distribution system must be 200 T/D/0.93, 
or 215 T/D. This product required for distribution is the new product required from the storage system. 


D.l. 1.2 Storage 

Evacuated, perlite, insulated, double wall tanks will be used. The capacity of the two tanks is 
dependent upon the reliability of the production system (i.e., the gas production and gas liquefaction 
systems). Sufficient reserve must be maintained to backup the outages of these systems. Single mod- 
ules will be employed for the gas and purification plant and the liquefaction conversion plant. The gas 
plant module will have an on-stream factor of 93 percent, as referenced in paragraph 5.2.1. The on- 
stream factor for the liquefaction unit is 97 percent, as referenced in paragraph 5.2.2. Minimum stor- 
age capacity backup is equivalent to the maximum duration of outage for the normal gas plant pro- 
duction (10 days). Since the modular size of the gas plant is taken as 250 tons, the primary storage 
requirement is then 2500 tons. 

In accord with the detail information referenced in paragraph 5.2.3, additional amount of opera- 
tional flywheel storage must be provided. This additional amount, equivalent to one day’s nominal 
draw, is 21 5 tons; an oversize factor of 5 percent must be applied to the storage capacity. Thus, the 
required storage capacity (V) is calculated as: 

V = (2500 + 215) T x 1.05, 

= 2851 T 

For the facility, two tanks of 1400 T nominal storage capacity will be used. 

In order to define the net production from the liquefaction unit to storage, the heat leak and the 
ortho-para conversion storage losses must be added to the production required for input to the 
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distribution system. Using the storage tank sizes as a base, the storage and conversion losses can be 
projected. Examining the heat leak data as referenced in paragraph 3.4. 1.4, the anticipated storage 
losses for a 1400 T storage unit are 0.019 percent/day. This yields a heat leak storage loss then, of 
0.5 T/D for the tanks. The conversion loss is taken as 1.25 percent of the product delivered to the 
storage system as referenced in paragraph 5.2.3. This product delivered (P) is calculated as. 

P = 215 T/D + 0.5 T/D + (0.0125) (P), 

(0.9875) (P), = 215.5 T/D, 

P = 218 T/D 


This calculated value of 218 T/D represents the average daily production of liquid by the lique- 
faction plant. 


D. 1.1.3 Liquefaction and Conversion 

Production capability of the liquefaction unit must be that the average daily production is main- 
tained when plant outage is considered. For example, the single liquefaction unit will have an on 
stream factor of 97 percent. Thus, a production capability of at least 218 T/Dx0.97 or 225 T/D mu 
be attainable. However, the required production capability is also influenced by the reliability ot the 
gas plant which supplies the feedstock to the liquefier. In this case the gas module has an on stream 
factor of 93 percent. Thus, a production capability of at least 218 T/D/0.93, or 234 T/D is required. 
The capability of 234 T/D effectively provides for plant outage assuming the 3 percent outage ot t e 
liquefier occurs during the 7 percent outage of the gas plant. The “worst case would be that of ^as- 
suming the respective outages were not concurrent, but additive. This would result in the production 
outage being 10 percent or (7% + 3%), with the required production outage being 10 percent or (7% 

+ 3%), with the required production capability of the liquefier 218 T/D x 0.90, or 242 1/D. 

A nominal liquefaction unit size of 235 T/D has been selected for Bangkok. Average daily pro- 
duction from the liquefier unit was calculated to be 218 T/D. Gas plant production to support is 
liquefaction rate must allow for losses within the liquefaction equipment. To account for the losses, 

4 percent “overproduction” is necessary from the gas equipment Referenced in paragraph .. . 
Thus, the average daily production from the gas plant calculates to 218 T/D x 1.04 or 227 T/D Gas 
production at the average daily production rate of 227 T/D, is sufficient to support the overal aci y 

delivery schedule. 

Considering the gas plant on-stream factor of 93 percent, the required production capability cal- 
culates to 227 T/D/0.93, or 244 T/D. A single unit of 250 T/D nominal size has been selected or 
Bangkok. 


D. 1.1.4 Bangkok Summary 

These calculations constitute a consistent set of data describing the Bangkok liquid hydrogen fa- 
cility. Pertinent information is summarized as follows: 
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(1) Distribution 

Two miles long of one 18-inch IPS vacuum insulated pipeline. 

(2) Storage 

Two evacuated perlite double wall tanks, 1400 T each. 

(3) Liquefaction and Conversion 

Nominal Plant Size 235 T/D - Average Daily Production 218 T/D 

(4) Gas Production and Purification 

Nominal Plant Size 250 T/D - Average Daily Production 227 T/D 


D.2 NEW YORK CITY 

D.2. 1 FACILITY DESCRIPTION CALCULATIONS 

The following paragraphs relate information for the New York City facility description calcula- 
tions. 


D.2. 1.1 Distribution 

Vacuum insulated pipe lines will be used. Two 24” IPS nominal size, 2 miles long, of pipelines 
are considered. These provide the capability of loading four aircraft simultaneously. The net product 
to be delivered to the aircraft manifolds is 2500 T/D. A loss of 7 percent is anticipated in the use of 
this type of transfer system as referenced in paragraph 3.5.4. 1 .3. Thus, the product transferred into 
the distribution system must be 2500 T/D/0.93, or 2688 T/D. This product required for distribution, 
in turn, is the product required from the storage system. 


D.2. 1.2 Storage 

Two sets of storage calculations for this location have been made to satisfy actual requirements. 
This is accomphshed in order to reach a suitable facility design to meet the production needs for this 
location. 


D.2. 1 .2.1 Calculation 1 - Evacuated, perlite insulated, double wall tanks will be used. The capacity 
of the tanks (two tanks) is dependent upon reliability of the production systems (i.e., the gas produc- 
ing plant and the liquefaction plant ). Sufficient reserve must be maintained to backup the outages 
of these production subsystems. 

It is estimated that 11 or 12 modular gas plant units will be used, each having an on-stream factor 
or 93 percent, as referenced in paragraph 5.2.1. Assuming a 12 unit modular plant and a 7 percent 
down-time per unit it can be seen that 84 percent of the time 1 1 out of the 12 units will be operating 
and 1 6 percent of the time all 12 units would be operating. It is, therefore, possible that the eleven 
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unit production would be sufficient to provide the overall facility related gas production. As a mini- 
mum, the product storage backup required is for situation when one of the 250 T/D gas units goes 
down for the expected maximum duration as referenced in paragraph 5.2.2. Storage back up for the 
gas plant would be nominally 2500 tons. 

Considering the liquefaction plant, it is possible that 3 modular units will be used, each having 
a nominal capacity of 1000 T/D and an on-stream factor of 97 percent, as referenced in paragraph 
5.2.1. Assuming, therefore, 3 modular units and a 3 percent down-time per unit, it can be seen that 
1 of the 3 units will be off-stream 9 percent of the time or the 3 units will be on-stream 9 1 percent. 
The overall facility operation could not proceed normally with only 2 of the 3 liquefaction units op- 
erating. Thus, the storage capacity must be such that backup is provided from this type of outage. 

The maximum duration of such an outage is as referenced in paragraph 5.2.2. Storage capacity, re- 
quired for the liquefaction plant outage must then have a minimum backup capacity of 7000 tons. 

Since the storage capacity required for the liquefaction plant outage will also satisfy the capacity 
of gas plant outage, the 7000 ton storage capacity becomes the governing factor. In addition to the 
7000 ton required for plant outages, an operating flywheel equivalent to one day’s nominal draw must 
be provided, as referenced in paragraph 5.2.3. Thus, an additional storage of 2688 T must be incor- 
porated. Further, a contingent storage of 5 percent must also be provided, as referenced in paragraph 
5.1.4. Thus, the required storage capacity (V) is calculated as: 

V = (7000 + 2688) T x 1.05, 

= 10,172 T. 

For the facility, two tanks of 5000 T nominal storage capacity will be used. If the assumptions 
related to the gas and liquefaction plants prove in error, a revised storage system will be required. 

In order to define the production required from the liquefaction plant, the heat leak and ortho- 
para conversion storage losses must be added to the production required for distribution. Using the 
above storage size as a base, the storage and conversion losses can be projected. Extrapolating the 
heat leak data as referenced in paragraph 3.4. 1.4, the anticipated storage loss for a 5000 T unit is 
0.014 percent per day. This yields a heat leak storage loss of 1.4 T/D. The conversion loss is tak&n 
as 1.25 percent of the product delivered to the storage system as referenced in paragraph 5.2.3. This 
product delivered to storage (P) is calculated as: 

P = 2688 T/D + 1.4 T/D + (0.0125) (P), 

(0.9875) (P), = 2689.44 T/D 

P = 2723 T/D 


This calculated value of 2723 T/D represents the average daily production of liquid by the lique- 
faction plant. 


D 2 1 2.2 Calculation 2 - Following the development of calculation 1, the minimum storage back up 
capacity is 7 x 935/T, or 6545/T. Counting an additional day’s equivalent draw (2688/T) and 5 percent 
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oversize, the required storage capacity (V) is calculated as: 

V = (6545 T + 2688 T) x 1.05 
= 9695 T 

For the facility two tanks of 4800 T nominal storage will be used. Anticipated heat leak storage 
loss for the tanks is 0.014 percent per day, or 1.3 T/D. Accounting for conversion loss, the product 
delivered to storage (P) is calculated as: 

P = 2688 T/D + 1.3 T/D + 0.0125 (P), 

P = 2723 T/D 


D.2.1.3 Liquefaction and Conversion 

Two sets of liquefaction and conversion calculations have been made to satisfy the actual require- 
ments, and in order to justify the storage calculations. 

D.2. 1.3.1 Calculation 1 - The on-stream factor for the liquefaction equipment is 97 percent per 

module. Storage sizing for the liquefaction plant operation can be based up on each u nit operating 
at 97 percent of the time, or the liquefaction facility has a composite on-stream factor of 97 percent. 
The liquefaction plant size, then, is calculated as 2723 T/D/0.97, or 280 T/D. 

Three units of nominal 935 T/D size would satisfy the requirements. However, it should be no- 
ted that estimates (storage sizing) used in other calculations were based upon 1000 T/D modular sizes. 
A second set of data must be developed based upon the smaller sized units. 


D.2. 1.3.2 Calculation 2 - Production required from the liquefaction equipment is essentially the 
same as determined in calculation 1 . The choice of three nominal 935 T/D size units thus remains 
consistent. 


D.2.1.4 Gas Production and Purification 

Average daily production from the liquefier unit is 2723 T/D. Production by the gas unit must 
allow for the 4 percent loss of feedstock in the liquefier. Daily average gas production then is 2723 
T/D x 1 04 or 2832 T/D. However, the liquefier equipment, operating with a 97 percent on-stream _ 
factor, will require gas production at the rate of 2832 T/D70.97, or 2920 T/D. The gas equipment 
then must have a capability of daily production at the rate of 2920 T/D for 97 percent of the time. 

To satisfy the production requirements, thirteen gas plant modules of 250 T/D nominal size 
will be utilized. Each of the units will have a 93 percent on-stream factor. With this number of units, 
production capability would be nominally 3000 T/D for 91 percent of the time, and 3250 T/D for the 
remaining 9 percent of the time. -In this manner sufficient gas production capability is mamtamed 
for the liquefaction equipment supply. 
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D.2.1.5 New York City Summary 

These calculations constitute a consistent set of data describing the New York City liquid hydro- 
gen facility. Pertinent information is summarized as follows: 

( 1 ) Distribution 

Two miles long of vacuum insulated pipeline; two 29-inch IPS 

(2) Storage 

Two evacuated perlite double wall tanks, 4800 T each. 

(3) Liquefaction and Conversion 

Nominal plant size 2805 T/D 
Average daily production 2723 T/D 

(4) Gas Production and Purification 

Nominal Plant Size 3000 T/D 
Average Daily Production 2832 T/D 
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APPENDIX E 

CALCULATIONS FOR VARIOUS LOCATIONS 
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